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Modeling of biomass gasification in bubbling and circulating fluidized bed (FB) gasifiers is reviewed. 
Approaches applied for reactor modeling, from black-box models to computational fluid-dynamic 
models, are described. Special attention is paid to comprehensive fluidization models, where semi- 
empirical correlations are used to simplify the fluid-dynamics. The conversion of single fuel particles, 
char, and gas is examined in detail. The most relevant phenomena to be considered in modeling of FB 
biomass gasifiers are outlined, and the need for further investigation is identified. An updated survey of 
published mathematical reactor models for biomass and waste gasification in FB is presented. The overall 
conclusion is that most of the FB biomass gasification models fit reasonably well experiments selected for 
validation, despite the various formulations and input data. However, there are few measurements 
available for comparison with detailed model results. Also, validation of models with data from full-scale 
FB biomass gasification units remains to be done. 
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1. Introduction 

Gasification is an important route for conversion of wastes and 
biomass materials to useful gaseous products: fuel gas for direct 
firing in thermal applications, such as kilns and boilers, co-firing 
in existing coal-fired boilers, gas for engines, turbines and fuel 
cells generating electricity, as well as raw gas for production of 
fuels or chemicals [1]. Gasification of biomass and waste in 
fluidized bed offers advantages, since fluidized beds are capable of 
being scaled up to medium and large scale, overcoming limita¬ 
tions found in smaller scale, fixed-bed designs [2]. On the other 
hand, the bed temperature is limited in order to avoid bed 
agglomeration and the gasification efficiency of a fluidized bed 
(FB) may be limited if part of the fuel energy remains in uncon¬ 
verted char. Also, if the temperature is not high enough in the 
gasifier, the tar in the product gas can make the process unsuitable 
from a technical and economical point of view [3]. 

Models can be helpful for gasifier design, for prediction of 
operation behavior and emissions during normal conditions, start¬ 
up, shutdown, change of fuel and load, and to alleviate the type of 
problems mentioned above. The modeling may be undertaken with 
different aims: the field of interest ranges from preliminary design 
of an industrial process to complex simulation of a unit. Experi¬ 
ments, especially at large scale, are often expensive and compli¬ 
cated; modeling can save time and money, and it can support 


preparation and optimization of experiments to be undertaken in 
a real system. The tools available for modeling of FB gasifier (FBG) 
reactors are the more or less simplified equations for conservation 
of mass, energy and momentum, complemented by boundary 
conditions, constitutive relationships, and terms expressing the 
sources and sinks of the system. To determine the latter, rate laws 
for the conversion processes are needed, chemical as well as 
physical. Thermodynamic data are useful for estimation of prop¬ 
erties and thermal data as well as reaction products by equilibrium 
assumptions. 

1.1. Existing surveys 

There is a great amount of reviews on modeling of thermo¬ 
chemical fuel conversion. Most of this literature is focused on the 
behavior of particles: pyrolysis, combustion and gasification of coal 
[4-14] and specifically on biomass [15-17]. In contrast, only a few 
reviews have been devoted to survey gasification in FB on the 
reactor level and not many deal with biomass gasification in FB 
[24-29]. Most available reviews of this type are oriented towards 
coal combustion in fixed and/or fluidized beds [4,18-24] and coal 
gasification in FB [24-28]. 

There are many similarities between modeling of combustion 
and gasification in FB, for instance, in fluid-dynamics, devolatili¬ 
zation, oxidation of volatiles, and in char conversion and 
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Notations 

A pre-exponential factor, units see tables; area, m 2 

A m area per unit of mass, m 2 /kg 
<2b area to volume ratio in a bubble, m -1 

a decay constant, clustering-flow, nrr 1 ; ash content of 

fuel, kg ashes/kg fuel fed; coefficients 
Ar Archimedes number, - 

b geometry coefficient: 0 for flat plate, 1 for cylinder, 2 

for sphere; combustible content of fuel, kg 
combustibles/kg fuel fed 

Bi m Biot modulus for mass transport, Bi — h m RID e ff, - 
Bi h Biot modulus for heat transport, Bi = hR/A e ff, - 
c concentration, kmol/m 3 

c p specific heat, kj/(kg I<) 

C dimensionless concentration, - 

D diffusion or dispersion coefficient, m 2 /s 

D t diameter of the bottom bed, m 

db bubble size, m 

d p solid particle size, m 

Da Damkohler number (see Table 6 for definitions), - 
Dr drying number, - 

Pe Peclet number Pe = ReSc, - 

Ea/py activation energy, activation energy of pyrolysis, kj/ 
kmol 

E oo Elutriation rate (elutriation flux above the transport 

disengaging height), kg/(m 2 s) 

F mass flow rate, kg/s 

F()J0 functions 

/ dimensionless factor in Table 2, -; mass exchange term, 

kg/(m 3 s) 

/bex bed expansion factor, - 

g acceleration of gravity, m/s 2 

go stoichiometric flue gas from complete combustion, 

kg gas/kg combustibles 
G mass flux, kg/(m 2 s) 

H riser height, m; specific enthalpy, kj/kg 

H x height of the bottom zone, m 
H u lower heating value kj/kg 

h vertical coordinate, m; heat transfer coefficient, 

kW/m 2 I<; specific enthalpy, kj/kg 
h m solid-to-gas mass transfer coefficient, m/s 

hb-e bubble to emulsion heat transfer coefficient, 
kW/(m 2 K) 

/<b- e bubble to emulsion mass transfer coefficient, s -1 
k b back-flow ratio, -; transfer coefficient, - 

kf fragmentation constant, s _1 

k kinetic coefficient, various units 

I< decay constant in transport zone, itt 1 ; reaction 

coefficient, Table 10; permeability m 2 ; 

/<a tt attrition constant, - 

L e equivalent length, m 

C 0 stoichiometric oxygen demand, kg oxygen/kg 

combustibles 

m mass, kg; class of particle, - 

MM molecular mass, kg/kmol 

n number, -; order of reaction, - 

Nu Nusselt number, Nu = /ix 0 /A g , - 
N t number of holes in distributor 

p pressure, Pa ; distribution function 

P fragmentation probability, - 

Pr Prandtl number, Pr = ii g /p g a g , - 

q heat rate, kW/m 3 


Qioss heat loss rate, kW 

R Radius, m; gas constant, 8315 J/(kmol I<) = 8.315 kj/ 

(kmol K) = 8.315 x 1(T 3 kJ/(mol K) 

Rj i rate of reaction of species i in reaction j, 
kmol/(m 3 s) 

ftpy/hi/he/dry rate of pyrolysis, internal heating, external heating 
and drying, s -1 

91 reaction rate for a size class m,l, kg/s 

r rate of reaction, kg/(m 3 s) 

r m /A/v char reactivity per unit of mass (s -1 ), surface (kg/(m 2 

s)) or volume (kg/(m 3 s)) 

r gg> i net rate of production of i in gas-gas reactions per unit 
of gas volume, kg/(m 3 s) 

fg S ,m,i net rate of production of i in gas-solid reactions per 
unit of k-solid volume, kg/(m 3 s) 
r m>p char reactivity per unit of mass of a single particle, s -1 

r m ,e/s char reactivity per unit of mass of a single particle 

evaluated at emulsion/surface, s _1 
r m ,eo initial char reactivity per unit of mass of a single 
particle evaluated at emulsion, s -1 
Re Reynolds number, u g x 0 p g liJL g , - 

Rep,mf/t particle Reynolds number at mf or terminal velocity, 

Wmf/t dpP g lp, g , - 

Sc Schmidt number, Sc = p g /p g D g , - 

5 source of a transported property per unit of volume, 
unit of transported property/(m 3 s) 

Sh Sherwood number of species i, Sh = h m x 0 /D gi , - 
T temperature, K 

t time, s 

U dimensionless velocity, - 

D w overall bed to surroundings heat transfer coefficient, 
W/(m 2 K) 

u , u velocity, m/s 

w moisture content of fuel, kg moisture/kg fuel fed 

V volume, m 3 

x 0 characteristic length, m 

x mass fraction, kg/kg 

Xp y degree of pyrolysis conversion, kg/kg 
X dimensionless size, -; mass concentration, -; local 

conversion, - 

Y volume concentration, - 
Greek letter 

a thermal diffusivity, m 2 /s; coefficient, - 

r mA rate of attrition of particle m from at level /, kg/s 

Au velocity difference, m/s 

<5 coefficient, - 

e volume concentration or porosity, m 3 /m 3 

£ distribution coefficient,- 

ri efficiency, -; effectiveness factor, - 

6 dimensionless temperature;- 

0 conversion function, - 

A gravimetric stoichiometric coefficient, - 

X thermal conductivity, kW/(mI<); air ratio, amount of air 

burned/stoichiometric air;— 

v stoichiometric coefficient,-; dynamic viscosity, kg 

(s m) -1 ; coefficients in Table 7; 

Vij stoichiometric coefficient of i species in reaction j 

? part of fuel, kg fuel/kg fuel converted 

p mass concentration or density, kg nrr 3 

(7 m volume fraction occupied by solids m, m 3 /m 3 ; factor, - 
t time, s 

^Rf/ch residence time of the fuel/char in the reactor, s 
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0 particle sphericity, - 

(p transported property; gas produced by gasification of 

char, kg gas/kg char; shrinkage factor, - 
W factor accounting for particle-particle interaction, -; 

coefficient Eq. (104), -; parameter in Table 9, - 
Cl factor, - 

Subscripts 

A related to surface 

a active 

av average 

B bottom zone, bed (bottom bed) 

b bubble, back-flow, burned 

bex bed expansion 

b-e bubble-emulsion 

br rising bubble 

b-w bed-wall 

c-w core-wall 

c core, carbon (char) 

ch char 

dev devolatilization 

e emulsion, external, equivalent 

ev evaporation 

eff effective 

ent entrainment 

ext external 

exp experimental 

fs feed stream 

F freeboard 

f fuel 

g gas 

g-g gas-gas 

g-s gas-solid 

h horizontal, radial, thermal 

H horizontal 

he external heating 

hi internal heating 

in inlet, entering the system, inert 

i species, internal 

j counter 

k phase 

int intrinsic 

1 particle size level of a particle size distribution 

lg light gases 

m type of solid, mass transfer 


mf minimum fluidization 

ng net (gas) flow 

0 reference value, initial, at the top of the riser (h = H 0 ), 

superficial 

out outlet, leaving the system 

rec recycling stream 

p solid particle 

py pyrolysis, volatiles 

r reaction 

s solid, surface 

sep separator 

sp species 

SRMR steam reforming of methane 

v vertical, visible (applied to velocity and flow), volume 

V vertical 

t terminal (applied to velocity), tar 

T total 

th throughflow 

u unburned 

w wall, water (moisture) 

X m limiting moisture content 

x at bed surface (height of bottom zone) 

oo above the transport disengaging heigth, at bulk 

conditions 

Abbreviations 

Abbreviations related to specific aspects are found in Tables 1 
and 9, and in Fig. 18, and are not repeated here.) 


BBM 

black-box model 

BFB 

bubbling fluidized bed 

BFBG 

bubbling fluidized bed gasifier 

CFB 

circulating fluidized bed 

CFBG 

circulating fluidized bed gasifier 

CFDM 

computational fluid-dynamic model 

FB 

fluidized bed 

FBG 

fluidized bed gasifier/gasification 

FBBG 

fluidized bed biomass gasifier 

FM 

fluidization model 

ID 

inner diameter 

HM 

Hamel’s model 

SSM 

Souza-Santos model 

TGA 

thermo-gravimetric analyzer 

WGSR 

water-gas shift reaction 


comminution processes. With caution, therefore, most of the 
modeling elements from FB combustor models can be utilized in 
models of FB biomass gasification (FBBG). There are differences, 
though, such as in the mode of conversion of the char particles and 
in the amount of heat transferred to surfaces. 

Despite the different physical and chemical properties of 
biomass and coal, there are no conceptual differences between the 
fuels with respect to model structure and mathematical description 
of the process [25]. However, once the model structure is set, there 
are a number of processes and parameter values that have to be 
obtained for the specific fuel: composition of volatiles, fuel reac¬ 
tivity and others. Essentially, biomass fuels have a higher portion of 
oxygen and volatiles (and sometimes, water), and the nature of the 
ash differs substantially from that of coal. The ash may have 
a strong impact on the operation of an FB gasifier, because 
agglomeration and sintering of bed material have to be avoided. In 
conclusion, the elements of the mathematical description of coal 
gasification in FB are transferable, with some caution, to biomass. 


Different types of model can be developed, from complex non- 
isothermal, three-dimensional models, taking the fluid dynamics 
and thermal behavior of the FB into account, to simpler black-box 
or zero-dimension models, where mass and heat balances are 
made over the entire gasifier to predict gas composition. In some 
cases, especially when detailed information is required, the solu¬ 
tion of a model is carried out by computational fluid-dynamics 
(CFD) techniques. The choice of a model depends on the objectives 
and the experimental information available. Advanced models are, 
in principle, more useful, since the information obtained from 
them is wider. However, this is only true if reasonable and realistic 
input data are available. Otherwise, simpler models could be 
appropriate for application if one is aware of their limitations. In 
some cases, black-box models with some empirical constraints are 
enough for preliminary predictions. Models of this type are, for 
example, those based on equilibrium relationships complemented 
by experimental correlations: the so-called pseudo-equilibrium 
models [30]. 
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1.2. Types of gasifier 

There are three types of gasifier: fixed or moving bed, fluidized 
bed, and entrained flow. Among these designs there are variations, 
such as spouted bed, draught tube, internally circulating fluidized 
bed gasifier, etc. 

The fixed-bed designs are basically updraft (countercurrent) or 
down-draft (cocurrent). In updraft gasifiers, the fuel bed moves 
downwards and the gasification agent flows from the bottom 
upwards (updraft). As the gas leaves the reactor near the pyrolysis 
zone, the gas generated in updraft gasifiers has a high content of 
organic components (tar). The solid carbon in the fuel is almost 
completely converted into gas and tar. Updraft gasifiers can be used 
for wet fuels and are relatively insensitive to the fuel size. On the 
other hand, in cocurrent gasifiers, the fuel and gasification agent 
flow in the same direction and the gas leaves the reactor near the 
hottest zone, which makes the tar concentration much lower than 
in updraft gasifiers. The maximum size of these units is limited to 
a few MW fuel power because of the problem of maintaining 
a regular conversion front in a wide fixed bed. 

Fluidized bed gasifiers have a number of advantages over fixed 
beds, especially with regard to mixing, reaction rates, and the possi¬ 
bility of being built in sizes far above those of fixed-bed gasifiers. The 
two types, bubbling (BFBG) and circulating (CFBG), differ in the sense 
that the latter type is always built with recirculation of particles. 
Recycling of fines leads to a greater efficiency of carbon conversion by 
increasing the residence time of particles. It is a generic solution that 
can be applied even if the bed is called a bubbling bed gasifier, as 
demonstrated, for example, by the high temperature Winkler process 
for lignite gasification [31 ]. Fig. 1 shows the main characteristics of the 
two types of FBG that will be analyzed in this work. CFBG is taller and 
provided with a continuous solids recycling system for re-injection of 
particles into the bed (particle separator, return leg and seal). CFBG 
operates with higher superficial velocities, typically in the range of 2- 
5 m/s, whereas the velocity in the BFBG is only 0.5-2 m/s, maintaining 
the ratio of fuel-to-fluidization gas. Therefore, for the same cross- 
section, the gasifier is fed with higher fuel flow rate in a CFBG than in 
a BFBG. The entrainment of material from the bottom bed and the 
recycling in CFBG increase the solids flow as well as the gas-solids 
contact time in the freeboard. 


For large-scale systems (>400 MW t h), the entrained-flow 
gasifier with liquid ash removal is an attractive alternative. This is 
because the high temperature employed allows production of a gas 
that is almost free from tar with nearly complete carbon conver¬ 
sion, thus removing the two main drawbacks of FBG systems [32]. 
In addition, the usually lower melting point of biomass ash makes 
slagging operation possible at lower temperature, keeping the 
oxidant demand low compared to entrained-flow gasification of 
coal. Flowever, there are a few drawbacks associated with pro¬ 
cessing of biomass in this application: the difficulties of economical 
particle size reduction of some biomasses and the corrosion of the 
reactor lining caused by the aggressive nature of molten slag from 
biomass. Furthermore, there are inherent limitations in size of 
equipment caused by restrictions in the quantities of biomass that 
can be delivered to a plant [33]. These reasons have prevented the 
introduction of entrained-flow gasification for biomass up to date. 
As a result, it seems that in the short term, most processes for 
biomass and waste gasification at medium and large scale will use 
FB designs [33]. 

The gasification concepts can be grouped into two approaches, 
depending on the way the heat for gasification is provided to the 
gasifier: autothermal and allothermal gasification. In autothermal 
or direct gasification, the heat is released by partial oxidation of the 
fuel in the gasifier itself. The partial oxidation can be carried out 
using air or oxygen. Steam can also be added to these oxidants. Air 
gasification produces a low heating value gas (4-7 MJ/Nm 3 ) suit¬ 
able for nearby boiler, engine or turbine operation. Oxygen gasifi¬ 
cation produces a medium heating value gas (10-18 MJ/Nm 3 ) 
suitable for pipeline distribution and as a basis for synthesis of 
liquid biofuels. Allothermal or indirect gasification uses steam as 
gasification agent and obtains the heat necessary for gasification 
from a source outside of gasifier itself. This concept allows gener¬ 
ating gas of medium heating value (14-18 MJ/Nm 3 ), rich in 
hydrogen, without the need for oxygen. 

There are two concepts of indirect gasification, depending on 
whether heat is supplied from internal or external sources. Fig. 2a 
shows a scheme that illustrates three ways of supplying heat to the 
gasifier in indirect gasification: by external heat or by internal 
recirculation of gas and char. In external indirect gasification, the 
heat is delivered from an external source like in plasma or solar 


a 


Fuel gas 




Fig. 1 . The two types of FBG: (a) Bubbling FBG; (b) Circulating FBG. 
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gasification. In indirect internal gasifiers, the energy originates from 
the process itself. Indirect internal gasifiers are grouped as char- 
indirect gasifiers and gas-indirect gasifiers, depending on the type of 
internal energy source: char or gas, as indicated by the recirculation 
streams in Fig. 2a. A char-indirect gasifier (Fig. 2b) consists of two 
separate reactors: an FB steam devolatilizer that produces the 
product gas and an FB combustor that burns the residual char to 
provide heat for the drying and devolatilization. Bed material is 
circulated between the two reactors to transfer heat to the gasifi¬ 
cation. In a gas-indirect gasifier the heat is provided by recirculation 
of a fraction of the combustible gas. The hot combustion products are 
led through heat transfer tubes in the bed of the gasifier. External 
indirect gasification has not been commercially interesting, probably 
due to the economic limitations and technical problems related to 
erosion of the heat-transfer tubes. In contrast, indirect internal char 
gasifiers are currently offered commercially [34,35]. They have 
proven good performance and scalability, producing a gas of up to 
18 MJ/Nm 3 with high proportion of hydrogen. Internal recirculation 
of gas is sometimes made in gasifiers (whether direct or indirect), to 
maintain the bed temperature when the fuel moisture is high. 
Flowever, it seems not to be feasible to recirculate gas to maintain the 
overall process autothermal. 

1.3. Conversion processes 

A gasifying biomass particle undergoes a series of conversion 
processes: initially drying and devolatilization, subsequently 
oxidation of volatiles and char, and finally, char gasification by 
carbon dioxide and steam. Fuel particles are affected by shrinkage 
and primary fragmentation, occurring immediately after injection 
of the fuel particles into the bed as a consequence of thermal 
stresses and internal pressures caused by the release of volatiles. 
Secondary and percolative fragmentation and attrition of char 
particles take place together with char conversion. The movements 
in the bed distribute the char and the devolatilizing fuel particles 
throughout the bed, establishing a gas environment where these 
solids are converted. Fig. 3 presents a description of the processes 
occurring in an FBBG. 

There are, at least, two levels of description in the analysis of fuel 
conversion in an FB: the particle and the reactor levels. Fig. 3 
presents schematically the processes, further treated below, that 
should be included in the mathematical description, identifying the 
level of observation at which each process occurs: the bed level 

a 

Air 



Biomass Steam 


with its bubble and emulsion phases, the particle level with release 
of gases and gasification of char, and, finally, the gas phase reactions 
where the water-gas shift reaction plays an important role. Some 
processes strongly interact between one level and another. For 
instance, the heat and mass transport to a particle occurs on the 
particle level, but their rates are determined by the fluid-dynamics 
of the bed (reactor level) and by the fuel reactivity, both in case of 
devolatilization and char conversion. These processes are included 
in the source terms of the conservation equations and are treated 
by submodels during execution of numerical calculations. The 
description on the particle level includes particle size and biomass 
properties, such as density and thermal conductivity. These 
parameters affect the time of devolatilization and composition of 
volatiles [17]. On the reactor level various factors are considered: 
residence time (mass inventory in an FB), boundary conditions, like 
fuel feed points and feed rate, freeboard size, fluidization velocity, 
and their effects on solids elutriation, solids and gas mixing, 
segregation, etc. [24]. 

The two levels of description are connected by the boundary 
conditions for heat, mass and species transport. The heat-transfer 
coefficient establishes the heating rate of the solid particles, the 
rate of volatiles release, the yields of char, tar and gas, and the 
composition of the product gas. Different heat-transfer coefficients 
are found when biomass is top-fed or fed in-bed, due to the 
different environments under which devolatilization takes places 
[36]. The movement of a solid particle in an FB depends on mixing 
and segregation caused by the fluid-dynamics of the bed. In the 
typical case of FBBG, the presence of large biomass particles in 
a sand-like bed, may lead to segregation of (flotsam) particles in the 
(jetsam-rich) system [37,38]. The importance of an intermediate 
level, the so-called meso-scale, to obtain reliable prediction of the 
fluid-dynamics in multiphase reactors has been demonstrated [39], 
but this level of description is out of the scope of the present work. 

1.4. Types of reactor model 

Any comprehensive model of fuel conversion in FB is based on 
a description of the gas-solid processes, occurring inside the 
reactor, by applying mass, species, heat, and momentum balances, 
including formulation of the source and sink terms, boundary 
conditions and constitutive relationships for each phase [7,40]. An 
overall impression from existing modeling work is the complexity 
of the processes of biomass gasification in FB. A great number 

b 


Flue gas Product gas 



Air Biomass Steam 


Fig. 2. (a) Indirect gasification indicating the three options to supply heat to the gasifier: internally (by gas and char burning) and externally (by external supply of heat), (b) 
Example of indirect internal gasifier where the heat is generated by char burning. 





























450 


A. Gomez-Barea, B. Leckner / Progress in Energy and Combustion Science 36 (2010) 444-509 



Char surface process 
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Char particle process 


Fuel 



Producer gas 

CO, h 2 , ch 4 , 
co 2 , n 2 , h 2 o, 

C x H y O z 


Biomass Volatiles 

^r(H 2 , CO, C x H y ) 



Char 


Drying and devolatilization 
processes 


Point-scale of reac 


Fluidization 
agent 

or process 

Fig. 3. Description of processes in an FBBG. 


of interacting chemical and physical processes take place simulta¬ 
neously. As a consequence, rigorous analysis of an FB gasifier is 
a problem of considerable theoretical and computational difficulty. 
Therefore, it is unlikely that a fundamental, universal model to 
represent and simulate all types of FBBG will be established in the 
near future [10,27]. In modeling FBG, simplifications have to be 
introduced to obtain reasonable and tractable models. An 
understanding of the processes may lead to the development of 
semi-empirical models for specific sets of conditions. Judicious 
identification of the governing phenomena in order to establish 
reasonable simplifications is a key task in modeling of FBG. 

The closest representation of the real process is a balance on the 
transported variables formulated and solved for each phase k (gas 
and solids and their i components): density, momentum, and 
enthalpy (pi<, pk.i, u/<, and h\<, in general terms, cp). The balance of the 
conserved variables (p over a fixed element (eulerian formulation) 
of reactor volume can be written in the following form (somewhat 
simplified, especially in the case of momentum), applicable to any 
reactor type: the accumulation of tp is due to the net difference 
between the rates of change by convection and dispersion and to 
generation and consumption, S, per unit volume: 

^+div(u k <p k ) = div(D ft grad<p k ) +S ?ik (1) 

The boundary conditions for mass, species, and enthalpy include 
fuel feed points, gas inlet ports, and non-permeability of the reactor 
walls. For momentum, the formulation is more complex [40], but the 
boundary conditions are essentially the velocities of gas and parti¬ 
cles at the boundaries of the computational domain. More complete 
and detailed mathematical formulations of the conservation equa¬ 
tions for gas-solid flows can be found in the literature [40,41 ]. 

The solution of a mathematical model of an FBG like that in 
Eq. (1), requires long time and is numerically complex. Often, semi- 
empirical closure laws are formulated, depending on the approach. 


Sometimes the turbulence of the gas phase is included, but the 
averaging of Eq. (1) leads to extra terms that have to be described by 
a turbulence model. In multiphase flows, such as in the freeboard of 
an FBG, the k-e model has been used, but the degree of uncertainty 
is high [22,42]. In addition, the boundary conditions and the source 
terms are coupled to models of single particle conversion, them¬ 
selves being a complex mass and heat diffusion-reaction process. 

Many models have been published with different names, clas¬ 
sifications and categories depending on the purpose. In Table 1 
three groups of model are sorted according to the simplification 
adopted to solve the fluid-dynamics: Computational fluid- 
dynamics models (CFDM), fluidization models (FM) and black-box 
models (BBM). CFDM solves Eq. (1), making certain hypotheses for 
the interaction between the phases. Many of the potentially inter¬ 
esting CFD models (LES, DFM, ...) have not been applied to FBBG. 
FM directly assumes that the bed consists of various phases (most 
often two) or regions with a predefined topology allowing trans¬ 
port of mass and heat between them. The momentum equation is 
not solved, and the fluid-dynamic pattern is described by semi- 
empirical correlations, establishing the dynamics of bubbles and 
particles in the bed, which give proper closures for chemical reactor 
modeling. Finally, BBM consist of overall balances over the FBG. In 
some cases equilibrium is assumed, whilst empirical relationships 
are used in other occasions. Each of the three model categories 
includes several models, as indicated in Table 1. FM is the best 
developed model up to date for FBG, consisting of a comprehensive 
theoretical treatment, linked with experimental observations made 
during the last five decades. CFD for FBG are relatively new, and in 
spite of offering promising expectation, much has to be added. 
Finally, BBM are quite useful in some cases, but the treatment is 
limited and the prediction capability is lower than that of FM and 
CFDM. Because of the considerable computational times required 
for CFD computations, especially when chemical reactions are 
involved, FM are still the most common approach. 
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1.5. Scope of this work 

The purpose of this work is to review reactor modeling of solid- 
fuel gasification in FB with special emphasis on biomass and waste 
materials. Modeling of bubbling and circulating FB is discussed, and 
methods for calculation of the fluid-dynamics and reaction 
processes are presented. Due to the uncertainty of the complex 
processes simple methods are emphasized. The focus is on 
comprehensive fluidization models, where semi-empirical corre¬ 
lations represent the fluid-dynamics. Prediction of performance by 
black-box models, applying simple methods, is reviewed, and their 
prediction ability is discussed. The computational fluid-dynamic 
tools applied to biomass gasification in FB are also included. Despite 
their increasing importance to predict the detailed behavior of 
chemical reactors, only a few trials have been reported to simulate 
FBBG. As a consequence, CFD models are only briefly surveyed here. 
The main chapters are devoted to modeling of reactor and source 
terms. A survey of published FB models for biomass and waste 
gasification is discussed to assess the state-of the art and identify 
the main topics where further research is needed. The work 
emphasizes the prediction of the performance of an FBBG in terms 
of gas composition, solid conversion and gasification efficiency. 
Modeling of processes, such as sintering or agglomeration, emis¬ 
sions of contaminants, is out of the scope of this review. 

2. Reactor modeling for FBBG 

2.1. Fluidization models (FM) 

Most comprehensive models published in connection to FBG 
belong to category FM (Table 1). The reason is that FM is 
a compromise between BBM and CFDM: FM avoids the details of 
complex gas-solid dynamics but still maintains the fluid-dynamic 
effects by assuming a multiphase pattern in the bed. This is done by 
introducing two (sometimes three) regions or phases. The flow 
pattern of the regions is described by semi-empirical correlations. 
The term “phase” differs from the merely thermodynamic 
meaning. It is just a region with a predefined configuration (particle 
concentration, state of gas and solids mixing, etc). Most common 
FM for FBG are ID models, but 3D models [43] also fit into this 
category. Therefore, no matter if the FM is formulated in one, two or 
three dimensions, it still needs input from fluid-dynamic knowl¬ 
edge computed by ‘external’ correlations. 

Early models treated FB reactors as if the gas and solids were 
mixed, avoiding the multiphase nature of the bed. Classical methods 
of reaction engineering were applied: from the simplest 
completely-stirred and plug-flow reactors, to those modeling non¬ 
ideal flow and the state of micro-mixing, and further, to those 
accounting for a residence time distribution obtained by tracer 
experiments. After these first modeling efforts, it was verified 
experimentally that the concept of ‘contact time distribution’ (as 
a refinement of the simpler gas residence time) is a key factor for 
taking into account the contact time of the gas with the solid 
reactant [44,45]. Then, the need for a multiphase description of the 
process was recognized, leading to the time of effective contact in an 
FB. The two-phase theory of fluidization [46] made this possible. In 
two-phase reactor models there is a division between an emulsion 
and a bubble phase. In the original FM, the emulsion was assumed to 
contain some gas and all the solids; the gas and particles were 
perfectly mixed in this phase, whereas the gas phase was considered 
to be in plug-flow. The momentum balance is not explicitly solved, 
but Davidson’s model [47] is used together with further semi- 
empirical relationships and further assumptions to estimate the 
division of gas flow between the phases, the fraction occupied by 
bubbles in the bed, the porosity and velocity of gas in the dense 
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phase, and the velocity and size of the bubbles (some of them are 
included in Table 2 and will be discussed below). The flow pattern 
obtained allows determination of the transport rates of heat and 
mass to the reacting particles and the degree of gas and solid mixing. 
Modifications and simplifications have been introduced over the 
last decades by applying FM to various reaction systems. Reviews on 
this matter have been published [4,26,29,44,45,48-52]. 

Often FB reactor models are classified by the names of the 
authors: Davidson-FIarrison (DHM) [47], Kunii-Levenspiel (KLM) 
[44], but also by the main features of the model, Kato and Wen 
(Bubble assemblage model, BAM) [53], Fryer and Potter (Counter- 
current Backmixing Model, CCBMM) [54], etc. We do not find, 
however, fundamental differences between one model and 
another; all of them are based on the estimation of the essentials of 
fluid-dynamics (bubble velocity and diameter, fraction of bubbles 
in the bed, velocity of gas in emulsion, etc) applying similar 
correlations. Despite minor differences, all models just mentioned 
are categorized in Table 1 as FM. 

Originally, FM were formulated and applied to catalytic systems. 
For non-catalytic systems, such as solid-fuel conversion, the solid 
reactant is constantly consumed and solids make-up is required for 
steady-state operation. At any instant, the reactor contains particles 
that have spent different times inside the bed, having a distribution 
of conversion. During the course of reaction, the solid reactant in 
the particles is gradually affected by the operating conditions of the 
bed, and the density and size of the particles change from one 
particle-size fraction to another, depending on the concentration of 
the solid reactant within the particles [55,56]. The original KL 
model was applied for FBG of coal [57,58], the DHM has been 
applied (with minor modifications) up to date in most of FB coal 
[59-66] and biomass [67,68] gasification models. The CCBMM has 
been applied recently [69] to describe the movement of char in 
a bubbling FBBG. Despite the successful application of FM in the 
modeling of FBG systems, the pseudo-empirical nature of the 
description of the fluid-dynamics makes this approach difficult to 
extrapolate to conditions that differ from those where the corre¬ 
lations were obtained, mostly the type of solid particles, superficial 
velocity, and reactor diameter. 

In order to focus attention on the model structure, a selection of 
basic fluidization concepts are presented separately in Table 2. This 
table contains expressions on bubble properties, critical fluidiza¬ 
tion velocities, emulsion characteristics, such as voidages, and 
particle elutriation rates. The quantities are further explained in the 
text where they are used. More information on these fluidization 
quantities is found in the works referred to and in the fluidization 
literature, for example [4,44,45,47,51 ], etc. 


2.2. Mixing and reaction in FBBG 

Fig. 4 presents typical flow patterns in FBG units, bubbling or 
circulating. The image shows groups of particles ascending in the 
suspended flow and denser wall layers flowing down, as observed 
in circulating beds but also to some extent in the freeboard of 
bubbling beds. The bottom bed is a bubbling fluidized bed, also 
observed in circulating systems. Graph (b) shows quantitatively the 
concentration of solids in different parts of a reactor. Two main 
zones are distinguished in both FB types: a bottom zone and 
a freeboard (or riser, in the CFB case). The bottom bed is a bubbling 
fluidized bed. The freeboard is a more dilute zone, where the solids 
are carried away upwards from the bed. There is a splash region 
between the two zones characterized by the return of the solids 
that were thrown up from the bed’s surface. The flow structure in 
the freeboard is not qualitatively different in the two cases, so the 
sketches in Fig. 4 can represent both. 


The performance of FBG, including the efficiency of carbon 
conversion and the tar content of the gas, may greatly depend on 
the movement of solids and gas in bed and freeboard. For instance, 
in a pilot CFB biomass gasifier, reactor conditions resulting in lack of 
contact between char/oxygen and tar/catalyst and an unfavorable 
consumption of oxygen by the devolatilization gases were identi¬ 
fied [70]. This leads to lower char conversion and higher tar content 
in the product gas. Modeling of solids and gas mixing can identify 
the best arrangement for design and operation of the gasifier. In 
spite of its significance, there are few detailed measurements of gas 
and solid mixing in FBBG. Most of the knowledge comes from 
chemical FB reactors and FB boilers [71-73]. In addition to mixing 
there are several other factors influencing conversion, such as the 
residence time in the bed, as will be discussed below. 

Simplification of the FBBG modeling by the identification of 
rate-determining processes is a useful approach, in particular the 
comparison between transport and conversion processes. Combi¬ 
nation of four processes can be considered: vertical and horizontal 
transport (by convection and dispersion), devolatilization and char 
conversion. The two latter always differ in time because devolati¬ 
lization is faster than char conversion; especially gasification with 
CO 2 and H 2 O is slow. Consequently, as an approximation, devola¬ 
tilization is sometimes regarded as instantaneous, assuming that 
the movement of the solid fuel is slower than the devolatilization. 
In this way, the steady-state composition of the gas released by 
devolatilization becomes an input to the model that can be 
obtained by devolatilization experiments, ideally with similar fuel 
particle size, temperature and heating rate. This simplification is, in 
fact, the same as assuming that solids mixing and char conversion 
are the slow, rate-controlling mechanisms in the reactor. This often 
holds for narrow laboratory-scale FBG, that is, as a matter of fact, 
the most common system analyzed. 

In wider commercial reactors lateral dispersion during devolati¬ 
lization may be a key issue in the distribution of gaseous species in 
large FB [19]. This has been experimentally verified in combustors 
[74,75], but it has not been reported for FBG. Only one attempt has 
been undertaken by 3D modeling to study the effect of maldis¬ 
tribution during sewage sludge gasification in a CFBG gasifier [43] 
where it was concluded that, due to the very fast release of volatiles 
and the high-volatile content in the fuel (sewage sludge), mixing of 
the gas around the feed port is not fast enough, and an ascending 
plume with highly concentrated pyrolysis gas is formed. These effects 
require 3D modeling, and further refinements seem to be necessary 
for the analysis of key processes, like the prediction of the tar content 
in the gas. A non-uniform biomass distribution is accompanied by 
steep gradients in the radial gas concentration profiles [76]. Also, large 
devolatilizing biomass particles rapidly move to the top of the riser 
[76], contributing to the tar measured in the product gas. In connec¬ 
tion to this, large (>8 mm) char particles were found in the loop seal 
without being completely gasified. A population balance on devola¬ 
tilizing fuel particles seems to be essential for the detailed analysis of 
such a case. Attempts have been made in modeling CFB biomass 
combustors [77] where drying and devolatilization of single biomass 
particles were solved simultaneously with an age population balance 
up to a devolatilization time t py , obtained experimentally for the feed 
biomass distribution. No model has been found dealing with this 
process in FBG. In a bubbling FBBG, in contrast, the fuel particles 
are likely to remain in the bed most of the devolatilization time 
due to lower superficial velocity, and, hence, lower entrainment. 
Then elutriation of biomass particles during devolatilization does 
not play an important role [36] (while it could do so during char 
gasification). In general, both particle size and density are reduced 
during devolatilization, and that could enhance elutriation. For 
instance, under the operating conditions tested in [36], particles 
larger than 1 mm would be elutriated when their density had 
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Table 2 

Semi-empirical fluid-dynamic correlations for the gas-flow pattern in FB. 
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Name of variable, Symbol 

Unit 

Correlation 

Eq. 

Ref 

Rising velocity of a single bubble, u br 

m/s 

u br = 0.711(gd b ) 1/2 

(96) 

[47] 

Bubble velocity, u b 

m/s 

u b = u br + 1.6((u 0 - u m/ ) + 1.13 dg^Dj- 35 

(97) 

[44[ 



d b ,av = j d b (h)dh 



Velocity at minimum fluidization, u mf 
(Reynolds number at minimum 
fluidization, Re p>m f) 

m/s 

0 

Umf = Re P- m/ (d^) 

(98) 




f (28.7 2 +0.0494 Ar)°' 5 -28.7(for d p > 100 pm) 

Re p,m/ = \ f n0.5 

l [221 2 + 0.0408 Arj -33.7(for d p < 100 pm) 

(99) 

[45[ 



Re p m/ = yjc 2 + C 2 Ar - Ci (C 1= 27.2 and C 2 =0.0408) 

(100) 


Voidage at minimum fluidization, e mf 

- 

A 1.75 2 150 ( 1 -< w) d 

Ar =/ 3 A Re P,mf+ A , 2 \ Re Prf 

PW ( f m/^ ) 

(101) 

[119,120] 

Bubble size, d b 

m 

d b = 0.54 (u 0 - u mf J (h + 4v^b) g ~ 02 

(102) 

[121] 

Bubble size, d b 

m 

d b = d bm - (d bm - d b0 )e~ 03 h / Dt (for 0.3< D t < 1.3) 
d b0 = 1.38 g -02 [a b (u 0 -u m/ )/N t ] °' 4 (perforated plate) 
d b0 = 3.77 g- 1 (u 0 - u m/ ) (porous plate) 

d bm = 2.59g-°- 2 [A B (uo-u mf )] °' 4 

(103) 

[122] 

Dimensionless visible velocity, i// 

- 

i// = 1.45 Ar“ 018 

(104) 

[128] 

Dimensionless visible velocity, i// 

- 

t =/(h + 4v^)°' 4 

f SFB = [0.26+ 0.70exp(-3.3d p )] [0.15+ (u 0 -u m /)]“ 1/3 

f C FB = 0.3121 +0.129U0 1 - 16.6d Ph - 2.61-10- 5 Zlp re/ 

(105) 

[125] 

Bubble void fraction, e b 

- 

= [l + (1.3//)(u 0 -u m/ ) ] 

(106) 

[125] 

Bed expansion factor, f bex 


(l.032 (u - u mf )° 57 p° g 083 ) 

^ = 1+i (/m u o.oLLJ\ ’ <*< 0 0635) 

(Pp u mf U t ) 

(14.31 (u 0 -u m/ ) a738 dj“^76) 

/6 “ = 1+ (,oi„O m f7) 0.0635) 

(107) 

[129] 

Voidage in the emulsion phase, e e 

- 

e e - e m /(u e /u m /) V6 ' 7 

(108) 

[130] 

Bubble to emulsion mass transfer 
coefficient, k be 

1/s 

, 2 U mf 12 ( D g e m/ u b) 1/2 

be » d b + ffd 3/2 

(109) 

[132] 

Terminal velocity,u t ( inside the 

Reynolds number at terminal 
velocity, Re Pjt ) 

m/s 

u t = [l8/(d;) 2 +(2.335-1.744^)/(d;)° 5 ] ’ 
with 

u t = Re Pjt /Ar 1/3 ;d* = Ar 1/3 ;Re Pif = (p g d p u t ^) /, p g 

(110) 

[109] 

Entrainment flux of particles at the bed 
surface (h = H x ), G x 

kg/(m 2 s) 

G x = 3.07-10 ~ 9 A B d bih=Hx (p 3 V- 5 p g 2 ' 5 )(i/ 0 -u m/ ) 2 ' 5 

(111) 

[136] 

Elutriation rate constant for different 
particle size i (entrainment flux 
where dG/dh = 0) G if00 = E,> 

kg/(m 2 s) 

Eoo,i = 0.011 p p (l - u t i/u 0 ) 2 (for u t i < u 0 ) 

E xi = 0 (for u t j > u 0 ) 

(112) 

[137] 

Decay coefficients, a and I< 

m 1 

a = 4 u t /u 

(113) 

[139] 



I< = 0.23/(ii 0 - u t ) 

(114) 



fallen below 200 kg/m 3 , i.e. when devolatilization was practically 
completed. 

In conclusion, the behavior of fuel particles and the location 
where they are converted in an FB depend greatly on the relative 


rates of mixing (fluid-dynamics) and reaction. Fuel properties, such 
as density, size, volatile content, and topology of the gasifier like 
bed diameter, aspect ratio, and number and position of the feeders 
can decisively influence the conversion process. The prediction of 
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Fig. 4. (a) Characteristic flow pattern in FB units (b) simplified diagram of solids density profiles through the different zones of the FB units. 


fuel-particle conversion, based on experience from laboratory and 
pilot-scale research plants, is of great importance for the design of 
full-scale units, because mixing and reaction can change signifi¬ 
cantly from one plant to another. An important question, still to be 
answered, is how to employ results from small-scale equipment as 
a support for the design of large-scale units. Most information on 
biomass gasification has been obtained in small FB gasifiers and this 
issue is extraordinarily important for modeling as a means of 
extrapolation. 

2.2.1. The equations of mixing 

Solid-solid and gas-gas mixing of species i is theoretically 
determined by Eq. (1), applied for transport of solids (index s) and 
gas (index g) in an isothermal system: 

^ + div(u s c si ) = div(D sV / H ,igrad c si ) + S si (2) 

fT + div ( u s c gO = div ( D gv/H, i/grad c gi ) + S gi (3) 

These 6i (i is the number of solids and gaseous species in a 3D 
system) equations, with their source terms S, for concentrations c s / g 
can be solved with appropriate boundary conditions and solids and 
gas velocities u s / g obtained from momentum and continuity equa¬ 
tions. There could also be a term describing transfer between gas and 
solids. At steady state Eq. (1) becomes, using the dimensionless 
variables: X = x/xo; Cki = Cki/co; Uk = Uk/Uko (1< = solid or gas), 

d iv(U k C k i) = 2—div(grad C ki ) + Da kl I (4) 

1 e ki 

or alternatively 

Pe k idiv(U k C ki ) = div(grad C ki ) + Da kUI (5) 

Two main governing parameters arise in Eqs. (4) and (5). Da is the 
Damkohler number, expressing the ratio of the chemical reaction 
rate R\« to the volumetric rate of transport by convection CoUko/*o or 
by diffusion CoDk//xo. Consequently, Da^.i = Rki*o/( c o u ko) and 
Dai<i,ii = ftki*o/(0)Dki), are the first and the second Damkohler 


numbers [78]. Pei<i = ReSc = XotW^ki is the Peclet number, the 
product of the Reynolds and the Schmidt numbers, expressing the 
ratio of transport by convection and diffusion. Da^.i = Daki,n/Peki 
and Dki m 2 /s is formally a diffusion coefficient for a solid or gaseous 
(/<) constituent (i) in the bed. The characteristic length xo is selected 
according to the geometry of the problem under consideration 
(vertical and/or horizontal). The choice between Eqs. (4) and (5) 
depends on the dominant mechanism of mass transport. The 
equations are used in CFD methods and they form the basis of 
fluidization models, or else, only the dimensionless quantities are 
employed for qualitative judgments. 

2.2.2. Solids mixing 

The movement of solids in an FB is often described by 
a simplified version of Eq. (2), in which diffusion and convection 
are lumped into one term, called dispersion and expressed by the 
diffusion term only. The dispersion model usually fits data for 
fine particles and deep beds, i.e. chemical reactors, where small- 
scale mixing mechanisms are dominant [44]. A number of 
correlations for dispersion coefficients have been published based 
on the dispersion model, where the experiments have been run 
with Group A particles in small FB units. They have been 
summarized in several publications [4,44,72,79-81]. The vertical 
dispersion coefficient increases with superficial velocity and bed 
diameter. Solids transport in the wake of bubbles is essentially 
the reason why vertical solids mixing is one to two orders of 
magnitude better that horizontal mixing. Extrapolation of the 
dispersion coefficient for fine powder to large FBG seems to be 
inadequate, because such reactors use Group B particles, and 
there is a large-scale movement due to strong particle streams 
and large-scale recirculation [4,44,72,82]. When the dispersion 
model does not fit properly experimental data, the countercur¬ 
rent mixing concept is often used. The countercurrent mixing 
model assumes the presence of two phases, one ascending and 
the other descending, with a cross flow or interchange of mass 
between the phases [79]. 

In the FB, beside the inert bed material (or sometimes solid 
catalyst), there is a distribution of fuel and char particles in the bed. 
Therefore, the movement of solids in the vessel should be described 
by accounting for three or more types of solids. However, 
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qualitatively the motion of biofuel particles can be visualized as the 
movement of flotsam particles in a jetsam-rich bubbling FB. As 
a result, experimental studies on mixing and segregation in FB have 
been focused on binary systems [38,79,80,83-87]. Some studies 
have reported time-average vertical distribution of material, 
finding higher concentrations of flotsam material in the upper 
region of the bubbling FB [38]. Fligher superficial velocity may 
improve mixing, but biomass particles with lower density and 
larger size than bed particles can still be non-uniformly distributed. 
At a given fluidization velocity, char particles are more likely to be 
elutriated from the bed or to sink from the bed’s surface than 
devolatilizing particles. This is because the jet force from escaping 
volatile matter tends to keep them floating, as has been observed 
experimentally [88,89]. A key issue in modeling FBBG is weather the 
fuel particles keep floating once they have reached the bed’s surface 
or if they are forced to descend. This depends much on the behavior 
of segregation of a few flotsam particles in a bed of many jetsam 
particles. The competition between mixing and segregation has been 
studied experimentally in various types of particle system and 
superficial velocities to make this issue clearer [38,84,86,87]. A large 
body of low density particles (<800 kg/m 3 ) in a bed of glass beads 
(Group B) with a bulk density of 1490 kg/m 3 was observed to sweep 
up to the top of the bed by the bubbles and remain there [84]. Bodies 
of densities between 1300 and 800 kg/m 3 occasionally descended, 
but they were pushed back again. In a cold 2D rig the distribution of 
biomass particles (8 mm spherical wood) was more uniform in the 
vertical direction of the bed at a low superficial velocity than at 
a high superficial velocity [86]. Cylindrically shaped cotton stalk 
segregates locally in a 3D cold rig, and as gas velocity gradually 
increases, the bed undergoes global segregation, local mixing, global 
mixing and re-segregation [87], while biomass particles accumulate 
at the top of bed within what was called [87] partial and transient 
fluidization regime, promoted at the higher gas velocity. 

The change of particle properties during devolatilization and 
other factors, such as the jet force, caused by rapid volatile release, 
adds further complexity to the phenomena discussed, where solids 
mixing and segregation were achieved with binary systems of 
particles, each class having fixed size and density. The relative 
change in size-density from the initial value has been shown to 
depend on the environment where the particle is immersed, espe¬ 
cially heating rate and bed temperature. It has been found a critical 
size-density, at which a given particle will rise through a column 
[90]. Therefore, under the conditions of biomass gasification, it is 
better to feed at the bottom, because this prolongs the residence 
time of a particle in the bed during devolatilization [36]. This is so, 
because normally the density of the bed material is higher than that 
of an initial biomass particle, and the particle will tend to float from 
the beginning. Flowever, the lateral dispersion is lower in the bottom 
part of the bed than at the top. Also the effect of the jet force caused 
by the release of volatiles contributes to maintaining the fuel parti¬ 
cles at the surface during devolatilization [91,92]. 

In an FBG, segregation should be avoided in order to preserve 
the bed from problems like sintering or excessive tar emission. 
Based on [83], a method has been proposed to check the risk of 
segregation by calculation of the mixing ratio, defined as the ratio 
of the mass fraction of the heaviest species at the top and that at the 
bottom of the bed [24]. In well-mixed beds, this ratio tends to unity. 
Segregation is likely to occur if the ratio is equal to or below 0.5. A 
mixing ratio between 0.5 and 1 is desirable in order to be out of 
segregation problems. 

The propagation of solids in the horizontal direction is crucial in 
large devices, characterized by aspect ratios of unity or lower (wide 
beds). This problem has received attention for the understanding of 
the maldistribution of fuel in CFB boilers firing biomass. An extensive 
comparison of models and dispersion correlations has been focused 


on modeling large FB boilers [72], although measurements of the 
horizontal fuel dispersion rate in FB boilers are still scarce and 
contradictory. Dispersion coefficients in a 100 MW t h BFB boiler with 
a superficial velocity of 1.3 m/s have been reported to be in the order 
of 0.001-0.01 m 2 /s [71], while data from hot measurements in 
Chalmers 12 MW t h CFB boiler give 0.1 m 2 /s [72]. Further investiga¬ 
tion on horizontal solid mixing in large CFB boiler has been reported 
recently [73]. The mixing is almost perfect in the vertical direction in 
the bottom zone of a CFB, but the lateral mixing was found to be 
limited, having dispersion coefficients of about 0.1 m 2 /s, corre¬ 
sponding to Peclet numbers of around 40 [93]. The various regions in 
a CFB exhibit different predominant mechanisms of solids motion 
and mixing [94]. In the transport zone there is a dilute, upward flow 
in the core and a descending motion near the wall. In the core, the 
behavior of the solids is similar to plug flow, whereas in the wall 
region there are horizontal gradients. The Peclet number of the 
solids movement in the core increases from 150 to 300 with 
increasing solids volume concentration [95]. Recent investigation in 
large CFB boilers allow better distinction between the flow patterns 
compared to lab-scale units, and results in formulae for estimation of 
wall-layer thickness and flow distribution [96]. 

To conclude, segregation of devolatilizing fuel particles and bed 
material has to be checked, and modeled, if found significant. In 
small FBG with large aspect ratio, an axial gradient of devolatilizing 
fuel particles may arise. A key issue for such units is the location of 
the fuel feed point: top or bottom. Very few experiments have been 
reported to clarify this issue. In large units with in-bed (bottom) 
feeding, lateral gradients of gaseous species may arise from non- 
uniform distribution of fuel. In both cases, models should be 
formulated to account for these effects in order to predict the gas 
composition and to support the improvement of tar conversion and 
other rate-limited processes. In addition, problems of hot spot and 
agglomeration can be predicted. The distribution of fuel near the 
feed ports can be critical to the optimization of large FBG and needs 
careful study [43]. In both small and large units char seems to be 
well-mixed because mixing is faster than char conversion in an FB 
gasifier, since most of char is converted by gasification. However, 
despite the good mixing, prediction of the entrainment of char 
particles by the gas is a key issue for the estimation of carbon 
conversion. Although char is well mixed in the bottom bed, 
differences in concentration and particle-size distribution may 
arise in the freeboard [97]. Comminution of fuel and char affects the 
rate of elutriation and the particle content of the gas. Validation of 
the models has to be done preferably by measurements in large- 
scale systems. Very little is known about the actual behavior of 
models describing gasification of biomass fuels. Values reported for 
fuel dispersion from large FB biomass boilers can be helpful for 
estimates of FBBG, since the mechanisms of solids dispersion are 
similar. With respect to char, measurement results from FB boilers 
may differ significantly from those in FBBG, because the char 
concentration in the bed and freeboard is greater in the latter due to 
the lower char conversion rates. 

2.2.3. Gas mixing 

The mixing of gas in an FB is promoted by fluctuations at various 
scales. A large-scale motion is created by the bubbles in the bottom 
bed. Gas dispersion is high in the splash zone, while in the free¬ 
board the gas mixing decreases significantly all the way up to the 
upper part of the freeboard [98]. 

Gas-dispersion coefficients have been used to model gas mixing. 
These coefficients in the vertical and horizontal directions based on 
single-phase dispersion models are similar and follow similar trends 
to those of solid-dispersion coefficients [99]. An important question is 
whether estimations based on Peclet numbers obtained in labora¬ 
tory-scale beds can be extrapolated to large units [100]. Reported 
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diffusion coefficients or Peclet numbers have been obtained from 
measurements at different solids flows, hold-up, gas velocities, and 
aspect ratios of units. In addition, various methods (models) to eval¬ 
uate measurements have been used. In the bottom bed of an FB 
a single-phase dispersion model gives only a crude description of gas 
mixing. In this zone, the bubbles influence the gas residence-time 
distribution through the bypass of the bubble flow and the exchange 
between bubbles and the gas in the dense phase. Therefore, a more 
exact description is obtained from models that take the two-phase 
nature of the bed into account [99]. This is made by considering 
a single-phase dispersion model in the bottom bed to model the gas 
mixing in the emulsion phase, whereas plug-flow is usually assumed 
in the bubble phase. This type of model is used to represent the 
bottom zone in both BFB and CFB. In the freeboard of a BFB, plug flow 
gives reasonably good predictions for the gas motion [24]. In the 
freeboard of CFB a core-annulus flow structure is assumed, consisting 
of a lean gas-particle suspension in the centre region and a sharply 
separated wall zone with a denser phase moving downwards. Gas 
mixing can be described by dispersion in the lean phase and by mass 
transfer between the lean and the dense phases, as long as only 
primary gas is injected. With secondary gas-injection, the gas-flow 
pattern is affected, and the impact of the secondary gas jets should be 
taken into account [101]. Since the gas velocity is high in the axial 
direction, convection is the dominant transport mechanism. Gas 
mixing in the lateral direction of the freeboard is similar to that of 
single-phase flow [ 98 ]. For instance, the height h necessary for the gas 
from a point source to spread over a duct with radius R in a riser with 
a Peclet number of400 [102] gives h = 100 R. Therefore with the data 
used, the radial mixing is far from good [19]. Data obtained in other 
laboratory risers yield Pe of about 200 [99] for which h would be 50 R. 
Flowever, measurements in large CFB boilers have shown that lateral 
gas mixing is not as limited [74]. 

There are few measurements on gas dispersion coefficients and 
concentration profiles in FBBG [70,103]. Axial and radial mixing 
coefficients of gas in a 500 kWth CFBB gasifier have been reported 
[70] as well as radial profiles for the gaseous species in the free¬ 
board of a lab-scale CFBG unit for a variety of biomasses [103]. The 
gas mixing seemed not to be sufficiently effective to distribute 
the gas released from the devolatilizing particles, and this affected 
the tar content of the gas [103]. Due to the importance of the latter 
in FBG, both the distribution of fuel particles in the freeboard (solid 
mixing) and the gas mixing mechanisms have to be modeled 
precisely. This is still waiting to be further investigated. Detailed 
mathematical models supported by gas and solid dispersion coef¬ 
ficients could give better guidelines for design. 

2.2.4. Simplified reactor models for FBBG 

This section gives guidelines for the choice of simplified FBBG 
models based on the rates of reaction and mixing. Comparison 
between rates can be made in terms of the Damkohler number of 
the reactor (Eqs. (4) and (5)). (Here the Damkohler numbers are 
those of the reactor. In Section 3 Damkohler numbers are related to 
conversion of particles. In order not to complicate the nomencla¬ 
ture, the subscripts indicating “reactor” and “particle” are not 
shown as they formally should). 

The Damkohler number of the reactor Da^v/H is defined as the 
ratio of the i-solids’ residence time in the reactor, tr^v/h and 
the time of their conversion xci = l/fti, that is, Da^v/H = ^Ri,v/H/^ci- 
The subscript k in Eqs. (4) and (5) has been omitted because only 
solids are treated. Subscript i stands for the type of solid or type of 
solid reaction: char (ch) yielding gasification gas (gas) and fuel (f) 
subjected to devolatilization (py). The Damkohler number can be 
applied to both vertical and horizontal processes, as indicated by 
subscript V and H. Comparisons will be made for different situa¬ 
tions and the Damkohler number has to be judged accordingly. 


The residence time of the reacting solids in the reactor can be 
calculated from either the convective transport time iRiy/n = Xo/Ufv/H 
or the dispersion time tr^v/h = *o/A,v/h where Xo is the dimension: 
x 0 = de (in the horizontal direction), xo = H x (vertical in the bottom 
bed) and xo = (H - H x ) (vertical in the freeboard). In a circulating 
system the transport time should be multiplied by ni oop , which is 
the number of times the reacting solid particle travels through the 
reactor, related to the separator efficiency, ni 00 p = 1/(1 - 4sep) [104]. 
As discussed, Di v/h is an experimental dispersion coefficient for 
solids (it is called “dispersion coefficient” and not “diffusion coef¬ 
ficient” because in some tests, particularly in the dense, bubbling 
bed, convective features, caused by the bubbles, are included 
[72,73,105]). 

Clearly, in a large reactor the horizontal transport may become 
a limiting factor and the corresponding residence time trih = dll 
Dj h may be long in comparison to the conversion time tq. This is 
especially the case for devolatilization, whose rate is high, but it is 
less critical in char conversion due to the slow reactions. In this 
situation Da PY) H >> 1, indicating lateral maldistribution of volatiles, 
whereas Da C h,H << X indicating that the char is already well mixed 
before conversion takes place to an significant extent. In a small 
reactor, also Da py> H << 1 holds because of the short lateral mixing 
distance. In the bottom bed of a FB both convection and diffusion 
may contribute to the vertical transport, whereas in the freeboard, 
and particularly in a CFB, the convective transport of fuel and char 
is dominant in the vertical direction with the residence time 
TRf/ch,v = nioop(H - H x )/u f/ ch,v. u f/ch,v can be roughly estimated by 
Uf/ C h,v = uo - ^Ut.f/ch* where u t ,f/ C h is the terminal velocity of a fuel/ 
char particle and a factor accounting for the influence of particle- 
particle interaction on the terminal velocity of a single particle: 
small particles of a given size have a higher terminal velocity u t 
than a single particle of the same size because of clustering effects, 
and large particles can be carried upwards pushed by the flow of 
smaller particles [106]. Models to estimate have been developed 
[107,108]. In the vertical flow case, the residence time should be 
long to convert the char, Da C h,v » 1 , which may require ni oop » 1 , 
hence, it depends on the efficiency of the particle separator. 

In a BFBG the fraction of elutriated fuel particles from the 
bottom bed is low (uo < u t ,f for a large portion of the fuel particles) 
so Uf,v -► 0. Therefore devolatilization of fuel occurs mostly in the 
bottom bed. Various limiting cases can be identified, to be dis¬ 
cussed in Section 2.2.4.I. For char particles, however, u C h,v can be 
significantly higher, and the proportion of char in the freeboard 
can be considerable [97]. In a CFBG the fraction of elutriated fuel 
and char is high (u 0 > u t ,f/ch for a large portion of the fuel/char 
particles). The fuel particles stay in various parts of the reactor 
during devolatilization: in the wall layer, in the dilute zone of the 
freeboard, and even in the loop seal. The char is converted in the 
freeboard to a great extent, since the char tends to be entrained 
from the bed, once generated. 

A qualitative judgment of the tendency of a particle to be carried 
away can be made by calculation of the terminal velocity of a single 
particle u t . Fig. 5 presents u t versus particle diameter calculated by 
Eq. (110) in Table 2 [109] for different materials used in a CFBG 
[110]. At a superficial gas velocity of 5 m/s, the diagram indicates 
that, while silica sand of 0.5 mm would stay in the bottom bed, 
dolomite of 0.6-1.0 mm would remain in the bed initially, but once 
calcined, it could be rapidly elutriated. Biomass like wood chips 
would be carried away from the bottom bed for particle sizes 
smaller than 3 mm, whereas the char generated from this fuel 
could be transported for particle sizes up to 10 mm. It should be 
noted that the relationship for terminal velocity used here is valid 
for a single particle and, hence, the concept only gives a rough 
indication about the movement of groups of particles where 
various kinds of particle-particle interaction may occur. 
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Fig. 5. Terminal velocities of single particles of various materials in a CFB biomass 
gasifier (calculated for air, at 850 °C and at a total pressure of 1.1 bar) as a function of 
particle size. Properties of solids: Silica sand (2600 kg/m 3 , sphericity 0.9); Raw dolomite 
(2400 kg/m 3 , sphericity 0.8); Calcined dolomite (1300 kg/m 3 , sphericity 0.9); Wood 
chips (850 kg/m 3 , sphericity 0.4); Char from wood chips (350 kg/m 3 , sphericity 0.4). 


2.2 A A. Vertical mixing vs. devolatilization in the bottom bed. When 
fuel devolatilization mostly takes place in the bottom bed (i.e. when 
the fraction of fuel particles entrained from the bed is low, such as 
in BFBG and sometimes in CFBBG operated at moderate gas 
velocities) the identification of the location where devolatilization 
occurs may be helpful to simplify the reactor model. There are three 
possible situations, illustrated in Fig. 6 : (1) when a particle stays 
floating on the free surface of the bed during most of the devola¬ 
tilization process, Fig. 6 a, (2) when the devolatilization takes place 
completely in the bottom part in the vicinity of the feed point, 
Fig. 6 b, and (3) when the particle is being distributed throughout 
the bed as devolatilization takes place, Fig. 6 c. 

Fig. 6 a corresponds to an under-fed FBG when the vertical 
transportation (segregation) of fuel particles is rapid compared to 
devolatilization and Da py) v << 1. It also includes the case when the 
biomass is fed at the top and keep there. The devolatilization takes 
place on top of the bed, because it is assumed that the particles 
keep floating once they have reached the bed’s surface, as discussed 
above [38,84,86,87]. This case is depicted in Fig. 6 a.l. Once the 
devolatilization has finished at the surface of the bed, the 
remaining solids (char) are likely to descend in the bed. At steady 
state, it can be assumed that the resulting char is evenly distributed 
in the bed. A simplified model for this situation is presented in 
Fig. 6a.2. At the bottom of the bed, the amount of volatile matter in 
this zone is expected to be small, and hence, the airflow meets the 
hot char. The oxygen is consumed rapidly by the char in a short 
distance compared to the bed height. In the upper zone (most of the 
bed; the figure is not scaled) char gasification takes place. The 
extent of char gasification depends on the reactivity of the char and 
on the bed temperature. Gas-phase reactions also occur in this 
zone, especially the water-gas shift reaction. This zone is expected 
to be the source of carbon loss due to entrainment of char. 

In the other limiting situation, Da py> v >> 1, depicted in Fig. 6 b.l, 
the devolatilization is rapid, and most of the volatiles are released 
in the bottom zone of the bed. This is why most FBG models have 
considered instantaneous devolatilization. Da py> v in the range of 
7-14 was estimated in a lab-scale FBG [69]. After devolatilization, 
the biomass (already char) is carried up by the fluidizing gas to 
the oxidation zone, where the char is exposed to oxygen, Fig. 6b.2. 
The presence of combustible matter i.e. H 2 , CO and CH 4 gives rise to 
a depletion of oxygen in a short height [24,28,59,64] due to the high 
rate of oxidation reactions. There is no clear evidence, however, 


about the main source of oxygen consumption: homogeneous 
reaction with CO and H 2 or char oxidation. It has been argued that 
the high availability of oxygen near the distributor leads to 
consumption of oxygen by char. However, the rate of char 
combustion decreases steeply and nearly ceases due to limited 
oxygen transfer from the bubbles to the emulsion phase and from 
the gas phase of the emulsion to the particle’s surface. Therefore, it 
seems more reasonable that the oxygen is mainly consumed by 
volatiles [ 111 ]. 

In the two limiting situations exposed in Fig. 6 a and b, one 
mechanism, either reaction or mixing is dominant, and devolatili¬ 
zation coupled with fluid-dynamics or a population balance over 
the parts of the reactor does not have to be included in a model; it is 
sufficient to know the accumulated release of volatile matter, using 
it as a boundary condition in the proper position. For instance, 
when the fuel is fed at the bottom, the initial composition of the gas 
entering the bed is given by the accumulated distribution of vola¬ 
tiles mixed with the fluidizing agent, ascending from the distrib¬ 
utor. This is a common procedure applied by modelers (though only 
a few of them have quantified the Da py v to assess this assumption), 
which greatly simplifies the FBBG model and also the input data 
required. In such a case, the overall or accumulated decomposition 
of a fuel particle, determined in the laboratory, is enough to model 
biomass devolatilization. The general case, illustrated in Fig. 6 c 
requires complex modeling: the motion of biomass particles has to 
be established in each position, coupled with devolatilization and 
size distribution, so that the instantaneous yields of gaseous species 
have to be be determined. Experimental information [38,84] is 
helpful to establish a fluid-dynamic model to predict the distribu¬ 
tion of devolatilizing (flotsam) particles in the bed. Fig. 6c.3 
represents a typical experimental distribution of flotsam particles 
along the vertical axis [38]. In the extreme case when the fuel 
particle is well distributed throughout the bed, the devolatilization 
takes place uniformly in the entire bed, and again the model can be 
simplified assuming an evenly distributed source of gas throughout 
the bed. 

2.2A.2. Lateral mixing vs. devolatilization in the bottom bed. In 
large, wide FB, the critical condition is expressed by Da py> H. Little 
has been written on lateral mixing related to FBBG, probably 
because most information available in this area comes from small 
units where this problem is absent. However, its importance during 
scale-up and process optimization is evident [100,112]. To illustrate 
this problem an example is given. The time for 90% devolatilization 
of a dried (7%w/w moisture) 4 mm sewage sludge particle has been 
measured to be about 30 s [113]. During this time, taking Df t n = 0.01 
m 2 /s, a fuel particle would be transported a horizontal distance of 
about 0.5 m in the bed. This is more than sufficient in an small lab- 
scale FBG of say, 50 mm diameter, where devolatilization takes 
place in the entire cross-section (Da py> H = 0.008 << 1) and one 
should analyze the vertical processes to find the limiting behavior, 
as discussed in Section 2.2.4.1, to further simplify the model. On the 
other hand, in an FBG with a larger bed, say 5 m in horizontal size, 
devolatilization takes place only in the vicinity of the feed port 
(Da py> H = 83 >> 1). In intermediate cases the distribution of vola¬ 
tiles over the cross-section may be important, and then one has to 
determine the devolatilization rate, taking into account the lateral 
dispersion. This case has been demonstrated by the 3D simulation 
in Fig. 7 [43], illustrating the distribution of volatiles (CH 4 , CO and 
H 2 ) near the feed point in a CFBBG of 0.5 m square cross-section for 
processing of dried sewage sludge. In this case, the Da py> H is around 
0.8, taking Dfn = 0.01 m 2 /s. The simulation results shown in Fig. 7a, 
predict steep concentration gradients of volatile species (CH 4 , CO, 
H 2 ) in the horizontal direction, caused by limited radial mixing of 
the fuel. In Fig. 7b, the corresponding distribution in the vertical 
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Fig. 6. (a.l)-(c.l): Possible situations according to Damkohler number Da P y jV in a bubbling FB. (a.2)-(c.2) Models of the limiting situations (a) (b) and general case (c). (a.3)-(c.3) 
Models of distribution of fuel in the three cases. 
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direction on the x,z-plane is given for a cross-section in the central 
part of the bed. The insufficient radial gas dispersion is evident. As 
seen, the horizontal gas mixing is slower than the axial transport, 
and the gaseous components, devolatilized at the feed height, flow 
in streamers to higher regions. Incomplete mixing is visible up to 
about 10-12 m height. Parametric studies varying Dfn show similar 
behavior even at Da py> H around 0.1. The conclusion is qualitatively 
valid for various high-volatile fuels, such as biomass. 

To sum up, the analysis in terms of Da P y )H gives a rough estimate 
that serves as a guideline to simplify models in some cases. Esti¬ 
mation of the radial dispersion coefficient and the overall time of 
devolatilization of the biomass particles are needed for such esti¬ 
mates. Intermediate values of Da py> H should be handled with 
caution, since there are further phenomena to account for that can 
affect the results, leading to maldistribution of individual species: 
endogenous bubbles formed during devolatilization, ascending as 
plumes and bypassing the bed, different release rates of volatile 
components, and simultaneous homogeneous oxidation reactions. 
This problem can be of great significance for the tar yields in the 
gas. The analysis suggests that, in large units, measurements in 


various radial positions should be made to obtain meaningful 
averages. This has been undertaken in boilers [72,74], but values 
from FBG are missing. 


2.3. Fluidization modeling 

An FM consists of conservation equations applied to the various 
regions of the reactor. The flow pattern in each region is established 
by semi-empirical fluid-dynamic modeling to determine the 
distribution of gas species and reacting particles, the size and 
velocity of bubbles, and other relevant variables. A ID isothermal 
model for the bed and freeboard is formulated below. Such 
a formulation describes with sufficient detail the parameters to be 
estimated and the main equations to be solved. It covers the 
essential features of most FBBG models published up to date. A few 
models have been published accounting to two-dimensional and 
non-isothermal effects and the presence of a particle size distri¬ 
bution for the solids. This is discussed later on as extensions of the 
basic model. 
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Fig. 7. Distribution of the concentrations of CH 4 , CO and H 2 over the cross-section of a CFBG with 0.5 m square cross-section burning sewage sludge (a) horizontal cross-section on 
the feeding level z (axial coordinate)=1.5 m (b) vertical cross-section aty = 0.25 m (half width) (from Petersen and Werther [43]). 
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2.3A. Conservation equations 

Eq. (1) is applied for species i in any zone of the reactor. 
Assuming steady-state, one-dimensional system and neglecting 
diffusion, Eq. (1) can be simplified as: 


~dh~ = Si (6) 

In the bottom bed (index ‘B’), the mass balances for gas species 
in the bubble (index ‘b’) and emulsion (index ‘e’) at height h are 
according to Eq. (6) 


1 d^i,b 
A B dh 


£ b r gg,i +/b-e 


(7) 


All gas generation is transferred to the bubble phase, or it 
directly forms new bubbles, i.e. endogenous bubbles [91,92]. Fig. 8 
illustrates this by the arrow representing Fng (Fng.i — /ng, iAgdh) from 
the solids in the emulsion to the bubble phase. The bubble phase in 
Eqs. (7) and (8) then includes both exogenous bubbles coming from 
the distributor and endogenous bubbles generated by the reaction. 
Note that the exchange of species i by the excess of gas production 
in the emulsion phase (with the net flow) is considered instanta¬ 
neous, whereas the exchange driven by the difference of species 
concentration is finite, characterized by /<b-e,i- 

To account for the net gas generation and the change in gas 
density, at any height ft, the total gas flow rate F 0) h is updated to 
incorporate the increments in the flow given by Fng.h (see Fig. 8) 


^ — £ e(l - f b) r |g,i + 5-^(1 - - £ b) a m r ls ,m,i - /b-e,i 

(8) 

The variables in Eqs. (7) and (8) are function of height h. The 
mass flow rates of gas i in the bubble and emulsion are F^b = 
WbPi.tAb and Fie = WePi.eAe- The cross-section areas in the bubble 
phase, Ab, and the emulsion, A e , are related to the reactor (bottom 
zone “B”) cross-section, A B , by: A B = Ab+A e . Fig. 8 shows the 
geometry of a differential volume A B dh in the bottom zone with 
the main fluid-dynamic parameters, schematically represented as 
a bubble phase and a particle phase, the latter divided into 
particles and void. 

The chemical reaction terms are given by 


= EVu MM i 
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j = 1 
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r e 

gs,r 


I~*rch 


— ^py,fuel,i^i,py^^i + ^j,char,i y ijMMj 

3 = 1 


(9) 


( 10 ) 


The main homogeneous (gas-gas) reactions are the oxidation of 
volatiles, the water-gas shift reaction and the reforming of hydro¬ 
carbons (Reactions R7-R15 in Table 3). The main heterogeneous 
reactions are the devolatilization (R1 in Table 3) and char-gas 
(mainly O 2 , CO 2 and H 2 0) reactions (Reactions R2-R6 in Table 3). 

The term/b-e,i on the right-hand side of Eqs. (7) and (8) arises 
from the mass exchange of species i between the bubble and 
emulsion phases, 


fb— e,i — £ b a b^b— e,i (Pi,e Pi,b) +/ng,i (H) 

There are two contributions in Eq. (11 ): the first one is driven by the 
difference in concentration of species i characterized by a coeffi¬ 
cient /<b-e,i- The second term/ ng) i is the transfer of gaseous species i 
with the net flow f ng from the emulsion to the bubble phase 

/ng,i = fng —'— (12) 

P T,e 

fng results from the generation of gas by devolatilization and char 
reactions in the emulsion (all solids are assumed to be in the 
emulsion) as well as the increase in molar flow due to the homo¬ 
geneous reactions in the emulsion 

/ ng = (1 -£e)(l -£b)EE ff ro1s,m,i+ f e(l -*b)Elg,i (13) 

i m i 


T"o,h+dh — ^0,h + T'ng h — (F e,h + Tfyh) + T n g B 

= T e ,h+dh + Tb h+dh (14) 

Several solids m can be part of the bed, for instance inert bed 
material, char and catalyst, being a m the volume fraction occupied 
by solid m (m 3 solid m/m 3 solids). The m-th solid subjected to gas- 
solid reaction with the rate r gSim> i in Eqs. (8), (10), and (13) takes into 
account the generation of the gaseous species i. 

The mass balance for solids m in the bottom bed, assuming that 
the solids are perfectly mixed, is 


A B (1—£ e )(l-^b) (7 m 

o v 

The flow of solids m entering the bottom bed, F m> i n ,B consists of the 
solids feed and the recycling stream, if there is one. The flow of 
solids leaving the bed, F m>0U t,B consists of the drainage (overflow or 
mechanical removal) and the net flow to the freeboard. 

The mass conservation of the components in the freeboard is 

f ^ = f F r gg,i + EH “ £ F) ff mFg S m j ( 16 ) 

where a single-phase model for the gas (plug flow) and an axial 
distribution of the solids in the freeboard, e^h) are assumed. Note 
that Fi >P in Eq. (16) indicates the net flow of i in the upward direc¬ 
tion, including the i traveling both as gas and as solid. The 
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Fig. 8. Definitions of fluid-dynamic parameters in a volume element of the bottom 
bed. 
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Table 3 

Main reactions in biomass gasification process. 
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Stoichiometry 

Heat of reaction (kj/mol) 

Name 

Number 

Biomass -* char + tar + H 2 0 + light gas (CO + C0 2 + H 2 + CH 4 + C 2 + N 2 + ...) 

>0 

Biomass devolatilization 

R1 

Char combustion 

C 2 + V 2 O 2 -*> CO 

-111 

Partial combustion 

R2 

c + o 2 -> co 2 

-394 

Complete combustion 

R3 

Char gasification 

C + C0 2 - 2CO 

+173 

Boudouard reaction 

R4 

C + H 2 0 -► CO + h 2 

+131 

Steam gasification 

R5 

C + 2H 2 —► CH 4 

-75 

Hydrogen gasification 

R6 

Homogeneous volatile oxidation 

CO + V 2 O 2 -> co 2 

-283 

Carbon monoxide oxidation 

R7 

H 2 + V 2 O 2 -*> h 2 o 

-242 

Hydrogen oxidation 

R8 

CH 4 + 20 2 - C0 2 + 2 H 2 0 

-283 

Methane oxidation 

R9 

CO + h 2 o <-> co 2 + h 2 

-41 

Water-gas shift reaction 

RIO 

Tar reactions (tar assumed C n and m ) 

C n H m + (n/2) 0 2 -*• nCO + (m/2) H 2 


Partial oxidation 

Rll 

C n H m + n C0 2 - (m/2) H 2 + (2n) C0 2 


Dry reforming 

R12 

C n H m + nH0 2 -* (m/2+n) H 2 + nC0 2 

Highly endothermic +(200 to 300) 

Steam reforming 

R13 

C n H m + (2n - m/2) H 2 -*• n CH 4 


Hydrogenation 

R14 

C n H m -> (m/4) CH 4 + (n - m/4) C 


Thermal cracking 

R15 


contribution of the net flow has no meaning, since solids and gas 
are lumped into a single component. The mass flows of solids tend 
to decrease at higher positions, accounted for by modeling of the 
entrainment and elutriation at different heights, giving e F (h). This 
ID single-flow model for the freeboard is often enough to describe 
the conversion in bubbling FBG. In CFBG a somewhat more 
complex, but still simplified, treatment is usually made by dividing 
the freeboard into regions as described below, based on the core¬ 
annulus model. This makes it possible to calculate the distribution, 
£f (h) as well as the solids flow in the freeboard by giving a ID 
formulation of a 2D flow situation (sometimes called 1.5 D models), 
and Eq. (16) can be used for both types of FBG. 

Boundary conditions are given by the composition and flow 
rates of the fluidization agent and of the solids fed to the reactor. 
Other boundary conditions necessary for the fluid-dynamic model 
are discussed below. The source terms of the reacting particles, i.e. 
chemical reactions and gas-solid transport coefficients, are dis¬ 
cussed in detail in Section 3. r gg and r gs are functions of h, and 
therefore the spatial distribution of particles involved in the 
calculations of these quantities, mainly char and devolatilizing 
particles, has to be known. Char is well mixed in the bottom bed, as 
discussed above, so a volumetric source equally distributed through 
the bed can be defined. On the other hand, the distribution of 
devolatilizing fuel particles depends on Da py discussed in Section 
2.2.4. For the limiting Da py , described in connection to Fig. 6 , the 
devolatilization reactions r gs can be simplified by identifying 
sources at specific locations (Case a and b), or by assuming the 
release of volatiles to be well distributed in the bed (limiting case 
within Case c). The intermediate Da py cases need further modeling 
of individual particles moving through the bed, as already dis¬ 
cussed (general Case c). 

In order to apply the conservation equations Eqs. (7), ( 8 ), (15), 
and (16) the key parameters have to be calculated from the fluid- 
dynamic model. In the bottom zone these parameters are: the 
(volume) fraction occupied by gas e x in the bottom bed, the fraction 
occupied by bubbles £b in the bottom bed, the fraction of gas in the 
emulsion phase, e e , the velocity of gas in the emulsion u e , the 
bubble velocity Ub and bubble size db. The distribution of gas in 
the phases is computed at any height by Eq. (14). In the freeboard, 
the corresponding quantity is £ F - Other variables appearing in the 
conservation equations, such as the coefficient of gas exchange 


between bubble and emulsion /<b-e» the specific surface of bubbles 
ab, the volume fraction of solid m, (j m , and others not explicitly 
written in the equations can be obtained from the variables 
mentioned, as will be shown in the following. 

2.3.2. Fluid-dynamic modeling 

This section establishes the distribution, the flow, and other 
properties of solids and gases in the reactor, needed to close the 
reactor models. The major part of the solids inventory inside an FBG 
is bed material (sand, dolomite, etc). The amount of char and 
devolatilizing particles is much less and is usually assumed not to 
have an influence on the gross solids flow-pattern, although its 
distribution throughout the reactor is given by the flow of the bed 
material. Therefore, the fluid-dynamics in an FBG are calculated 
using the properties of the inert solids. The bed material is 
distributed in different ways in bubbling and circulating FBG: the 
bottom bed contains most of the material in a BFB, whereas in a CFB 
the material in the bottom is about the same or less than that 
circulating in the freeboard. In addition, in the CFB there is some 
material in the external loop, i.e. in the return leg and downcomer. 
Depending on the operating conditions and on the geometry of the 
FB, different steady-state distributions are attained. Beside the 
superficial velocity and bed temperature, the way of operation 
should be known before the flow pattern can be established. The 
operation strategy could be such that the amount of bed material is 
conserved, and a constant pressure is maintained in the gasifier. To 
fulfill this condition, material has to be added during an increase of 
load and removed during a decrease of load. In the processing of 
fuels containing a high fraction of ash, bed material has to be 
removed from the bed to maintain the bed inventory. This can be 
made by continuous drainage or at intervals. Consistently, for low- 
ash fuels, bed material has to be added continuously with the fuel 
feed or at intervals through dedicated ports. 

The literature on the flow in FB is abundant [4,44,47,114-117]. 
Only the most relevant estimations needed for the solution of Eqs. 
(7), ( 8 ), and (16) are discussed here. In the following, modeling of 
the two main zones, bottom bed and freeboard, is carried out 
separately in both bubbling and circulating FB. 

2.3.2.1. Modeling of the bottom zone. Despite the observation of 
different time-averaged bottom bed voidages in bubbling and 
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circulating beds, the modeling of the two FB units is similar in fuel 
conversion devices, employing beds of Group B particles, provided 
that the correlations used are within their ranges of validity [117]. 

Neglecting a small influence of acceleration, the density of solids 
in the bottom zone at a height h is calculated by means of the 
pressure gradient [118] 

(,7) 


determined. This is made in terms of a dimensionless visible bubble 
flow, ^ [128]: 

u v = i(U 0 - Ue) (23) 

Combination of Eqs. (21) and (23) yields an expression for u t f in 
terms of 

Utf = (W)(Uo~Ue) (24) 


Consistently, the amount of bed material in the bottom zone 
becomes 
H x 

m x = J A B p p (\ - s)dh (18) 

0 

At every height ft, part of the gas flows through the emulsion 
phase, and the rest forms bubbles. The overall voidage is 

£ = f b + (1 - «b) £ e (19) 

The bubble velocity is estimated [47] to 


u b = u v + u br (20) 

where Ubr is the single bubble velocity in an infinite freely bed, which 
can be calculated according to Eq. (96) in Table 2. u v is the visible 
bubble flow defined as u v = £b Ub , which is equal to u v = (uo - u m /) 
according to the original two-phase theory. The velocity at minimum 
fluidization can be calculated by Eq. (98) where Re P) mf is obtained by 
empirical correlations [45,119] in Eqs. (99) and (100). Once u m /is 
known, £ m /is given by the Ergun equation [120], given by Eq. (101) in 
Table 2. The bubble size can be calculated with empirical correlations 
[121-124]. The two first are included in Table 2 (Eqs. (102) and 
(103)). There are alternative equations [4,24,44,114]. 

Various approaches have been followed to calculate the distri¬ 
bution of gas in the two phases of the bottom bed. Two main 
procedures are described below. Each of them has several alter¬ 
natives, depending on the assumptions made and the correlations 
used. In the following we discuss some alternatives, indicating the 
most suitable models for FBBG. 

2.3.2.1.1. Procedure 1. To find the fluid-dynamic parameters, 
some FBG models assume a constant superficial velocity through an 
isothermal bed without considering the effect of endogenous 
bubbles formed by the volatiles, which is strictly true in cold models. 
The solids mixing is considered even in the entire bottom bed, and 
the average porosity e (or bed density p) independent of height 
above the gas distributor. This porosity is calculated by time-average 
pressure difference between any two axial points in the range of 0 to 
H x . If the emulsion phase is assumed to be at minimum fluidization 
(s e = £ m f). £b is also constant with h to be in agreement with Eq. (19). 

The total fluidization flow supplied to the bottom bed, repre¬ 
sented by the superficial velocity u 0 , is divided into three parts: the 
flow in the emulsion phase, u e , the visible bubble flow, u v and the 
throughflow, u t f [117,126,127]. 


u 0 = U e + u v + U tf 


( 21 ) 


That is, a gas flow (u v + u t f) does not pass through the emulsion 
phase. Combination of Eqs. (20) and (21) and taking into account 
that u v = £b-Ub, lead to the following relation for £b- 


= 


1 


1 +> 1 + 


Ubr 


(Uo-Ue-Utf) 


( 22 ) 


Ubr is estimated by Eq. (96) and u e is usually assumed to be equal to 
£ m f, so to determine £b from Eq. (22), the visible flow u v has to be 


\p is correlated with measurements and presented as correlations 
(Eq. (104) [128] and Eq. (105) [125] in Table 2) so u v and u t f can be 
determined. Eq. (105) was introduced to remove the height- 
dependence of ^ (and so fb) calculated with Eq. (104), which was in 
disagreement with their measurements [125]. The factor/in Table 2 
is independent of height and correlated in the original model [125] 
to experimental data from bubbling beds in BFB units (/bfb) and 
thereafter for CFB units C/cfb) [117,125]. 

In summary, determination of £b is then made by Eq. (22), using 
u v and Ut/given by Eqs. (23) and (24). For instance, Eq. (106) in Table 2 
was obtained in [125] by using Eqs. (102) and (105) as correlations 
for db and i/', respectively. The original two-phase theory is a partic¬ 
ular case, where f = 1, u t /= 0, so u v = (uo - u m /) flows through the 
bubble phase and u m f through the emulsion. At very high fluidization 
velocity in CFBG for particles of Group B, the bottom-bed voidage 
levels out at a certain value provided that there is a sufficient amount 
of solids in the CFB-loop to maintain a dense bottom bed [118]. 

2.3.2.1.2. Procedure 2. In this method non-isothermal effects 
and generation of gas by reaction can be dealt with. £ is calculated 
through a bed expansion factor /b ex , defined as 

/bex = (25) 

/bex is calculated by empirical correlations such as Eq. (107) in 
Table 2, obtained by fitting measurements of various commercial 
BFB coal gasifiers [129]. It depends on height h because some of 
the variables appearing in Eq. (107) depend on h. Eq. (25) 
together with a correlation for/b ex , yields a relationship for £ and 
£ e . Some authors assume £ e = £ m f. Then £ can be directly esti¬ 
mated by Eq. (25) and Eq. (19) gives £b. Others calculate £ e by 
empirical correlations, such as Eq. (108) in Table 2 [130], and 
again, others have applied the gas conservation given by Eq. (14) 
to calculate F e , once Fb has been estimated by semi-empirical 
correlations (such as the one presented in Eq. (20)). In this 
method, the two-phase theory of fluidization determines the gas 
split near the distributor (h = 0), as an initial condition, but this 
theory is abandoned for positions above the distributor in order 
to allow gas generation and temperature variation with height by 
Eq. (14). 

2.3.2.1.3. Bubble-emulsion transfer. The coefficient of mass 
exchange between bubble and emulsion, /<b-e, has been thoroughly 
investigated. It has been assumed [47] that the mass is transferred 
by convective gas flow through the bubble and by molecular 
diffusion, and that there is no difference between the gas in the 
bubble and emulsion. An empirical correlation for /<b-e has been 
developed in analogy with mass transfer across the surface of 
a liquid droplet rising in another liquid, assuming that the gas in the 
bubble and cloud is thoroughly mixed [131]. The previous two 
models can be combined [44], introducing three phases, bubble, 
bubble cloud and emulsion, where two processes take place in 
series: gas exchange between bubble and cloud and between cloud 
and the emulsion. Experimental verification has demonstrated that 
models applying the convective mass transfer processes (David¬ 
son’s approach) yield excessively large values of /<b- e , whereas 
models implying that the mass transfer process is controlled by 
molecular diffusion [44,131 ] underestimate the mass transfer /<b-e 
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[4,51], mostly in the zone near the distributor where the bubble 
interaction is strong [132]. The previous experimental studies have 
been used [132] to suggest a combination of convective and diffu¬ 
sion processes: the clouds around the bubbles were included as 
part of the emulsion, resulting in Eq. (109), which is the most 
accepted correlation [4,44,45], since it appears to fit the measure¬ 
ments better that the others. Surveys on models and correlations 
have been published [4,24,44,45,51]. 

2.3.2. 1.4. Discussion. As seen, there is no universal method to 
model the fluid-dynamics of the bottom zone of an FBG. Many 
correlations are identical, but the hypotheses made may vary, 
especially those accounting for the flow pattern in the emulsion. 
Most correlations have been obtained in cold rigs without consid¬ 
ering the influence of the gas generated by reactions with solids. It 
is difficult to establish guidelines for choosing the correct model in 
each case, since the fluid-dynamic parameters have not been 
measured in the works where the FBG models were formulated. In 
most cases, only measurements of gas composition in the outlet 
stream are used for validation. 

In an FBG, the gas flow Fo increases with height ft due to release 
of volatiles and gas generated by char gasification. Also tempera¬ 
ture may affect the rise in Fo, especially near the gas distributor 
where a peak temperature (and so, higher uo) can be attained [24]. 
In this case de/dft =/= 0 and dp/dft =£ constant. Some authors have 
provided experimental evidence that the voidage of the dense bed 
depends on ft even in cold, non-reacting rigs [128,132,133]. Some 
authors [117] have argued that the gas flow through the emulsion 
phase, u e , is small compared to the primary gas flow and the 
influence of an error due to the assumption of e e = f m f is small. 
Experimental support for this statement has been published for FB 
combustors [125]. There is no clear evidence whether the state¬ 
ment applies to FB gasifiers, since the ratio of gas/solids in FBG is 
smaller than in combustors, whereas the ratio of gas produced to 
fluidization agent is larger. The latter enhances the impact on the 
flow pattern of the rapid release of volatiles in the form of 
endogenous bubbles. Only some works [91,92,134,135] deal with 
this question. However, these works investigated the flow pattern 
at minimum fluidization, which is quite far from the real situation 
in FBG, and quantitative extrapolation is questionable. Qualita¬ 
tively, though, the conclusions in [91,92] indicate that the fluid- 
dynamics of FBG are greatly affected by gas produced by reaction in 
the form of endogenous bubbles. Without dedicated measure¬ 
ments, a compromise between uncertainty and simplicity is rec¬ 
ommended: use Eqs. (7) and ( 8 ), where it is assumed that all gas 
generated by reactions of solids in the emulsion phase, together 
with the net flow generated by homogeneous reactions in the 
emulsion gas, is transferred to the ascending bubbles or forms new 
bubbles, consistent with the hypothesis that the emulsion remains 
at minimum fluidization. This avoids the difficult discussion on the 
gas-flow pattern in the emulsion, and the mass balance is fulfilled 
by Eq. (14). 

2.32.2. Modeling of the freeboard. The key concept of freeboard 
modeling is the quantification of the entrainment of particles from 
the bubbling bottom zone in the form of a steady solids flow 
through the freeboard and further through a circulation loop back 
to the bed. The state in the freeboard can be regarded either as flow 
of particles (F), flux of particles (G), density of suspension (p), or as 
voidage (e). 

Particles are ejected by the bubbles, especially by the wake and 
by bubbles coalescing at the bed’s surface. A fraction of the particles 
returns to the bed because their terminal velocity is greater than 
the gas velocity or because the terminal velocity is enhanced by 
clustering of particles. Most downflow of solids in the riser takes 
place along the walls. These phenomena exist in both bubbling and 


circulating FB. However, the importance of the backmixing of the 
two solids flows, i.e. a solids-clustering flow and a core/wall-layer 
flow in the upper part, can differ significantly between types of bed 
as discussed below. In BFB the superficial velocity is lower, but 
there is no fundamental difference in the fluid-dynamics of the 
freeboard in the two types of unit. The difference is in the relative 
contribution of the freeboard to the overall conversion processes: 
the amount of particles in the bed of a BFB is much higher than that 
in the freeboard, so most solid fuel transformations occur in the 
bed. In contrast, in a CFB, the particles in the bed are entrainable, so 
the solids circulation is larger and the significance of solids reac¬ 
tions in the freeboard increases: a great deal of the fuel conversion 
occurs there. 

The development of BFB preceded that of CFB and therefore 
a great amount of correlations for modeling of the freeboard are 
based on entrainment and elutriation in BFB (mostly obtained in 
lab-scale cold vessels). This has been demonstrated not to be 
sufficiently good for the estimations of CFB units [96], and a more 
complex modeling is developed for CFB. Here we present separately 
the freeboard modeling in the two types of FBs because of historical 
reasons. However, it is demonstrated here how the classical 
modeling of BFB [44] is just a particular case of a more general 
model treating CFB units. 

2.3.22A. BFB freeboard. The entrainment rate of particles at 
height ft, that is, the flux of particles G, can be empirically repre¬ 
sented by [44,136] 

G = Goo + (Gx - Goo )exp( - a(ft - H x )) (26) 

where G x , is the entrainment flux of particles at the surface of the 
dense bed (ft = H x ) and Goo is the particle flux in an imaginary long 
column, whose height is higher than the transport disengaging 
height. There are few correlations for direct estimation of G x . Eq. 

(111) in Table 2 presents the most widely used correlation for G x in 
modeling of bubbling FB combustors and gasifiers [136]. Goo is 
estimated by empirical correlations for the elutriation rate coeffi¬ 
cient, Foo (Foo equals the saturation carrying capacity, i.e. entrain¬ 
ment at heights above the transport disengaging height, i.e. Goo = 
Foo). Numerous experiments have been conducted to determine the 
elutriation rate constant for different particle sizes i, Fi i00 . For 
a distribution of particles in the bed, Foo is calculated as Foo = ^2E[ f00 
Xi,b, where Xj t b is the mass fraction of particles i in the bed. 
Compilation of correlations for Fi t00 under different operating 
conditions are available [4,44,90]. Many of them relate the elutri¬ 
ation coefficient to Uo - u t . There is a large disagreement between 
experimental data and correlations for specific elutriation fluxes, 
and these empirical correlations should be used carefully within 
the experimental conditions for which they have been derived. A 
correlation [137] for solids density from 920 to 5900 kg/m 3 in FB up 
to 0.9 m diameter using gas velocities up to 4 m/s, is shown in Eq. 

(112) (Table 2). 

In accordance with the flux, a similar relationship expresses the 
particle density at height ft (or loading p = G/u p ) as 

P = Poo +(Px-P»)exp(-a(h-H x )) (27) 

where p x = p p (l - e x ) is the cross-section average suspension 
density at the surface of the bed ft = H x and poo is the density above 
the transport disengaging height. 

In summary, the fluid-dynamic modeling of the freeboard in 
a BFBG is given by Eqs. (26) and (27). This allows estimation of the 
particle flux and density profiles along the freeboard as a function 
of the parameters: a, poo, p x , G x , and Goo (=£«). The decay coefficient 
a is assumed to depend on superficial velocity and to be indepen¬ 
dent of particle size. It is determined by empirical correlations, 
ranging from 3.5 to 6.4 m -1 [44]. poo is in the order 10 _3 -10 4 for 


464 


A. Gomez-Barea, B. Leckner / Progress in Energy and Combustion Science 36 (2010) 444-509 


most BFBG, while p x is the result of the bottom zone model 
developed above. For estimation of G x , the correlation in Eq. (Ill) 
can be used as a result of available correlations and Goo is estimated 
by empirical correlations for the elutriation rate coefficient, E for 
instance Eq. (112) from [137]. Since there is a large disagreement 
between correlations for G x and they only should be used 
within the ranges of the experimental conditions for which they 
have been derived; otherwise dedicated experiments for a given 
system are recommended. This point is critical if entrainment plays 
a decisive role for calculation of the gasification performance, i.e. 
for high char entrainment with severe fragmentation, producing 
a great portion of elutriable char fines. 

2.32.22. CFB freeboard. The freeboard of a CFB can be divided 
into a splash zone, a transport zone and an exit zone. Particles are 
thrown out of the bottom bed by bubble eruptions and/or are 
carried away by the gas. The bubble eruptions form a splash zone 
with high back-mixing of particles. Above the splash zone, suffi¬ 
ciently small particles are carried away by a saturated flow of gas, 
and the clustering back-mixing in the core of the transport zone is 
small. Instead, particles are transported from the core into the wall 
layers, where the gas velocity is smaller, and they fall downwards. 
This second mechanism is dominant far away from the splash 
zone [117,138]. 

The transfer of particles from the core to the wall results in 
a decay of the average solids density with height. In the splash zone, 
the concentration changes from a typical average particle volume 
concentration (1 - e x ) at the top of the bottom bed of 0.3-0.4 to that 
in the transport zone, which ranges from 0.001 to 0.01 at full load 
operation. There is also a variation of flux and density in the hori¬ 
zontal direction. The vertical flow is upwards in the core and 
downwards at the walls. The difference in horizontal flow profiles 
between risers with different aspect ratios (height to diameter 
ratio) is notable: it is parabolic for narrow and tall risers, while the 
profile is flat for risers with small aspect ratio. It has been argued 
[139], based on a comparison of available literature data, that this 
difference between broad and narrow risers could depend on the 
fact that the profile is still developing in the broad risers, which 
have a small height to width ratio, whereas it is developed in risers 
with a large aspect ratio. It is suggested that above a certain, yet 
unknown height to diameter ratio, the flow of particles into the 
wall-layer will be compensated for by an equally large flow out of 
the wall-layer, and above that level the vertical particle suspension 
density will be constant with height. 

Fig. 9 illustrates the main solids flows in the transport zone of 
a FB by distinghishing between the upward flow in the core, F c , and 
the downward flow in the layer, F w . The upward flow of particles in 
the transport zone is F c = G C A C where G c is the particle flux and A c 
the cross-section area of the core (index c). Due to transfer of 
particles between the core and the wall layer (illustrated in Fig. 9) 
there is a change in the ascending flow given by 

—dF c = 27rF c d/i(/< w Pw — ^cPc) (28) 

where R c is the radius of the core (a circular section is assumed), d/i 
a height element and k w /c are unknown transfer coefficients related 
to the particle concentration p c / w in the core and wall layer. The 
transfer mechanisms may be deposition and diffusion, but little is 
known about them, so a net transfer coefficient /< c - w p c = k w Pw - k c Pc 
is introduced. The wall layer thickness is small compared to the 
equivalent radius of the freeboard, and integration of Eq. (28) from 
the top of the freeboard (index o) to a height h yields 

G c =p 0 A c (Uo-u t )exp(-/C(h-H)) = G co exp(-/C(/i-H)) (29) 

where the integration has been made by defining a “decay” constant 
I< = 4/< c _ w /(2F c (u - t/ t )) assuming that the flow in the transport zone 


is rather dilute, so that the terminal velocity of a single particle u t can 
be used to determine the slip velocity u p = u 0 - u t . This allows 
formulating a relationship between particle flux and suspension 
density. 

G c = p c (u 0 - Ut) (30) 

At any height F w + F c = F wo + F co holds, so the downward flow at 
the wall becomes 

F w = F wo +Fco(l -exp(—K(h-H))) (31) 

Without exit effects in the riser, F wo is zero and F co = GA F is equal to 
the net solids flow, which at this height is equal to the external 
recirculation flow. However, most CFB have a more or less abrupt 
exit, and a fraction of solids fails to leave the exit. Therefore F wo can 
be described in proportion to G as F wo = -l<bGA F [140] and the flow 
Fwo + F co partly leaves the riser to the separator, (1 - /<b)GA F , and is 
partly reflected back from the roof, -/<bGA F . Therefore the exit of the 
riser acts as a separator with separation efficiency 77 sep = /q>/ 
(1 + kb). The wall-flow can now be written as: 

F w = A f G[ 1 - (1 + k b )exp(-K(h - H))j (32) 

To sum up, calculation of the solids flow is made as follows: F c is 
calculated by F c ~ G C A F , where G c is estimated by Eq. (29) if no 
direct measurements are available. F w is then calculated by Eq. (32) 
and /<b is estimated by measurements [139,140]. u t is given by 
correlations (Table 2) and the “decay” constant I< is usually corre¬ 
lated experimentally (Eq. (114)), as discussed below. 

It is important to know how the bed material is distributed in 
the riser, as expressed by the vertical and horizontal density 
profiles. On the basis of Eq. (30), the suspension density in the core 
of the transport zone can be obtained from Eq. (29) 

Pc Pco exp (—K(h — H)) (33) 

There is a relationship between the suspension density in the core 
p c and that at the wall p w in the transport zone. Therefore, it is 
possible to relate p c to the cross-section average density p av = bp c 
where b ~ 2 [141 ], a ratio that is rather constant over a vide range 
of densities, as illustrated in Fig. 10, which also shows that the 
suspension density of the wall layer is higher than that of the core. 
Eq. (33) is then 

Pav = Pavoexp(-JC(h - H)) (34) 

with p a vo being the average density at the top. To keep the notation 
simple, in the following the subscript ‘av’ will be omitted. 



Fig. 9. Particle flows in the transport zone of an FB. 



















A. Gomez-Barea, B. Leckner / Progress in Energy and Combustion Science 36 (2010) 444-509 


465 



Average solids volume fraction 

Fig. 10. Local solids volume concentrations at a plane vertical wall layer and in the 
core versus cross-section average solids volume concentration in a CFB. The cross- 
section average density p av is about 2p c where p c is the suspension density in the 
core (After Zhang et al. [141] who collected data from own measurements and other 
sources). 


Close to the bottom bed, the particle concentration is also 
affected by the contribution from ejection of particles by the 
bubbles followed by a back-flow of coarser particles (as in the 
bubbling FB). The corresponding density profile from the splash 
zone must be added to the density of the transported flux of 
particles, described by Eq. (34). Therefore, in the modeling of 
average axial density profiles through the splash zone down to the 
surface of the bottom bed, both mechanisms are accounted for: 

p = p bx exp( - a(h - H x )) + p 0 exp(-JC(h - H)) (35) 

Pbx is obtained by applying Eq. (35) at the bed surface where the 
two components of particle density are assumed to coexist: p bx = px 
- Pox- Px is given by the above mentioned bottom-bed model and 
Pox is calculated by applying Eq. (34) at h = H x : p ox = p 0 exp(-I<(H x - 
H)). The decay constants a and I< have been determined empirically 
[140] as indicated in Eqs. (113) and (114) in Table 2 and further 
illustrated in Fig. 11. 

Fig. 12 shows how p (Eq. (35)) is obtained by summing up the 
two contributions. The first part of Eq. (35) is the contribution of 
the splash zone, caused by the particles thrown up by the move¬ 
ment of the bed, similar to the classical form proposed by Lewis 
and others, typical for the bubbling bed, shown in Eq. (27). The 
second part of the Eq. (35) is the contribution from the riser flow 


above the splash zone extrapolated to the surface of the bed. If the 
transport mechanism is neglected in Eq. (35), the second term 
vanishes and p x = p bx . In this case Eq. (35) equals Eq. (27), which is 
valid since poo is negligibly small for both the splash zone and for 
the transport zone, as illustrated in Fig. 12. Elence, Eq. (35) is 
a general empirical representation of the fluid dynamics of the 
freeboard in an FB, valid for both circulating and bubbling FB units, 
whereas Eq. (27) is a simplification that takes into account only 
one mechanism of backmixing, usually applicable for bubbling 
units. In BFB the decay in solids concentration above the bed is 
a direct function of the superficial velocity as shown in Eq. (113) or 
by auo = constant [44]. The influence of superficial velocity on K 
has also been observed in circulating systems [139]. In large scale 
CFB it has been found that K ~ 1/H fits measurements better, 
suggesting that the decay mechanism depends only of the riser’s 
height and not of the superficial velocity [138]. In [138] 
measurements on average suspension density were compared for 
various large-scale CFB boilers and the agreement of Eq. (35) 
compared with Eq. (27) was shown. Despite this experimental 
evidence, Eq. (27) instead of Eq. (35) is still sometimes used for 
freeboard modeling of CFB units. 

To sum up, the axial density profile in the freeboard of a CFB can 
be represented by Eq. (35) and that of a BFB by the first part of 
Eq. (35) or by Eq. (27). The decay constants are obtained by Eqs. 
(113) and (114), Fig. 11, or by measurements. The suspension 
density at the top of the riser p 0 is the most uncertain parameter. It 
can be estimated, though, from the circulating flux G assuming 
Eq. (30) to be valid if G is not measured. Alternatively, an estimate of 
p 0 is obtained from pressure measurements along the riser. Clearly 
Eq. (30) is not valid at the walls where Uo < u t and the particles fall 
down. This means that dp/dft = -pg is difficult to interpret, and so, 
the determination of p from pressure drop measurements is 
uncertain. Elowever, in a large riser this seems to be of minor 
importance. Finally, in the equations, the bottom bed parameters p x 
and H x are obtained by the bottom bed model presented above or 
by direct measurements. 

2.3.3. Extensions 

The range of validity of FM is discussed as follows. Extensions of 
the model deal with size distributions of different types of solids, 
and with multidimensional, non-isothermal and non-steady 
effects. Inclusion of such improvements in FBG models can be 
useful for more precise knowledge of the process; however, a large 
quantity of input data, often not available, is needed. Dedicated 
experiments, seldom carried out in large FBBG, are necessary for 
determination of some inputs and also for validation. Therefore, 
only when predictions with simple 1D isothermal models are not 





Fig. 11. Decay coefficients a and I< for different bed particle sizes. (After Johnsson and Leckner [140]). 
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sufficiently good, models including these extensions should be 
formulated together with consistent input data. This is further 
discussed in Section 4 where the capabilities of published FBBG 
models are compared. 


23.3A. Particle size distribution. In addition to the spatial distri¬ 
bution of solids, there is a particle size distribution. Several 
phenomena affect the original particle size distribution of the feed, 
such as gas-solid reactions, entrainment, fragmentation and 
generation of fines by attrition. The most common solids in FBG are 
inert sand, fuel, and catalyst for tar removal, such as dolomite, lime 
or other. Consideration of the devolatilizing fuel as an individual 
type of solid is important. Despite this, it is not done in most of FBG 
models. We have shown in connection to Fig. 6 that such 
a distinction should be made, at least for the choice of a simple 
model. In a bubbling FBG, most of the solid fuel is expected to be 
converted in the bottom region, and the approach that will be 
developed below is valid for the devolatilizing fuel particles too. In 
contrast, in a CFBG, when a considerable fraction of fuel is elutriable 
at nominal operation, an extension of this treatment should be 
made, as discussed in Section 23.3.3. 

Let a particle of kind m and of size l be named as a particle of the 
m,/ class. The flux and density relationships defined above for the 
freeboard (Eqs. (26), (27), (29), (32), and (35)) can be used for 
a particle of the m,l class at height ft, provided that the corre¬ 
sponding mass fraction, x mt i is known. For instance: G m> i = Gx mi i, 
Pm,i = px m ,i, etc. Therefore, the model developed above is directly 
applicable if the decay constant and boundary conditions at the 
surface of the bottom bed and at the top of the freeboard are 
formulated for a particle of the m,l class. In order to calculate the 
mass fraction of a particle of the m,/ class at steady state in the 
bottom bed, a population balance for each solid m is formulated: 


Fm,l,in + F, 


m,gain 


= f t 


m,l,out T- F m i i oss 




m,l 


(36) 


The sum of Eq. (36) for all sizes l yields Eq. (15). The meaning of 
each term in Eq. (36) can be described as follows: 


- Fm, i,in is the contribution from the feed streams F mt // S and the 
recirculation or recycling stream, F m> i >re o 


Fm,l,in — F m i f s + F m i rec (37) 

The recycling stream F mi i >re o depends on the stream leaving the 
freeboard and the split ratio applied in a mechanical valve or 
similar, and on the efficiency of the particle separator (cyclone). The 
cyclone efficiency as a function of the main geometry parameters 
and operating temperature of the cyclone can be computed by 
various methods [142-144]. 

- Fm^out is the loss due to forced withdrawals F m ,i, W ith and to 
entrainment at the surface of the bed F mi i >en t‘ 

Fm,l,out = F m i w ith + F m i ent (38) 

The fraction m,l of particles in the n withdrawal streams is equal 
to that in the bottom bed x mi i t b as long as perfect mixing is assumed 
in the bed. The net entrainment at the surface of the bed, consistent 
with the freeboard model derived, is: 

Fm,l,ent = *m,l,c^c,x — *m,l,wFw,X5 (39) 

or 

Fm,l,ent = *m,l,x^ x — *m,l,ooFoo , (40) 

if the simplified model for BFB, given by Eqs. (26) and (27) is used. 
The fraction m,l of particles in the entrainment flow of an BFBG 
(ID model), is equal to that in the bottom bed x m> i t b as long as 
perfect mixing is assumed in the bed. In a CFBG, a distinction is 
made because both particle size distribution and composition of 
the downward wall-layer flow F w differs from those in the upward 
flow in the core F c and also from those in the bed. 

- F m> g a in and F m> i 0 ss are the gain of particles of the m,/ class due to 
the attrition and fragmentation of particles from superior levels 
(size > /) and the loss of particles of the m,/ class to inferior 
levels (size < /). The rate of production of fines by attrition and 
fragmentation is discussed in Section 3. 

- \ is the consumption by chemical reaction of particles of 
m,l class. This term depends on the conversion model of the 
particle and, besides the influence of the operating condi¬ 
tions, it may strongly depend on the size and other physico¬ 
chemical properties of the solid. This topic is developed in 
Section 3. 


2.33.2. Non-isothermal effects. In the model presented, the bed 
temperature is input, and the temperatures of gas and solids are 
assumed to be equal. Heat balances can be formulated to give 
a step forward in the capability of prediction of a gasifier. There 
are several approaches depending on the aim: (1) overall heat 
balance over the reactor [65], (2) overall heat balances over 
regions, such as bed, secondary-air injection zone, and freeboard 
[110], (3) distributed single-phase heat balances over the various 
regions without distinction of solids and bubbles in the bottom or 
solids and gas in the freeboard, and finally (4) distributed heat 
balances over the phases and along the zones of the reactor, 
including heat and mass transfer between bubble and emulsion, 
gas and solid particles, and heat transfer across the external 
reactor surface (to calculate the heat losses) [28,66,67,145,146]. 
Models of Type 4 are, in principle, the most convenient for accu¬ 
rate prediction, giving details of temperature profiles for solids 
and gas phase reactions in the phases along the height of the FBG. 
Extreme cases (Type 1 and Type 4 models) are formulated in the 
following to serve as a basis for discussion when comparing 
published FBG models in Section 4. 
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A model of Type 1, overall heat and mass balances, can be 
formulated as inlets = outlets + losses. For heat, this balance can be 
written 


n sp n fs n sp n os 

£ £ f ijHij = £ £ F > j«i j + Qioss (4i) 

i = lj = 1 i = lj = 1 

The left-hand side is total sum of energy entering the bed: 
species (index i) in the feed streams (index j) including solid 
streams, i.e. fuel, catalyst, inert, etc and the gas feed streams, i.e. 
fluidization agent, secondary injection of air or oxygen, recircu¬ 
lated produced gas, etc. nf S , n os and n sp are, respectively, the 
number of feed and outlet streams and the total number of 
species in the system. The right-hand side is the energy carried 
by gas and solid products leaving the bed, and the net heat 
loss from the fluidized bed to the surroundings Qioss- The latter 
can be treated as an input parameter [65] or alternatively, it 
can be calculated on the basis of reactor temperature, type 
and thickness of insulation and dimensions of the reactor. A 
stream j in Eq. (41) can contain m solids, depending on the 
arrangement of the feed system. A recirculation stream is not 
included in the streams of Eq. (41) because that would be an 
internal stream. 

In a model of Type 4, exemplified by [66], a ID isothermal model 
of the phases is formulated as follows. For the gas in bubble and 
emulsion phases, the heat balance over a differential volume of 
height h in the bottom bed yields, 


1 d(F b H b ) _ 

A b d h % ~ e 


(42) 


Ab ”dh ^ _ — £ e)(l — — T e ) 

+ Uw(Te — T ex t) ~ Qb-e ( 43 ) 

The term qb-e arises from the heat exchange between the bubble 
and emulsion phases, 

Qb-e = £ b a b^b-e(Te ~ T b ) + / n g,iCp,ng(7e - T b ) (44) 

H e and Hb are the enthalpies of the emulsion and bubble phases 
including the enthalpies of all species i in respective phase: 

Hb/e = £>i,f ,/eHi (45) 

i 


Boundary conditions necessary for Eqs. (42) and (43) are simply 
formulated from the heat input with the gas and solids feed 
streams and are not explicitly written here. The boundary condition 
for the gas temperature at the distributor (ft = 0) is more complex. 
In general, a heat balance from the gas in the plenum to the gas at h 
= 0 is formulated. A heat transfer coefficient has to be calculated for 
this zone, since the condition of heat transfer differs from the one in 
the bed [44,67]. For model estimations, a flux of heat losses can be 
assumed as a parameter to see the influence of this boundary 
condition. 

For any of the m solids in the bed, the heat balance for a particle 
of type m is formulated in analogy with Eq. (14) as: 


( m )rn,in,B _ ( m )rn,out,B 

(T s ,m-T e )dh 


H x 

J ^bO — f e)(l — £b)^mfrgs,m 


(47) 


For the freeboard, the heat balance formulation is written as: 


= U W ( T F -Text) (48) 

Eq. (48) considers the solids and the gas in the freeboard as one 
isothermal phase, similar to the mass conservation equation, Eq. 
(16). As a result, the flow F f and enthalpy H F are the sum the heat 
contents of the species in the gas and in the solids at height h. The 
boundary condition for Eq. (48) is obtained by the flux and 
temperature coupled to the bottom bed model at h = H x . 

The solution of the model formulated gives the spatial profiles of 
gas species in the bubble and emulsion phases. This type of infor¬ 
mation is rarely validated by measurements (instantaneous profiles 
of gas in the emulsion, solids m in the emulsion and gas in the 
bubbles, etc, have not been measured in large FBG, and not even in 
small devices). As a matter of fact, this criticism also applies to the 
isothermal model (also in this case there is a lack of solids 
concentration profiles and other data). The achievement made by 
including non-isothermal effects in a model of Type 4, i.e. given by 
Eqs. (42)-(48), has not been proven to be much better than models 
of Type 1 given by Eq. (41). 

To sum up, the Type 1 model should be formulated first, if 
estimation of the loss can be made. Only if sufficient input data are 
available, a non-isothermal formulation in the form of Type 4 
model should be developed, for instance, in case heat transfer 
controls the rates of the mass and heat sources. 


Hi is the enthalpy of the i species, accounting for the sensible heat 
and chemical energy: 

Hi(T) = Hf j + c p i(7 - To) (46) 

For the gas in the bubble phase, Eq. (42) reads as follows: the 
enthalpy of the gas in the bubble changes due to the net rate of heat 
transfer from the emulsion by convection (with coefficient ftb-e) 
and to the accompanying net flux/ ng . In the emulsion (Eq.(43)), the 
enthalpy changes by the net rate of heat transfer from the solid 
particles (by convection with coefficient h gs ), the bubbles (by 
convection with coefficient hb-e and by the net flow) and by 
exchange with the surroundings (with the overall heat-transfer 
coefficient U w ). U w is calculated by taking into account the three 
mechanisms of heat transfer in series: bed to wall (with film 
transfer coefficient ftb-w). conduction through the solid insulation 
blanket and free convection caused by the environment (at Text)- 
Correlations for estimation of hb-e, hgs and hb-w can be found in the 
literature [4,24,44]. 


2.3.33. Further improvements. Further extensions are sometimes 
necessary when formulating FBG models. They are briefly discussed 
as follows: 

- Modeling the region near the distributor. Most authors have 
integrated this zone into the model of the bottom zone due to 
the complex processes taking place there simultaneously: 
devolatilization of the fuel, rapid oxidation accompanied by 
drastic changes of temperature, concentrations, and agglom¬ 
eration of bed material, etc. Some investigators explicitly 
modeled this region [65,147] and estimated the jet penetration 
and transfer coefficients for heat and mass [147]. Gas is 
distributed in a similar way as discussed above (application of 
the two-phase theory of fluidization at h = 0 and application of 
overall gas conservation consistent with the gas generation). It 
has been shown that the jet penetration hardly influences the 
process in large-scale systems, where bubble cap distributors 
are used, and jets are not formed, so this model seems not to be 
necessary for practical applications. 
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- Modeling the zone near the feed port. When modeling the 
source terms, the transient heating of the devolatilizing parti¬ 
cles and the oxidation of volatiles by the entering oxygen are 
probably the dominant processes in this zone. This, of course, 
depends on the exact geometry of the feed port and the 
physical properties of the injected fuel. In general, despite the 
great importance of this region for correct operation of an FBG, 
modeling is not well suited to the FM approach, because many 
of the fluid-dynamics correlations used are based on lumped 
cold models (bubble size and velocity, expansion factor, 
throughflow, etc). In addition, very few measurements are 
available for validation in FBG, especially in large units [147]. It 
seems better to analyze this zone by means of CFD models, 
where fluid motion is considered in a consistent way. Flowever, 
experimental verification is still necessary. Similar discussion 
could be made for the splash, exit and cyclone regions in FBG, 
especially in CFB. 

- Modeling the spatial distribution and age population of 
devolatilizing fuel. When a considerable fraction of the fuel 
is elutriable during devolatilization, the treatment should be 
extended by a population balance of the devolatilizing fuel 
over the whole reactor. This would give the distribution of 
devolatilizing particles along the riser, and so, the generation 
of volatiles in the riser. In this case a more complex model is 
needed. A rational approach has been presented for 
combustion of biomass in a CFB [77] where two kinds of 
particle were distinguished: large non-elutriable fuel parti¬ 
cles and fine fuel particles of elutriable size. The non-elutri¬ 
able fuel particles were assumed to devolatilize uniformly in 
the bottom bed, whereas the elutriable fuel particles devo¬ 
latilized all along the riser. To determine the distribution of 
elutriable fuel particles in the zones of the riser, an age 
population balance of devolatilizing fuel particles should be 
formulated, coupled to a kinetic model for drying and 
devolatilization, as discussed in Section 3. This approach has 
not been applied to FBG, despite the fact that the fuel 
distribution along the freeboard can strongly influence the 
composition of the product gas, specially the tar content and 
composition. 

- Two-dimensional modeling the freeboard. In this work, the 
fluid-dynamics in the freeboard have been formulated on the 
basis of a 2D structure. However, once the flux of materials in 
the wall layer and core was estimated, a pseudo-ID formu¬ 
lation for the net flux and density of solids along the riser 
was made. Consistently, in the conservation equations for the 
freeboard, a single-phase ID model was expressed by Eqs. 
(16) and (48). This implies that particles and gas species are 
evenly distributed over a section at height h of the freeboard. 
In addition, in Eqs. (16) and (48) the gas and solids were 
lumped, so no distinction was made between them. However, 
in CFBBG, the reacting gas environment in the wall and core 
has been found to be different [70,76,103]. Moreover, the 
particle size distributions in the wall layer and the dilute 
zone of the transport zone are known to be different. As 
a consequence, an extension by consideration of two phases 
in the freeboard (instead of lumping the gas and solid as in 
the model developed above), formulated with an explicit 
distinction between gas and solids and with some exchange 
of gas, could be necessary. In addition, different particle size 
distributions in the wall and core zones might need to be 
accounted for. This type of model, to the best knowledge of 
the authors, has not been published for any CFBBG, although 
measurements made in CFBBG suggest that it could be useful 
for better understanding of the performance of a reactor 
[70,76,77,103]. 


3. Modeling of the source terms 

The model of mass and energy transport in the gasification 
reactor, Eq. (1), contains source terms that handle the production or 
consumption of fuel, char or gas. The development of submodels to 
predict these source terms is presented in this section. The ther¬ 
mochemical transformations of the main species C, H, and O are 
treated, but prediction of the fate of other minor species, such as 
nitrogen, sulfur, chlorine, alkali and heavy metals is not dealt with. 

3.1. Chemical reactions during gasification 

Fig. 13 resumes the processes occurring in an FBG. The main 
chemical reactions are listed in Table 3. The energy for heating the 
fuel to reactor temperature and for satisfying the endothermic 
reactions is provided by combustion of part of the fuel. Reaction R1 
in Table 3 is primary pyrolysis or initial devolatilization, where char 
and volatiles are formed. The volatiles include non-condensable 
gases, such as CO 2 , H 2 ,..., condensable volatiles (tar), and water 
(chemically bound and free water). After primary decomposition, 
a variety of gas-gas and gas-solid reactions take place: secondary 
pyrolysis, during which the tar may oxidize (Rll), reform (R12 and 
R13), and further react by cracking (R15), dealkylation, deoxygen¬ 
ation, aromatization and formation of soot by polymerization. 
Primary and secondary tar conversion processes can be homoge¬ 
neous and heterogeneous, occurring inside as well as outside of 
a particle. The tar conversion can be catalyzed by solids added to 
the bed (dolomite, olivine, etc) or simply by the carbonaceous 
surfaces in the devolatilizing particles. The light hydrocarbons 
(CH 4 , C 2 +) and other combustible gases (CO, H 2 ) may react by 
reactions (R7-R9), and the char may react with 0 2 (R2 and R3), C0 2 
(R4), H 2 0 (R5), and H 2 (R 6 ). The rates of char gasification with H 2 0 
and CO 2 are orders of magnitude lower than those of primary 
pyrolysis: it takes tipically a minute to gasify more than half of the 
char at temperatures below 900 °C [148]. In comparison, conver¬ 
sion of volatiles is rapid [6,7]. When pyrolysis takes place in an 
atmosphere containing steam and 0 2 , the 0 2 is consumed prefer¬ 
entially by combustion of the volatiles, leaving steam and char. This 
is the main reason for the relatively low carbon conversion in FB: 
the absence of 0 2 in most reactor zones and the sole presence of 
H 2 0 and C0 2 make it difficult to completely convert the solid char 
into gas at low temperature (below 900 °C) within the typical 
residence time of fuel in an FBG. 

3.2. Outline of the modeling procedure 

A biomass particle fed into the reactor becomes a source of char, 
gas and tar for the comprehensive reactor modeling developed 
above. The chemical reactions and processes should be predicted 
quantitatively, but due to the complexity of the conversion situa¬ 
tion, simplifications have to be developed. How this is done by 
modelers, is dealt with in the following. 

A scheme is developed to follow the gaseous species, tar and 
char, along with the conversion of a particle, and with the processes 
in the reactor. This leads to a distinction between primary and 
secondary conversion. In Fig. 14a a control volume (solid line) is 
extended over the particles to indicate generation, including the 
various process steps and products. Subsequent conversion is 
contained within the dashed line. Generation (primary conversion) 
includes devolatilization inside a particle in the absence of oxygen, 
whilst the subsequent conversion (secondary conversion) consists 
of extraparticle processes: oxidation, cracking, and reforming of the 
gases. Due to the fast release of volatiles, the gasifying agent 
surrounding the particles has only a small impact on the devola¬ 
tilization itself, which then occurs in an inert atmosphere as in 
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pyrolysis. In contrast, the volatiles released from a particle are 
converted in the bulk gas, where the presence of oxygen and steam 
(just to mention the most influencing reactants), leads to oxidation 
and reforming reactions. Correspondingly, the conversion of a char 
particle is also treated in two steps. Inside the solid line in Fig. 14a, 
a mechanism for primary pyrolysis is represented, where char, tar 
and gases interact. Serial and parallel reactions take place, yielding 
primary gases, tar and char, represented by “1”. In the secondary 
conversion, delimited by the dashed line, charl reacts with gasesl, 
such as C0 2 , H 2 0, and yields char2 and gases2 (CO, H 2 ). The inter¬ 
relation between the species is not shown for the sake of clarity. 

The distinction made between intraparticle/primary conversion 
and external/secondary conversion is not perfect. For instance, the 
intraparticle processes could include steam reforming of tar that may 
occur already in the pores of the particles. Similarly, some oxidation 
of char may take place, especially towards the end of devolatilization. 
Nonetheless, the approach can be adopted if experimental kinetics, 
yields, and other input data are consistent with the modeling. The 
approach allows decoupling of processes if their reaction times are 
different, and this becomes a practical and consistent way to model 
the complex system. The strategy of modeling is outlined in Fig. 14b, 
distinguishing primary (“1”) and secondary (“2”) char, gas species, 
and tar. The prediction of the yields of these species is the subject of 
the following sections, which are organized as follows: firstly, 
products from primary pyrolysis (including drying) are expressed as 
a model of the box within the solid line of Fig. 14b. This is done in 
Section 3.4. Secondary reactions, are modeled by distinguishing the 
following reaction processes: heterogeneous conversion of char by 
oxidation (with 0 2 ) and gasification (with H 2 0, C0 2 ) (Section 3.5), 
size reduction of fuel and char during conversion (Section 3.6), 
homogeneous reaction of light gases (oxidation, reforming, etc) 
(Section 3.7), tar conversion, mainly reforming and oxidation, in the 
form of heterogeneous and homogeneous reactions (Section 3.8). 
First, the boundary conditions for heat and mass transport to the 
particles in an FBG are discussed (Section 3.3). 


FBG, active and non active (inert). Particles are active if they 
participate in the conversion processes, like fuel and char. If not, 
they are inactive, like inert bed material. The boundary between the 
emulsion phase of the bed and the active particles contained in it 
couples the particles to the source terms of the reactor model 
developed in the previous section. 

The rate of heat and mass transport from the bulk gas (emulsion 
in an FB) to the surface of a particle immersed in the gas is calcu¬ 
lated from the gradient in the gas at the particle surface (+s), which 
is given in dimensionless form by 



Nu 


(49) 


9Q 
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Sh 
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where X = x/x 0 , 6 = {T - T goo )l{T s - T g00 ) and Cj = (q - c g ioo)/(c S i - 
c g ioo) are the dimensionless size of the particle, x 0 = L e the equivalent 
particle diameter,and the dimensionless temperature and concen¬ 
tration of species i. Nu = hx 0 /A g and Sh = /i m x 0 /D g i are the Nusselt and 
Sherwood numbers. The temperature and concentration in the gas 
far from the particle are T g00 and c g ioo and those at its surface T s , and 
c S i. Fleat and mass transfer dimensionless groups (Nu and Sh) for 
a fuel particle (an active particle) in a fluidized bed of passive, inert 
particles have been summarized [149] based on [89], in Table 4. The 
relationships are valid for large active particles (d a /di n >> 1, index 
‘large’) or for active particles of the same size as the bed particles (d a / 
d^ ~ 1, index ‘1’). Simple interpolation yields heat and mass transfer 
coefficients Nuj n and Shi n for d a /dj n > 1, which in the case of spherical 
particles are: 


( Nu in Nu in i arge ^ _ /d in \ 2 / 3 
(Nu, - NUi n i arge ) \ d J 


3.3. Mass and heat transport at the particle scale 

The heat and mass transport to, from, and inside a particle is 
modeled with the same equation as used for the reactor (Eq. (1)), 
but now applied to a particle. There are two kinds of particle in an 
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Table 4 

Correlations for Nu and Sh to estimate the mass and heat transfer coefficients 
between gas and particles in FB [89,149]. 


Nu inlarge = 0.85Aif n 19 + 0.006Aif n 5 Pr° 33 

(115) 

Sh in ,large = 0.009Alf n 5 Sc° 33 

(116) 

Nil! = 6 + 0.117Aif n 39 Pr 033 

(117) 

= 2e mf + 0.117Arf n 39 Sc° 33 

(118) 

Nu a = 2 + 0.6Re° t 5 Pr a33 

(119) 

Sh a = 2 + 0.6Re2t 5 Sc°' 33 

(120) 
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Fig. 14. Primary and secondary conversion processes, (a) Simplified model indicating 
primary (solid line) (resulting species indicated by “1”) and secondary conversion 
processes (dashed line) (species indicated by “2”) (b) Simplified model concept. 


where Nui n i arge and Shi nt i arge are calculated by Eqs. (115) and (116) 
for large particles compared to the bed particles and Nui and Shi by 
Eqs. (117) and (118) for particles of the same size as the bed 
material. Index in refers to the inert particles in the dimensionless 
numbers. Nujn, large is the maximum Nusselt number obtained at 
optimum fluidization velocity (at maximum transfer rate), but it is 
assumed to be valid also at higher velocities (this is in analogy with 
bed-wall heat transfer [149]). Naturally, there is no particle 
convection that contributes to mass transfer, so the first term of 
Eq. (115) is not included in Eq. (116). Small active particles (index a, 
Eqs. (119) and (120)) are entrained by the gas through the space 
between the larger bed particles and are assumed to behave like 
particles in a single-phase flow. The small particles follow the 
interstitial gas when their terminal velocity (u flt ) is equal to or 
smaller than the gas velocity u m f/e. This gives the particle Reynolds 
number in the convective terms. In the disperse suspension above 
the dense bed the particles are small and not frequently in contact 
with each other; Therefore, the heat and mass transfer to such 
particles can be modeled as if they were single particles in a gas 
stream, that is, Eqs. (118) and (119) are valid. 

Eqs. (49) and (50) can be formulated in terms of the gradients of 
T and c\ at the internal face of the particle surface (-s), yielding 
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calculation of h and h m is important. In the intermediate case Bih and 
Bi m ~ 1, and both external and internal processes must be taken into 
account. 

In FBG as well as FB combustion, devolatilization of fuel particles 
is caused by thermal degradation, where heat transport plays 
a fundamental role, whilst the transport of mass is of secondary 
importance. The essential external film coefficient is then h. In 
contrast, for char conversion, mass transport from the gas 
component i in the emulsion to the char particle is the relevant 
process; in this case heat transfer plays a secondary role, since the 
thermal gradients at the particle scale are smooth, and the essential 
external film coefficient is h m . Depending on the size of the fuel 
particles internal or external transport processes or both may be 
decisive together with the rate of the chemical reaction. The 
limiting resistances to mass and heat transport are further treated 
below in connection to the chemical processes. 


3.4. Drying and devolatilization 

The primary decomposition of the fuel into char, tar, light gases, 
and water can be written as: 

biomass ^^ ch)1 C ch;1 H chl O ch)1 + ^ t ,iC t;1 H t)1 O tjl + v lgA 

Ko,iCO + vqo 2 /C0 2 + ^h 2 ,i ^2 + ^ch 4 ,i ch 4 

+ v C 2 +,\ C 2+ + ^N 2 ,l N 2 H-) + ^H 2 0,1 H 2 O (55) 

A model aims at predicting the rates and yields v\ of the species 
released (index H 2 O is water and lg represents light gases), as well 
as the relative amounts of tar (index t) and char (index ch). The 
C-O-H composition of tar and char and their chemical structures 
have to be known, especially that of tar, since the tar lumps contain 
many chemical species, generally hydrocarbons heavier than 
benzene. Eq. (55) is not a single reaction, but it represents several 
physical and chemical transformations. Consequently, the release 
rates of the species differ and cannot be presented by a single rate. 

In the following, methods of prediction of the process outlined in 
Eq. (55) are reviewed. Firstly, models of the kinetics are described, 
where the prediction is based on a set of chemical reactions without 
diffusion effects. Thereafter, there is a discussion on particle models 
where physical aspects, such as diffusion, play a role. 


Bih = hxo/Aeff and Bi m = /i m Xo/D e ff,i are the Biot module for heat 
and mass transport, where eff denotes the effective values in the 
particle. If Bih and Bi m are >>1, the external mass and heat transfer 
processes are rapid enough not to influence the rate of supply of 
mass and heat to the particles. In this case T s , and c s i are equal to T g00 
and c g ioo, and the rate is determined by the internal process. When 
Bih and Bi m are «1, the opposite holds, the external rate of mass 
and heat transport determines the rate, so in this case accurate 


3.4.1. Kinetic models 

Extensive surveys of drying and pyrolysis chemistry are avail¬ 
able [9,14,16,17,150-154]. Pyrolysis models have been reviewed 
recently [17]. The most important classes of model have been 
categorized as basic, distributed activation energy, and structural 
models [24]. 

Basic models represent pyrolysis by a single reaction (global 
model) or by a combination of series and parallel reactions, usually 
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treated as first-order and independent reactions [17,24]. The global 
model is the simplest representation of pyrolysis kinetics: 

biomass -5 £ pyl volatiles 1 + (1 - £ py ,i)charl (56) 

The only parameters to be adjusted by experiments are the kinetic 
constant /< py (and reaction order if different from unity) and the 
coefficient of distribution between primary volatiles (volatilesl = 
gasesl + tarl) and charl, % py j. Many publications deal with kinetic 
parameters for the calculation of /< py for various fuels, but there is 
a great variation between the representations, probably because 
a number of physical and chemical factors are incorporated in one 
expression. Despite this fact, this type of expression has been 
widely used in reactor models due to its simplicity making it 
computationally tractable, needing only a small set of input data. In 
most cases, however, it does not give enough information for 
comprehensive modeling. 

The combination of series and parallel reactions is an improve¬ 
ment. The kinetic scheme of primary pyrolysis in Fig. 14a, based on 
[24,155] includes as particular cases many of the models published 
[17,24]. For instance, the global model of Eq. (56) is just a limiting 
case, where reactions A, B, C and D in Fig. 14a are lumped into a single 
global reaction. Various processes that are known to be important in 
primary pyrolysis are considered in the figure. As seen in Fig. 14b, 
this prediction of primary pyrolysis comprises the rates of reaction 
given by reactions A, B, C, and D. Although some works have dealt 
with reaction networks to represent primary pyrolysis [17], the 
kinetics of these reactions is not well known, especially at high 
heating rate. 

The method of distributed activation energies has been applied 
to fuel devolatilization [156], assuming that the number of reac¬ 
tions is large enough to describe the activation energy by 
a continuous distribution function. If first order reactions are 
assumed, once the distribution function is chosen, the pre-expo¬ 
nential factor can be found by fitting theoretical and experimental 
curves of volatiles released versus time. This significantly simplifies 
the experimental determination. Various improvements of the 
original work of Pitt [156] have been made, allowing the applica¬ 
tion of the method to non-isothermal conditions, as well as fitting 
distribution functions to represent the activation energy [5,157]. 
This type of model has been applied to biomass devolatilization 

[158] , but it seems to be more suitable for coal with its complex 
structure than for biomass. 

The models mentioned predict the amounts of tar, gas, and char 
released during pyrolysis, but the yields of the main gas species are 
not predicted. Instead, empirical correlations developed for coal 

[159] and experimental data for a variety of biomasses [160-163] 
have been used to predict the yields in reactor simulations. These 
correlations have been obtained for a particular set of operating 
conditions and type of fuel, not always similar to those to be 
simulated. Therefore, more fundamental data are desirable to 
increase the predictive capability of model simulations. Structural 
models have been developed to perform such predictions by 
accounting for the chemical constitution of the solid fuels. Struc¬ 
tural models are derived for coal in terms of the key structures of 
the solid fuels: (1) functional groups (Gavalas-Cheong Model, 
[164,165]), (2) aromatic nuclei, bridges, and peripheral aromatic 
groups (DISKIN, DISCHAIN, DISRAY [166]), (3) aromatic clusters 
connected by weaker aliphatic and ether bridges (species-evolu- 
tion/functional-group (FG) or, simply, FG model, depolymeriza¬ 
tion-vaporization-cross-linking, DVC model, and the model 
resulting from the combination of these two models, FG-DVC 
model [167]) (4) linking blocks of aromatic rings (FLASFICFIAIN 
models [168,169] and chemical percolation devolatilization model, 
CPD model [170]). In general, a great deal of input is needed. A 


critical comparison of these models applied to coal is made in [24]. 
The overall conclusion is that, with the exception of the FG model, 
the composition of the gas released during pyrolysis is not pre¬ 
dicted. Therefore, FBG models for coal have rarely used these 
models. A notable exception is the FBG models of [24] where 
a modified version of the FG model is applied. 

During the last years efforts have been made to develop struc¬ 
tural models also for biomass fuels. Devolatilization of biomass is 
significantly different from rapid coal devolatilization, primarily 
because the macromolecular structure and composition of biomass 
components contain few, if any, condensed polynuclear aromatic 
compounds. Biomass fuels are usually characterized in terms of the 
cellulose fraction plus contributions from several components, 
including lignin, hemicellulose, and xylan. In addition, the ash 
catalysis is recognized to significantly affect both yields and 
product release rates. An early attempt [171] to reformulate 
a network model for coal devolatilization into a biomass pyrolysis 
model was based on the FG-DVC model for coal [167]. The model 
reverted to a form in which the yields of tar—the most abundant 
product—had to be measured and introduced into the model to 
predict the distribution of noncondensable gases [171 ]. This type of 
input is usually not available, and the corresponding models are 
therefore not useful as predictive tools. There are only a few models 
that avoid this difficulty, describing the product distribution of 
primary devolatilization. The most important are the Bio-FLASH- 
CHAIN model [172], the Bio-FG (or FG-BioMass) model [173], the 
Ranzi model [174] and the Bio-CPD model [175]. All these four 
models predict the yields of gas, tar and char, while only the first 
three predict the composition of the gas. 

In the Bio-FLASFICFIAIN model [172], pyrolysis is presented as 
a reaction process, consisting of three independent mechanisms: 
competitive chemical reactions, fragmentation statistics, and flash 
distillation. Fragmentation statistics determine the probability that 
a specific chemical reaction will release a product with a certain 
molecular mass during the transformation history. Flash distillation 
determines whether a particular fragment will enter the vapor 
phase or will remain susceptible to char formation in the 
condensed phase. These two mechanisms, in conjunction with 
chemical kinetics, determine the product release rates. As recog¬ 
nized by the author [172], the FLASFICHAIN model is more difficult 
to implement with biomass than with coal, because of the lack of 
supporting database information. The author applied a method to 
assign the main input parameters to various biomass fuels. 
Specifically, he used product distributions from cellulose and lignin 
to assign compositions to the lignin-like component. The Bio- 
FLASFICFIAIN model was applied to define fuel structures based on 
the composition of 26 biomass samples, including hardwoods and 
softwoods, various grasses and agricultural residues. The parame¬ 
ters in the reaction mechanism for cellulose were determined by 
fitting the dataset to rapid devolatilization of cellulose [160]. The 
greatest ambiguity was recognized to be the impact of mineral 
catalysis during rapid heating. For the fuels investigated, the Bio- 
FLASFICFIAIN model provides a complete description of the product 
distribution of primary devolatilization. Unfortunately, there is no 
firm empirical basis to apply the same tendencies to other biomass 
forms, so the calibration procedure to obtain input parameters 
needs more extensive validation. In addition, it is not clear how to 
introduce the transport process in the Bio-FLASFICFIAIN model. 

The Bio-FG [173] is a modification of the FG-DVC model for coal 
[167]. The FG-DVC model combines a functional group (FG) model 
for gas evolution and a statistical depolymerization, vaporization 
and cross-linking (DVC) model for tar and char formation. The 
difference in the applications to coal and biomass is that the DVC 
model is given less importance in the biomass version and that gas 
and tar evolution are described by the FG model. The tar is treated 


472 


A. Gomez-Barea, B. Leckner / Progress in Energy and Combustion Science 36 (2010) 444-509 


like any other volatile species in the biomass model, and the 
maximum of each evolved species is fixed by the corresponding 
pool size. Kinetic data and pool sizes are fitted to experimental data 
from tests with several heating rates to be used in the models. The 
kinetics of each reaction is assumed to be first order with 
a Gaussian distribution of activation energies. 

A kinetic mechanism, recently proposed [174], describes both 
the chemistry of biomass devolatilization and successive gas-phase 
reactions. Biomass is characterized in terms of three reference 
constituents, cellulose, hemicellulose and lignin. A multi-step 
kinetic model defines the rates and the stoichiometry of a few 
lumped reactions for each reference component. The overall devo¬ 
latilization of a single biomass particle is then the combination of 
the decomposition of the three reference components. After this 
first step, all the released species in the gas phase are described with 
their primary propagation and decomposition reactions in the gas 
phase. The model is able to account for the evolution of the species 
in the gas phase and to predict the final products, mainly H 2 , CO, 
C0 2 , CH 4 , C 2 and H 2 0. 

3.4.2. Particle models 

In the kinetics models described above there is no influence of 
mass and heat transfer. However, in FBBG, the size of fuel particles 
is such that these effects have to be accounted for, coupled with the 
kinetics. For this purpose a particle model is needed to solve the 
diffusion equations within a single biomass particle with adequate 
boundary conditions, predicting the evolution with time of char, 
gas and tar. The composition of the main products released is, 
however, rarely predicted theoretically. A variety of particle models 
for pyrolysis have been published [17,176-187]. Despite the exis¬ 
tence of advanced particle models, they are not frequently 
employed in FBG simulations. Instead, semi-empirical or simplified 
particle models are used (discussed below). Only in some special 
cases advanced particle models have been applied: the particle 
model of Agarwal et al. [176] was used to calculate simultaneous 
fuel drying and devolatilization, while the amount of volatile 
matter released was described by a distributed activation energy 
model [157]. This model was validated for the simulation of coal in 
FBG simulations. As the authors themselves recognized [188], 
a similar treatment for biomass fuels is not yet possible due to the 
lack of published measurements and suitable models. Also the FG- 
model for coal [167] adapted to biomass was applied [24], assuming 
a certain stoichiometry from experimental findings. Ranzi’s kinetics 
model [174] has recently been introduced [189] in a particle model 
for the prediction of devolatilization of fine wood particles in a lab- 
scale entrained bed apparatus. However, in conclusion, there is no 
published model that combines a structural kinetics model with 
diffusion effects for FBBG conditions. Therefore, measured data are 
still the basic input for FBBG modeling. 

3.4.3. Devolatilization measurements 

The type of biomass is the first factor that has to be dealt with: 
due to the variations in the character of biomasses (and wastes), 
extrapolation of data from one biomass to another (and from coal) 
is questionable, even for the same operating conditions [113]. 
Although this fact is well known, reactor models use the devolati¬ 
lization yields (gas, char and tar) from different fuels from that to be 
simulated. 

The kinetics and yields vary widely, even for a biomass like wood, 
as realized early [150]. The reason for the discrepancy observed is 
that, besides the nature of the parent fuel, the peak temperature and 
the heating rate at which the fuel material is thermally decomposed 
influence the yield of species. The major factor affecting the heating 
rate and the temperature inside a particle is the particle size. 
Therefore, the particle size is particularly important when selecting 


pyrolysis measurements. Tests conducted with fine fuel particles 
allow determination of the intrinsic kinetics of the chemical 
pyrolysis, because of uniform temperature and negligible mass and 
heat transfer resistance throughout the fuel particle. This is the so- 
called kinetic regime. In contrast, for large particles the devolatili¬ 
zation rate tends to be limited by the internal heat transfer through 
the particle, depending mainly on the effective thermal conduc¬ 
tivity. The particle is not heated isothermally, and this affects the 
rate of devolatilization and the product distribution. When the 
external surface of particles is subject to high heating rates, such as 
in an FB, external heat diffusion may affect the rate of devolatiliza¬ 
tion [190]. In addition, mass transfer by the release of volatiles may 
influence the devolatilization rate, but it usually plays a secondary 
role. These considerations explain why it is convenient to treat the 
kinetics in two groups [150]: those derived from experiments with 
small samples, in which the experimental conditions and diffusion 
effects could be closely controlled, being more appropriate for 
determination of kinetics, and those derived from experiments with 
large samples, which relate more closely to the behavior of the fuel 
in practical situations in FB. 

Measurements have been undertaken in TGA with low or 
moderate heating rates, or in flash pyrolysis devices, where the 
heating rates are very high and the temperature range of interest is 
from 300 to 700 °C. Surveys of the kinetics available have been 
published (for instance, Table 1 in [191 ] and Table 3 in [17]). In FBG 
the temperature is higher than in flash pyrolysis and the heating 
rate is higher than in TGA or similar laboratory devices. As a result, 
biomass devolatilization studies oriented to FBG (and combustion) 
should be carried out in the range of 700-900 °C with heating rates 
in the range of 100-500 °C/s with mm-sized particles [113]. When 
data are taken from TGA or flash pyrolysis to represent the behavior 
of biomass devolatilization in FB, some correction has to be applied. 
Experimental kinetics of biomass devolatilization that has been 
commonly used for FBG models originate from several works 
[160-163,191-196]. 

In devolatilization experiments, secondary vapor reactions take 
place and may vary widely between test rigs. Therefore, if kinetics 
and distribution yields of primary pyrolysis are searched for, the 
residence time of the gas has to be minimized [197]. This is not 
always easy in FB devolatilization measurements. As a result, some 
authors have used an ancillary reactor to obtain primary decom¬ 
position of the fuel, while measurements in an FBG have been 
conducted to obtain information of the extent of secondary reac¬ 
tions [191]. It is difficult to distinguish between primary and 
secondary reactions since, for instance, secondary conversion of 
volatilizes already occurs in the internal pores of the devolatilizing 
fuel particles. In this context, consideration of the fuel particle size, 
the residence time of the vapor, and the type of arrangement can be 
required to make such a distinction. Table 3 in Ref. [17] provides 
data that can be useful to distinguish primary and secondary 
pyrolysis. 

Since experiments are not perfect, most investigations describe 
pyrolysis by global mechanisms (apparent kinetics); particle 
models using such data have to be consistent with the way in which 
the measurements have been made. A quantitative estimation of 
the thermal behavior during devolatilization is dealt with in the 
following section by a priori calculable, dimensionless numbers. 

3.4.4. Simplified particle models 

Combinations of simplified hypotheses and empirical relations 
based on experimental data are used to characterize the rate and 
the composition of the gases released during devolatilization. The 
essential idea behind the simplified models is to estimate the time 
of complete devolatilization (including drying in case of wet fuels) 
by considering only the rate-limiting phenomena. The yields of 
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char and volatiles and the composition of volatiles are not pre¬ 
dicted, but these quantities are estimated separately by mass 
balances and empirical relations. This two-stage modeling 
approach is useful in applications to FBBG if it is combined with 
some limiting cases for mixing and devolatilization already dis¬ 
cussed (Section 2.2.4). In simulations where the individual yields 
have to be predicated in each step (Case c in Fig. 6), the simplified 
modeling is not valid. In such a case, advanced fuel particle models 
should be used. 

3.4 A A. Estimation of the time of drying and devolatilization. The 
rate of drying and devolatilization is described by Eq. (1) for heat 
and mass transport in a fuel particle [158,198]. By making these 
equations and boundary conditions dimensionless, dimensionless 
numbers describing drying and devolatilization are derived sup¬ 
ported by the characteristic times for drying and devolatilization 
given in Table 5. It is assumed that the values of the physical 
properties of the fuel remain constant during drying and devola¬ 
tilization. The devolatilization process is described by a first order 
reaction with a coefficient following the Arrhenius law. A simplified 
expression for the time of drying is given, assuming that drying 
is controlled by heat transfer [198]. Other assumptions and 
simplifications are summarized in the explanations accompanying 
Table 5. 

The corresponding dimensionless numbers are listed in Table 6 
where the previously mentioned numbers for the entire reactor 
are also included. Here we deal with the transformation of wet 
fuel where drying and devolatilization take place. Dry fuel is 
a limiting situation, where the time of drying is null, so it can be 
modeled as a particular, simpler, case. Locally, in the fuel particle, 
drying and devolatilization occur sequentially: first, drying at the 
evaporation temperature, T ev and thereafter devolatilization at 
some temperature Tpy between the evaporation and the ambient 
(much higher) temperature, T To estimate Tpy* the condition 
that the reaction time and the thermal time are equal, Da py = 1, 
is used. The times of drying and devolatilization are obtained 
from the solution of the transient heat and mass transport 
equations in a single particle with appropriate boundary condi¬ 
tions [89,183,190,198]. Such times for a variety of simple cases are 
listed in Tables 7. 

The identification of simplified models is made by comparing 
the characteristic rates of drying ftdry* devolatilization/pyrolysis 
ftpy, and external/internal heat transport fthe/i of Table 5a using 
the Damkohler and the thermal Biot numbers for solid-fuels 
[190], defined in Table 6. The thermal Biot number, Bih, quantifies 
the thermal behavior of the fuel particles by comparing the rates 
of internal and external heat transport, R^ and fthe- The Dam¬ 
kohler number of pyrolysis, Da py> i = R py lRhi, compares the rate of 
the pyrolysis reaction R py with the rate of internal heating of the 
particle, Rhi, whereas Da py>e compares R py with the external 
heating fthe- (Pyle and Zaror [190] called these Pyrolysis Numbers 
Py and Py\ defined as Py = 1 /Da py> i and Py’ = Bihi/Da py> i). For wet 
solid-fuels, an additional dimensionless number, Dr xm , the drying 
number, can be used to take the drying process into account 
[198]. X m is the moisture content chosen to evaluate the drying 
rate, usually ranging from 10 to 20% of the initial moisture in the 
fuel particle [198]. The drying number Dr xm compares the rate of 
devolatilization with that of drying. Dr xm << 1 means that R py 
« ftdry. And most of the moisture has been driven off 
before devolatilization begins in the particle. Then both processes 
can be considered to occur sequentially. In contrast, when 
Drxm >> 1, R py » Rdry devolatilization and drying take place 
simultaneously. 

For thermally fine fuel particles, Bih « 1, the rate of external 
heat transfer is much lower than the internal heat transport by 


Table 5 

Characteristic rates and times of drying and devolatilization. 3 


Process 

Pyrolysis kinetics n py 
External heat transfer R he = 
Internal heat transfer R hi = 
R, 


Characteristic rate Characteristic time 

F DV = kpy = 7\pyexp( — Epy/RT) Tpy = 1 /Rpy 
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^he — 1/^he 
T hi = 1 /^hi 
T dry,Xm = l/^dry,Xm 

(p(X m ) 

( (1 — X m ) for flat plate 
< - In (Xm /2 ) for cylinder 
l (1 /Xm /3 - 1) for sphere 


Nomenclature: Qev is the heat of vaporization (kj/kg); Y m is the initial moisture, 
based on fuel as received; T m ambient temperature; T ev temperature at which the 
moisture is released; b the geometric coefficient: 0 for flat plate, 1 for cylinder, 2 for 
sphere; Bih is defined based on radius for spherical and cylindrical particle and on 
thickness for a flat particle. 

a Characteristic rate and time are rough estimates for a single fuel particle, based 
on a priori known values (operating conditions and fuel properties). Table 7 presents 
“precise” times of drying and devolatilization. For flat geometry R h j/ e is the based on 
the length of the particle. 

b R he and i he are based on particle diameter d s (in Table 7 k he and i he are used, 
based on particle equivalent size, L e = V p /A p ). 

c Approximate expressions of rate and time of drying at the time when the 
fraction of the moisture remaining (moisture content/initial moisture content) isX m 
[198]. It is assumed that drying is controlled by heat transfer to the evaporation 
front, and that the thermal influence of the volatile gases leaving the particle is 
small. 

d The factor 4 is 1 in flat geometry. 


conduction. Intraparticle gradients are negligible and the rate of 
external heat transfer controls the heating of the particle. If the 
particle is wet, Dr is small (Dr << 1) and drying and devolatilization 
occur sequentially and can be modeled separately. The total time of 
devolatilization (moisture included) is t = td ry + t py . The drying 
time tdry is estimated by Eq. (121) in Table 7a and t py is given from 
one of two limiting cases, depending on the value of Da PYi e (eval¬ 
uated at Too): 

- If the pyrolysis kinetics are slower than the external heat 
transfer and, hence, limit the rate of pyrolysis process, Da py>e 
<< 1, the entire particle attains the surrounding temperature 
Too before the major part of the volatiles has left the particle. 
The kinetic rate can then be calculated at the temperature of 
the surroundings Too, and the time t py is obtained by Eq. (122) 
in Table 7. This is Case t in Table 8. 

- If the devolatilization process is limited by the external heating 
rate, Da py>e >> 1, and most the volatiles are released at some Tpy 
between To and Too. t py can be then estimated as the time 
required for heating the particle up to Tpy* estimated by the 
condition Da py ,e = 1, as mentioned above. Eq. (123) in Table 7 
presents t py and T py for this case, named as Case 2 in Table 8. 

For thermally large fuel particles, Bih >> X the internal 
temperature gradient is large and the heating of the particle is 
controlled by internal heat conduction. If the particle is wet, Dr 
becomes large, Dr xm >> 1 so moisture evolves from the particle 
simultaneously with the volatiles. The reason is that drying takes 
place in the thermal wave penetrating into the particle, whilst 
devolatilization is already occurring at the external layers of the 
dried fuel. Then, the time for complete loss of volatiles (moisture 
included) of a single fuel particle is approximated by the time of 
drying, t py ~ tdry- The solution is obtained using the expression for 
ftdry,xm given in Table 5, solved for the case X m -> 0. The solution is 
given by Eq. (124) in Table 7 (which corresponds to 1 /l?dry,xm=o with 
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Table 6 

Definitions of some dimensionless numbers (reaction kinetics assumed to be first order). 


Reactor 

Vertical mass Damkohler number = rate of reaction i/transport velocity in the 
vertical direction of the reactor 3 

Horizontal mass Damkohler number = rate of reaction i/transport velocity in the 
horizontal direction of the reactor 3 

Single particle of characteristic dimension L e c 

Thermal Biot number = external/internal heat transport rate 


- Fuel pyrolysis: Da py>v = R py if,v b 

- Char conversion: Da C h,v = Rch i C h,v b 

- Fuel pyrolysis: Da py , H = R py i f>H b 

- Char conversion: Da ch ,H = R Py Tch,H b 


Bih — Rhe/Rhi — hL e /X e ff 


Mass Biot number = external/internal mass transport rate 


Bim — Rme/Rmi — h m L e /D e ff 


Internal thermal Damkohler number for pyrolysis = pyrolysis rate/internal heat conduction rate 


D^lpy.i — Rpy/Rhi — kpyPCpL e /X e ff 


External thermal Damkohler number for pyrolysis = pyrolysis rate/external heat transfer rate 


f-^py.e — Rpy/Rhe — Dclpy,i/Bih — !< py pC p L e /h 


Drying number = devolatilization rate/ drying rate (at time of moisture X m ) 

Internal mass Damkohler number for char conversion = reaction rate/internal mass transfer rate 


Dr X m — Rpy/Rdry,xm — Rpy/Rdry,xm 
(see Table 5 for definition of Rd ry ,xm) 
Dclch.i = k v Lel D e ff 


External mass Damkohler number for char conversion = reaction rate/external mass transfer rate 


Dclch.e — khlh m 


3 The reaction i is pyrolysis of fuel, combustion, or gasification of char. 

b The residence time of the reacting solids “i” (i: fuel and char) in the reactor i R i can be calculated from the convective transport time tr^v/h = Xo/ni,v/H or the diffusion time 
^Ri,v/H = Xo/A,v/h where x 0 is the dimension: x 0 = dbed (horizontal), x 0 = H x (vertical in the bottom bed) and x 0 = (H - H x ) (vertical in the freeboard). 
c L e is the equivalent length, equal to I, R/2, R/3 for flat, cylindrical and spherical geometry, respectively. In other parts of the paper Bi and Da are based on R or d instead of L e . 


F B ih = 2Bih/(2 + Bih) for any geometry [15,198]). This is Case 5 in 
Table 8. 

For an intermediate thermal behavior characterized by a finite 
Bih (Bih ~ 1) there are significant temperature gradients in the 
particle but also, to some extent, in the external gas layer. In 
addition, if the particle is wet, it is not obvious if drying and 
devolatilization can be considered as separate or coupled processes. 
The estimation of the Dr xm is helpful in this case to establish simple 
limiting cases. On the one hand, if Dr xm >> 1 drying and devola¬ 
tilization occur simultaneously so, the same procedure as for Bih 
>> 1 is used, i.e. t py ~ tdry calculated by Eq. (124) in Table 7. 
This case becomes equivalent to Case 5 with regard the calculation 
of tpy and tdry. On the other hand, if Dr xm << 1, drying and 


devolatilization occurs sequentially, and then td ry is calculated 
again by Eq. (122) in Table 7. To estimate t py , two limiting cases can 
be identified, depending on the value of Da py> i (evaluated at Too) 

- If the kinetics limits the process Da py> i << 1: the particle rea¬ 
ches the surrounding temperature before devolatilization 
appreciably starts. Then t py can be estimated as in Case 1, i.e. by 
Eq. (122) in Table 7. 

- If the rate of internal heating controls the process Da PYi i >> 1 : 
the reaction zone becomes narrow compared to the particle 
size, and the process can be regarded as a drying-devolatili¬ 
zation front advancing into the virgin solid at a rate determined 
by the velocity of propagation of the thermal wave into the 


Table 7 

Times of drying and devolatilization. 
Time (s) 


fdry — T he,df + 0W(1 ~ 7m)) ( c p,m/C P) df) j ln(l/©(T ei ,)) + T h e ,df^(^ + l)/^ev 

tpy = (l/kpy(Tx)) In (1 / (1 - x py )) 

tpy = ^he,dd n 0 (Tpy)) 

T py = _ ( £ py/^g) ln (^py T he,df) 


7 T hi,df\ 

f2 + Bi h \ 

ww 

V 2Bi h ) 


fpy = ^ih,df (l /Mi ) In (m 2 /<5> (Tp y )); 


( 121 ) 

( 122 ) 

(123) 

(124) 

(125) 


Values of /jLj 

and /jl 2 in Eq (125). 


0 < Bi h < 2 




2 < Bi h < oo 

Mi 

M2 



/ (aoBi h ) 

V (1 + Bi h /a a ) 

1 + (Bi h /a 2 ) 




(a 3 Bi h ) 

(Bih + a 4) 
(a 5 Bi h ) 

(Bi h + «6) 


a 0 

d\ 

a 2 

a 3 

a 4 

a 5 

a 6 

Plate 

1 

3 

7 

7T 2 

0.95 

1.273 

0.15 

Cylinder 

2 

4 

4 

2.405 

1 

1.602 

0.35 

Sphere 

3 

5 

3.5 

7r 

1.1 

2 

0.65 


Definitions and nomenclature: m: moisture; df: dry fuel; ev: evaporation; py:pyrolysis; (T he . T he and Thi defined in Table 5); T py temperature at which the volatiles are 
released; @(T) = (Too -T)/(T& - T 0 ) dimensionless temperature (0: initial, oo bulk gas); x py = (m to - m too ) degree of charring (pyrolysis conversion) (0: initial, oo 

final, after complete devolatilization). 
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Table 8 

Identification of limiting cases and the equation for t dry (wet fuels) and t py . 


Limiting 

case 

Condition 

tpy 

tdry (for wet fuels) 

Application/Comment 

1 

Bi h « 1 

Da P y, e "CC 1 

Eq. (122) 

Eq. (121) 

- Conversion of low-reactive fine fuel at relatively low T* and heating rate 
(slow pyrolysis). Then not applicable for FBG. 

- Dr xm becomes «1 for wet fuel 

2 

Bi h « 1 

Da P y, e >> 1 

Eq. (123) 

Eq. (121) 

- Conversion of high-reactive fine fuel at relatively low T x and heating rate 
(slow pyrolysis). Then not applicable for FBG. 

- Dr xm becomes «1 for wet fuel 

3 

Bi h ~ 1 

Da py i « 1 
Dr xm « l a 

Eq. (122) 

Eq. (124) 

- Conversion of course low-reactive fuel at relatively high T M and heating rate 

- Rarely applicable for biomass conversion in FBG 

4 

Bi h - 1 

D^jjy j >> 1 

Dr xm << l a 

Eq. (125) 

Eq. (124) 

- Conversion of high-reactive coarse fuel at relatively high Too and heating rate 

- Typical situation in FBBG for dry fuels or fuels with relatively low moisture content 

5 b 

Bi h » 1 

Dr xm >> 1 

tpy ~ tdry 

Eq. (124) 

- Conversion of course wet fuel at relatively high Too and heating rate 

- Typical situation in FBBG for fuels with high moisture content 


a For wet fuel. In the case of dry fuel the condition of Dr xm is meaningless (X m = 0). 
b Only for wet fuels (there is no meaning for dry fuels). 


solid. This is a shrinking core situation, limited by internal heat 
transport. If pyrolysis is assumed complete at Tpy (as in Case 2), 
then tpy can be roughly determined by the time needed for the 
temperature at the centre to reach T py . Calculation of t py 
requires the solution of the transient energy balance with 
boundary conditions of finite Bih. Graphical solution is available 
[199] as a function of the Fourier (dimensionless time) and Biot 
numbers, which are included in textbooks [200]. However, an 
analytical, explicit, solution for t py has not been presented up to 
date. Here, we present an approximate analytical solution 
based on recent work [201,202]. Eq. (125) in Table 7 shows such 
a solution for different geometries. We have called this Case 4 in 
Table 8. 

In fact, Eq. (125) can be used for both fine and large particles, i.e. 
for any Bih, provided that there is a Tpy above which devolatilization 
is very fast compared to the heat up of the particle. For thermally 
fine particles, however, intraparticle temperature gradients are 
negligible, and Eq. (123) is simple to use for Case 2. 

The discussion above, summarized in Table 8, refers to the 
general case of a wet fuel particle. The case of dry fuel in Table 8 is 
a limiting case where Dr xm << 1, but it is meaningless to calculate 
Dr, since there is no moisture to evaporate. Obviously tdry = 0, and 
t py is calculated by the limiting cases just mentioned (Cases 1 to 4). 
Case 5 can only be applied for wet fuels, because t py is calculated by 
tpy ~ tdry. This is not a problem, since the counterpart of Case 5 for 
dry fuels is Case 4. As indicated in Table 8, Cases 4 and 5 are the 
most likely ones to represent the situation in an FB. 

The devolatilization temperature Tpy is based on the assumption 
of complete devolatilization at Tpy* and that the main components 
of the biomass are virtually carbonized at this temperature 
[113,203]. To clarify this point, an example is given in Fig. 15, where 
thermal and reaction times are shown [204]. The characteristic 
time for pyrolysis kinetics is calculated as 1 /k py for the main 
components of wood: cellulose, hemicellulose and lignin, based on 
the kinetics from [205]. The thermal time, i.e. the time for heating 
up a fuel particle from initial temperature, To, to ambient, Too, is 
calculated for various particle sizes (6-10 mm) assuming that the 
heating is controlled by heat conduction. It follows from Fig. 15, that 
for the particle sizes indicated, the condition Da py ,i >> 1 holds 
approximately at T py ,i > 400 °C for cellulose and hemicellulose and 
At Tpy, 2 > 650 °C for the more thermally stable lignin. For wood, the 
hemicellulose pyrolyzes at 225-325 °C, the cellulose at 325-375 °C, 
and the lignin at 300-500 °C. This shows that the rough concept of 


instantaneous devolatilization at Tpy calculated by Da py ,j = 1, is 
a reasonable approximation for wood, having, say, 1/3 of lignin, the 
rest being cellulose and hemicellulose. However, for other solid- 
fuels, extrapolation from these conclusions have to be made with 
caution. For instance, for pellets made of MSW, compost, and other 
wastes, the thermal degradation takes place at a higher tempera¬ 
ture than for wood [113]. The procedure is valid but Tpy has to be 
estimated according to the specific thermal devolatilization 
behavior of the fuels concerned. 

Fig. 16 presents a map of the limits of pyrolysis as a function of 
temperature and particle size for dry wood [206]. To construct the 
graphic, the chemical regime was defined by Da py ,i = 0.1, the upper 
limit of the thermal regime by Da py ,j = 10, and Bih >> 1, i.e. the 
resistance of external heat transfer is neglected. The limits are 
represented by hatched bands to illustrate the uncertainty of the 
data (the kinetics from [193] and [194] are used). As indicated in the 
figure, at 850 °C the kinetics of pyrolysis are limiting for particles 
smaller than 0.1 mm. In this case, heating up of the particle can be 
considered instantaneous and the particle devolatilized 
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Fig. 15. Characteristic times vs temperature for dry wood pellets: Curves marked with 
C (cellulose), H (hemicellulose) and L (lignin) represent kinetic times. Horizontal lines 
are thermal times at different fuel particle diameters (d p ): 6, 8 and 10 mm. Physico¬ 
chemical properties of wood pellets from Leckner et al. [204]: thermal conductivity = 
0.25 W/(mI<), density = 1000 kg/m 3 , moisture = 7%. Kinetics from Gronli [205]. 
Figure adapted from Leckner et al. [204]. 
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Temperature, °C 

Fig. 16. Pyrolysis regimes: particle size versus temperature. Adapted from Dupont 
et al. [206]. 


isothermally (at 850 °C). In the other extreme, the thermal regime is 
established for particles larger than 3 mm. In FBG the fuel particle 
size usually ranges from 0.2 to 10 mm and the temperature from 800 
to 900 °C, depending on the nature of the fuel, so the fuel is likely to 
be gasified in the intermediate regime, where the characteristic 
times of heat transfer and pyrolysis reaction are of the same order of 
magnitude. Therefore, none of the processes can be assumed always 
to be limiting [206]. For wet wood, the representation given in [198] 
is helpful to identify the temperature-particle size window, where 
drying and devolatilization are either coupled or sequential, in 
terms of Drio. 

For intermediate values of Bih, Da py and Dr, a more complex 
description is required, and therefore, more advanced particle 
models have to be used. In these cases, however, the time of devo¬ 
latilization can be estimated semi-empirically by direct measure¬ 
ment of the devolatilization time, including drying, for the type of 
fuel and range of particle size of interest as expressed by a correla¬ 
tion with two coefficients a\ and c *2 together with the characteristic 
dimension d e of the fuel particle, t = aide 2 [187,203,207-210]. The 
constants have some physical meaning as can be seen from a deri¬ 
vation of the times of drying and devolatilization of thermally small 


particles or thermally large particles. The first constant, aj, is related 
to the specific fuel and the second constant, a 2 , to the physical 
process. Theoretically, ci 2 approaches unity if the process is limited 
by the thermal process. If the process is controlled by the kinetics of 
devolatilization, ci 2 approaches zero. For thermally large particles ci 2 
approaches two. These extreme cases are consistent with the 
limiting cases discussed. According to empirical experience for most 
fuels in combustion or gasification devices, the constant ci 2 ends up 
in the region of 1.5-2 [15]. The correlations are approximate because 
other processes are also present, such as sintering, swelling or 
shrinkage of the particle, temperature dependence of the physical 
data and convective flows within the fuel particle, etc. In addition, 
most of the cases treated correspond to particles with the three 
standard geometries: slabs, infinite cylinders and spheres. A more 
complex situation arises if the pore structure and directionality are 
taken into account, particularly in the case of woody biomass, 
having its intrafibre capillaries [183]. These aspects are rarely 
considered in models but may have strong influence on predictions. 
During devolatlization a spherical isotropic particle (see Fig. 17a), 
the oxygen reacts with the volatiles released before it reaches the 
particle’s surface, and the oxidation involves only volatiles without 
char combustion. On the other hand, for anisotropic particles with 
a slab-like shape, as illustrated in Fig. 17b, the oxygen can reach the 
upper and lower (non-porous) boundaries, where, however, the 
resistance to mass transfer could be high. The shape can signifi¬ 
cantly alter the predictions made on spherical-like, isotropic parti¬ 
cles [209,158] but a variety of particle sizes and geometries can be 
modeled by the correlation t = a\d e a2 . For first predictions, this 
method is reasonable. 

3.4.42. Estimation of yields and gas composition. The prediction of 
the yields (accumulated) of the main volatile species is made by 
elemental balances completed by empirical relations. The empirical 
relations are estimated as function of operating conditions, type of 
biomass, particle size, temperature and heating rate. The remaining 
char after devolatilization is usually assumed to be pure carbon and 
its amount has to be estimated from the amount of volatiles 
released or given as input. This type of model has been applied to 
biomass reactor simulations, for instance for fixed-bed simulation 
[211 ] and also for FBBG [147]. In these models, however, there is no 


Flush out of 



Fig. 17. Accessibility of oxygen to solid particles (char) during devolatilization, (a) Spherical isotropic particle; (b) Flat and non-isotropic particle; (c) Details of the internal process in 
flat non-isotropic particles with highly directional porous structure. 
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clear judgment on the choice of the empirical input data, their 
range of validity, their dependence on fuel, or their influence on the 
solution. Therefore, although the models are simple enough, the 
empirical data selected to close the balances seem case-specific. 
Other FBBG models [212,213] have determined the unknowns by 
assuming that the gas released has attained equilibrium, a simpli¬ 
fied description that does not seem to be realistic under FBG 
conditions. 

The model of Ref. [214] is an example of a particle model of this 
type where the empirical relations are discussed in detail. The 
influence of the choice of parameters on the solution was investi¬ 
gated by a sensitivity analysis, and the main influencing factors 
were identified. For instance, an empirical parameter for prediction 
of the yield of hydrocarbons was shown to depend basically on the 
type of biomass and particle size. Recommendations have been 
given for different fuels, particle sizes and other operating condi¬ 
tions [214,215]. Therefore, among the models of the type discussed, 
this model [214] seems to be sufficiently comprehensive, and in 
a simplified model of FBG for wood, the devolatilization can be 
assumed to be instantaneous. Models of this type for other biofuels 
are not found in literature. 

3.4.5. Summary and conclusions 

In drying and devolatilization, part of the fuel is converted into 
gases while heated in the gasifier. It is desirable to know the rate of 
gas release, its amount and composition. It is difficult to establish 
a rigorous description of the release of volatiles. The most reason¬ 
able procedure is to first identify the dominant process during 
devolatilization: chemical (kinetics) or physical (heat transport in 
and to a particle). The dimensionless numbers Bi, Da (Py) and Dr are 
helpful for such an identification. Simplifications are made at a loss 
of generality and have to be supported by empirical data. The gas 
composition can be estimated to some extent by molar balances on 
C, 0, H and energy, but some additional empirical relations are 
needed. In simplified modeling, the total amount of volatiles can be 
estimated, based on a standard analysis at the cost of some accu¬ 
racy. Time of devolatilization can be readily estimated by simple 
expressions, allowing the choice of reactor model by comparing it 
with the time of solids mixing. 


3.5. Chemical conversion of char 


3.5.1. Reactivity of char 

The reactivity of a char sample at time t is defined as: 


fm — — 


1 


dX c 


1 dm c 


m c dt (l-x c ) dt 


[kg/(kg s)] 


(57) 


where m c and x c are the mass of carbon contained in the sample 
and its conversion at time t, this latter defined as 


x c = l-^ 
m c0 


(58) 


By studying the effect of concentration p of the reactant gas (O 2 , 
H 2 0, C0 2 or H 2 ) and the temperature T in the laboratory, the rate of 
the char-gas reaction can be determined by Eq. (57). For instance, 
assuming a kinetic law, often of nth order, 


r m = k m p n [kg/(kgs)] (59) 

the kinetic coefficient /< m and the order of reaction n can be obtained 
by reactivity experiments. According to the classical plot of r vs. 1 /T, 
some regimes can be distinguished [6]. Regime I, the kinetic regime, 
is free of diffusion effects. In Regime II pore diffusion controls and in 
Regime III diffusion in the external boundary layer is rate controlling. 
If the experiments are conducted in the kinetic regime (Regime I), 
the concentration and temperature of the gas in all surface sites on 
the particle are the same as in the bulk gas and the reactivity 
determined is the true reactivity. The char particle is uniformly 
converted, the profiles of conversion are flat, and the overall 
conversion of the particle x c is the same as the local conversion X in 
any interior location. 

The reactivity can also be defined per unit of reacting surface: 


r A = k A p n [kg/(m 2 s)] (60) 

The rate coefficient /< A (as well as k m ) is related to temperature via 
an Arrhenius expression of the form /< A = Aexp(-F a /RT) where A is 
a pre-exponential factor, E a an activation energy and R the gas 
constant. Eq. (60) expresses global n-th order kinetics, valid for 
certain operating conditions. It is a simplified representation of 
a more complex surface process, usually described by the Lang- 
muir-Hinshelwood equation [6]. To relate r m and r A , the total 
reacting surface area per unit of mass A m (m 2 /kg) is introduced: 


As discussed in Section 3.1 (Fig. 13) the char particles in a FBG 
are generated after rapid devolatilization of the fuel. The char 
mainly consists of ash and carbon. Chemical conversion of char 
occurs by reactions with 0 2 (R2 and R3), C0 2 (R4), H 2 0 (R5) and, in 
much minor proportion, with H 2 (R6). At steady state, an FBG 
contains a distribution of char particles with different sizes and 
degrees of conversion. The rate of char conversion is influenced by 
variables, such as temperature, partial pressure of the gasifying 
reactants and the products, particle size, porosity, and mineral 
content of the char, some of which vary with time due to chemical 
conversion and attrition. This section examines the chemical 
conversion of char particles, and in Section 3.6 the influence of 
fragmentation and attrition is dealt with. Emphasis is given to the 
representation of char reactivity data from the laboratory with 
a single-particle model to be included in FBG models. Conversion 
models for gas-solid non-catalytic reactions with a single gas 
reactant are first reviewed. Char combustion (char-0 2 ) and gasifi¬ 
cation (char-H 2 0, C0 2 , H 2 ) are then treated, paying attention to the 
characteristics of these reactions in an FBG, looking for simplifica¬ 
tions. Simplified predictions are presented rather than surveying 
advanced particle models. More fundamental analyses can be 
found in reviews [6,7,10,20,216]. 


I'm — ( 61 ) 

A distinction is sometimes made between the internal (A m> 0 and 
external (A m>e ) areas of a particle, so that A m = A mi i + A m>e . The 
change in reactivity during conversion is described by the variation 
of A m , while /< A is assumed to depend on temperature and 
concentration only. The surface changes continuously during 
conversion due to pore enlargement and pore coalescence [217]. 
The form of variation depends on the char and operating condi¬ 
tions. A practical way to describe this variation is to relate A m to 
a reference state of conversion (“0”), using a structural profile/(X), 

An = A m0 f(X) [m 2 /kg] (62) 

f[X) takes into account the variation of the total reacting surface in 
relation to the initial (or reference) surface. Empirical expressions 
for f[X) have appeared in the literature for a variety of chars, valid 
for specific ranges of operating conditions. Expressions for f[X) have 
also been developed from structural models, describing the change 
of the pore system during conversion. These models provide 
a theoretical basis for/(X), where parameters appearing in f[X) can 
be interpreted in terms of the porous structure, but their values are 
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normally obtained experimentally. Table 9 gives some models of 
f[X), employed to express char conversion reactions. 

For the development of particle models, it is sometimes useful to 
express the reactivity per unit of volume 

r v = pjm = Pc^rnfA = k v p n [kg/(m 3 s)] (63) 

The local change in carbon density with conversion is repre¬ 
sented by 

Pc = PcoO-X) (64) 

where p c o is the initial density of the char. The so-called intrinsic 
reactivity r in t is equal to r A , the reactivity based on the reacting 
surface. The other two reactivities r m and r v depend on the reacting 
area and the local density of carbon, as seen in Eq. (63). However, 
the three are true reactivities, provided that they are determined by 
measurements within the kinetic regime [6]. 

Table 10 shows the relationships between the reactivities and 
kinetic coefficients. The kinetic coefficients I< in Table 10 are 
common in literature for non-catalytic gas-solid reactions, because 
they are useful in separating conversion caused by physical and 
chemical factors. The coefficients I< can be normalized to surface, 
mass and volume: X A , K m o, and K v o (see units in Table 10). Note that 
I< A is not related to any state of conversion; it is independent of 
conversion. 

Eq. (57), expressed in the form 

^ = I< m0 f(X)(\-X) (65) 

is a standard way to correlate non-catalytic gas-solid reaction 
measurements. Various proposals of /(X), listed in Table 9, are 
useful for making an a-priori choice of /(X) to fit empirical 
kinetic parameters using Eq. (65). The local conversion X has 
been used in Eq. (65) because X = x c in experiments carried out 
in the kinetic regime. Often, Eq. (65) is applied outside of the 
limits of the kinetic regime, producing data that are difficult to 
scale-up. Sometimes this is done intentionally, by employing the 
char size in the range of interest in the final application. In such 
a case, X is not equal to x c and Eq. (65) is merely a way to obtain 
dxjdt for reactor modeling, avoiding the solution of a char 
particle model. 

Char reactivity depends on the parent fuel and on the form of 
preparation, especially the heating rate and peak temperature 
[228,229]. The reactivity of coal chars varies widely depending on 
the rank of the parent coal. Variation between chars derived from 
biomasses is even more significant, due to the differences in the 


nature of the biomass fuels. Biomass chars vary greatly in porosity, 
directionality, and catalytic activity. Therefore, caution should be 
exerted in applying expressions from one char to another [25]. 
Despite this, it is typical to use kinetics from coal when modeling 
biomass systems. For instance, Langmuir-Hinshelwood kinetics 
obtained by [230] for coal chars were used to model char gasifi¬ 
cation of sewage sludge in a CFB [43,231]. The same assumption 
was adopted in another biomass model [232] where char kinetics 
for gasification of coal in a jetting FB gasifier [233] were employed. 
In this case, the authors accounted for the possible deviation and 
arbitrarily introduced an empirical correction factor (from 
1 to 10). 

The influence of the form of char generation on the char reac¬ 
tivity has been studied [229,234,235,236]. FB reactors (also laminar 
flow (drop tube) or entrained flow, having conditions that are as 
similar as possible to FB) should be used to generate the char, and 
preferably, also to measure the char-gas reactivity without ine- 
termidiate cooling. However, physical interaction like mass trans¬ 
port can lead to misinterpretations of the intrinsic kinetics [234]. 
This is the reason why most experimental data with O 2 , CO 2 and 
H 2 O have been measured using TGA, fixed bed or similar devices, 
where it is easier than in an FB to ensure that the experiments are 
really carried out in the kinetic regime. 

The reactivity of lignocellulosic chars with O 2 , H 2 0 and CO 2 has 
been recently reviewed [216]. Extensive collection of char kinetics 
of various coals and chars from biomasses and wastes are also 
available [6,228]. The kinetics measured by different researchers 
using similar biomass fuels have been compared and discussed 
[216,226,234]. In the following detailed aspects and specific refer¬ 
ences addressing modeling aspects on kinetics of char are 
reviewed. 

3.5.2. Reactivity of a single char particle 

The reactivity of a single char particle may differ from the data 
obtained from a particular laboratory test, depending on size of the 
particle and operating conditions. A model of a single particle is 
then required. The intrinsic reactivity obtained in the laboratory is 
still valid, but two aspects have to be taken into consideration: 
(1) porous char particles may be subjected to variations in local gas 
concentration and temperature, and thus, there may be profiles of 
these quantities, p(r) and T(r), in the particle and in the boundary 
layer surrounding the particles; (2) there may be a conversion 
profile within the particle, X(r), depending of the conversion 
history, and then the global (particle) conversion x c may differ from 
the local conversion X. Assuming a continuum description of the 
porous solid particle, i.e. that the local variations of reacting surface 
and carbon density inside the particles are given by Eqs. (62) and 


Table 9 

Main structural or empirical models applied to char gasification kinetics. 


Name of model 

Abbreviation 

KX) 

Parameters 

Ref. 

Uniform conversion model 

UCM 

1 

- 

[218] 

Shrinking models or grain model a 

SCMs (SUPM and SUCM) GM 

(1 -x)- 1 / 3 

- 

[211,219] 

Random pore model 

RPM 

(1 - W\n(\ -X)) 1/2 

W 

[217] 

Extended random pore model 5 

ERPM 

(1 -W\n(\ -X)) 1 / 2 (l + (cx) p ) 

W, c,p 

[220] 

Simons model 

SM 

(X+a(l -X)) 1/2 

a 

[221] 

Johnson model 

JM 

(l-X)- 1/3 exp(aX 2 ) 

a 

[222] 

Dutta model 

DM 

1 dt 100X T '^exp(-PX) 

T. P 

[223] 

Gardner model 

GM 

exp(a X) 

a 

[224] 

Modified volumetric model 

MVM 

aV b b[- ln(l -X)]^- 1 )/ 5 

a,b 

[225] 

Empirical potential model 

EPM 

(1 -Xf 

a 

[6] 

Polynomial model 

PM 

Ya = laiX(l-X) 1 ' 

Qi 

[226,227] 


a The two Shrinking models of Fig. 18 (cases (b) and (c), i.e. SUPM and SUCM) have the same/(X) in the chemically-controlled regime. 
b This model is an extension of the random pore model for biomass char. 
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Table 10 

Definition of various intrinsic reactivity and kinetic coefficients. 


Definition 

Units 

Intrinsic reactivity, r 

r/K = K a 

kg/(m 2 s) 

r m = K mQ f[X ) 

kg/(kg s) 

r v = /<voU ~X)f(X) = K v qF(X) 

kg/(m 3 s) 

Kinetic coefficient, I< 

C 

ii 

kg/(m 2 s) 

kmO — ^APM m o — 7\ m oKA 

kg/(kg s) 

X\jQ = PcO^APM m o = PcO^mO = PcO^mO^A 

kg/(m 3 s) 


(64), the reactivity of a single char particle r m p can be calculated by 
integration of the volumetric reactivity r v throughout the volume of 
the particle V p : 


fm,p(*c(0) 


1 dm c , p 
m c , p dt 


1 


j 

v P (t) 


r v (t, Q)d& 


PcO^mO 

trc c ,p 


/ 


/< A P n (l -X)f(X)dQ 


( 66 ) 


To obtain p(r,t), T(r,t), and X(r,t), from the condition in the bulk 
gas, i.e. in the emulsion in an FB, the conservation equation for the 
gas species involved in the reaction and the energy equation have 
to be solved inside the char particle and its boundary layer. 
Furthermore, the carbon balance has to be solved at any position 
within the char. This problem has been treated for a variety of 
situations [237,238] for single char-particles. Flowever, the solu¬ 
tions are not used in FBG models, probably because of numerical 
difficulties. Therefore, tractable models should be formulated for 
implementation in reactor codes. The solutions of advanced 
particle models, such as [237], could support the development of 
simplified treatments. 

To derive Eq. (66), it was assumed that/(X), obtained by exper¬ 
iments in the kinetic regime using fine-sized samples, is applicable 
locally in a macroscopic char particle. This approach presumes that 
the largest length scale of the solid structure (pore, grain, etc) is 
much smaller than the characteristic length associated with the 
concentration gradients. At the same time the particles have to be 
fine enough to avoid diffusion effects in kinetic experiments, but 
they should be much larger than the microstructure of the solid. An 
example let show if these requirements are accomplished in prac¬ 
tical applications: experiments with fine char particles of 50-100 
pm yield the kinetics of a char particle at any conversion, i.e./(X), k A 
and n. These data is then used to compute the conversion rate of 
a 5 mm char particle. The equations comprising the particle model 
are numerically integrated using a grid of 10 points to capture the 
spatial gradients of p, T and X, i.e. the grid size is then 0.5 mm. The 
char structure is typically represented by its pore size, in the range of 
a few nanometers. Since this value is much smaller than the grid 
size, the conditions for application of Eq. (66) are fulfilled. The main 
advantage of this formulation is that the reaction rate is formulated 
on a volumetric basis allowing easier mathematical treatment of 
diffusion effects; however, the local variation of A g , i.e./(X), can still 
be described by heterogeneous structural models obtained experi¬ 
mentally under kinetically-controlled conditions [234]. 

A useful method to make a char-particle model tractable is in to 
employ a particle effectiveness factor: 


Vp(*c) 


Gn,p(*c) 

fm,e(*c) 


(67) 


r m e is the conversion rate of a particle exposed to the emulsion 
conditions of the bed, where the concentration and temperature of 


the gas are known, while r miP is the actual (observed) conversion 
rate of the particle. Obviously, p p changes with time, and thus, it 
should be calculated at each degree of conversion as emphasized in 
Eq. (67). 7] p can be estimated by separating the effect of the external 
and the internal resistances. For this purpose, two effectiveness 
factors, external and internal, p e and pj, are defined 


*?e(*c) 


r m,s(^c) 

Hn,e(*c) 


and Pi(x c ) 


Gn,p(*c) 

nn,s(*c) 


( 68 ) 


where the subscript “s” denotes the conditions of the external 
surface of the particle, so r m<s is the reactivity of a particle exposed 
to the conditions at the particle’s surface (not a priori known). p e is 
the ratio of the intrinsic reaction rate, evaluated at the surface, and 
the rate under emulsion conditions, i.e. it accounts for the drop in 
concentration and temperature in the boundary layer of the 
particle, whereas 7][ is the ratio of the actual rate and the intrinsic 
rate evaluated for surface conditions. 

The use of p p , pi r\ e is useful when prediction of these quantities 
can be determined by simple methods. This provides a short-cut 
method for estimation of r m p , avoiding the solution of a particle 
model and Eq. (66). The particle effectiveness factor is calculated as 
Vp = Vi Ve> and r m , p is obtained from r mie and p p by applying Eq. (67). 
Flow to do this for combustion and gasification of char in an FBBG is 
shown in the following sections. First, a survey is given of the 
models describing the modes of conversion of a single char particle. 


3.5.3. Conversion models for single char particles 

Fig. 18 shows various ways to represent the conversion of char. 
As the reaction proceeds, there is a change of the mass of carbon 
depending on the operating conditions and char type, leading to 
a decrease of the particle’s size and/or density. A spherical particle, 
undergoing continuous conversion, has been assumed for 
simplicity in Fig. 18. Cases (a), (b) and (c) are the classical models, 
representing extreme behavior, whereas Cases (d) and (e) represent 
more general modes of char conversion. 

In the uniform conversion model (Case a: UCM) the reaction 
takes place throughout the char particle and the internal fields of 
gas species and temperature are smooth during the entire process, 
rn ~ 1. Distinction between particle and local conversion is not 
needed (X ~ x c ). If the external resistance is small, p e ~ 1, so that p p 
~ 1, the rate of gasification of a single char particle can be calcu¬ 
lated directly from the intrinsic reactivity evaluated for emulsion 
conditions. 

In the surface reaction models (Cases b and c) the reaction is fast 
and takes place as soon as the reactant gas has reached the external 
surface of the particle. The useful kinetic coefficient is k A , and there is 
no need for a complex description of the development of the internal 
area, since the reaction surface is A e . Two cases are distinguished, 
depending on the ash behavior during conversion. In the shrinking 
unreacted particle model (Case b: SUPM) the ash formed peels off 
instantaneously. Then, the particle shrinks during conversion due to 
the chemical reaction, and the instantaneous size of the particle is 
correlated with its conversion. This relation is shown in Fig. 18 for 
a spherical char particle. In the shrinking unreacted core model 
(Case c: SUCM) the reaction occurs at the surface of the core whose 
radius decreases with time as the reaction proceeds. The particle 
size, however, is preserved because the ash remains attached to the 
particle and becomes an additional resistance to mass and heat 
transfer. This resistance grows with the thickness of the ash layer 
and depends on the effective mass and heat transfer coefficients. The 
SUPM and SUCM models are sharp-interface models [239] and are 
usually applicable to non-porous chars. 

Extension to porous char can be handled with progressive 
models (PM). Two representative progressive models, with 
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(a) Uniform conversion model (UCM) 



(b) Shrinking unreacted particle model (SUPM) 



- x and p c vary uniformly with I 

- ^const^po 

-x=X 

- c=c(r) 

-nr i 

- Reaction at particle surface 

- Ash (if exists) peels off 

-d p = d p0 (\-x c y n 

- Valid for relatively non-porous char 


(c) Shrinking unreacted core model (SUCM) 



- Reaction at core surface 

- Ash layer remains attached 

- d p =d p0 

-d c = d p0 ( l-Jc e V» 

—Valid for initially non-porous char 


(d) Progressive model with shrinking (reacting) particle (PMSP) 


0 • • 


- Reaction throughout the particle 
-Ash (if exists) peels off 

- d=d p (xj 

- Extension of SUPM for porous char 


(e) Progressive model with shrinking (reacting) core (PMSC) 


# • 



Time 


► 


- Reaction throughout the particle 
-Ash layer remains attached 

- d=d p() but d=d c (x c ) 

- Extension of SUCM for porous char 


Fig. 18. Single char-particle conversion models. Black is the color of carbon, no conversion; white is the ash color, full conversion. Intermediate colors are intermediate states. Models 
(a)-(c) are the classical ones. Types (d) and (e) are extensions of (b) and (c) for porous char, allowing reaction to take place within the shrinking core/particle, showing an extreme 
behavior of the ash formed. Alternative names are: Homogeneous model (Cases a). Sharp-interface or Surface-interface model (Cases b and c) [239]. Case (d) and (e) are sometimes 
called finite-reaction-zone models [239]. Souza-Santos [24] used Exposed-core model or Ash segregated model for cases b and d and Unexposed-core model for cases c and e. 


shrinking particle (PMSP) and with shrinking core (PMSC), are 
shown as Cases (d) and (e) in Fig. 18. In these models the reaction 
takes place in a reaction zone, which grows inwards during the 
course of reaction. The difference between the two models is in the 
behavior of the ash, which is removed in the case of the PMSP, 
whereas it is maintained in the PMSC. In the PMSC, it is assumed 
that an external shell of ash (free from carbon, X = 1) is formed at 
some time. From that time on, the reaction zone detaches itself from 
the surface of the particle and begins to move inwards. The effective 
diffusion coefficient of mass and heat in the ash layer may differ 
from that of the reaction zone. Some models have been formulated, 
extending the above PM by considering two parts within the reac¬ 
tion zone: a zone that is permeable to the reactant gas with a volu¬ 
metric reaction and an unreacted core, impermeable to the gas 
[240]. 

Mathematical description of Cases (a)-(c) is found in classical 
textbooks [241]. Mathematical treatment for the progressive 
models, Cases (d) and (e), has been reviewed thoroughly 
[24,43,239,242-244]. In all models of Fig. 18, the boundary layer 
treatment is similar, because it is the first step for the gas diffusion, 
treated as a series process. It is emphasized that the limiting models 
in Fig. 18 (Cases a-c) provide simple relations: the size is kept 
constant in the UCM, whereas the density remains constant in the 
SUPM and the SUCM, in the latter model, the density of the core. 
The solution of progressive models, in contrast, is more difficult and 
numerical integration is needed to establish the conversion of the 


particle, the location of the moving core, or its shrinkage with time. 
These relations may be altered by attrition as discussed below. 

Aiming at simplification of the mathematical treatment of the 
particle models, macroscopic empirical models describe the varia¬ 
tion of density, particle size and reactivity in terms of overall particle 
conversion x c by adjusting some parameters. The change in size and 
density of char during conversion can be empirically described by, 

d c (t) = d c0 (l -x c ) e (69) 

Pc(t) = PcoO-XcT (70) 

Then, the reactivity of a particle per unit volume r V)P can be 
written 

r v ,p = Pco(l—(71) 

Since Eq. (58) holds for the particle mass at any time t, the two 
coefficients a and 5 are related: 1 = 35 + a. For the UCM (Case a in 
Fig. 18), consistent values of the coefficients are 5 = 0 and a = 1, 
so that r v , p = p c odx c /dt. For the SUPM (Case b in Fig. 18) 5 = 1/3 
and a = 0, so that r V)P = p c o(l - x c ) _1 dx c /dt. In between these two 
limiting cases, the empirical macroscopic models claim to 
describe the process by judicious extrapolation of a and 5, and 
(5,a) should hold in the ranges (0,1) and (1/3,0). Obviously, the 
macroscopic models given by Eqs. (69-71) provides a short-cut 
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method for the calculation of r VtP , but the degree of approxima¬ 
tion is uncertain. Nevertheless, the macroscopic models are 
widely used because they are helpful to develop empirical 
particle models by adjusting the values of a and <5 for the oper¬ 
ating conditions of interest (type and size of char, temperature, 
and gaseous concentration). A more rational basis for calculation 
is provided by formulating char particle models in a simplified 
way. This is done in the following. 


3.5.4. Evaluation of the combustion reactivity of a single char 
particle 

Advanced particle models are developed for combustion condi¬ 
tions [ 183,245,246]. The models of char combustion in FB combustors 
and gasifiers share some features but differ in others. The temperature 
of a char particle in an FB combustors can be significantly higher 
(50-100 °C) than the average bed temperature [247]. In contrast, the 
temperature difference between the char particles and the bed is 
small in an FBG, due to the simultaneous endothermic and 
exothermic reactions [25,59,219]. This allows assuming isothermal 
conversion in an FBBG even for the combustion reaction. 

During char combustion it has been experimentally verified for 
a large number of chars that the reaction is so rapid that it occurs in 
a thin layer. Therefore, sharp-interface reaction models are often 
adopted (Case b and c in Fig. 18). The SUPM is likely to be the closest 
representation for combustion of low-ash biomass char, such as 
wood in an FB, since the abrasion by bed material enhances the 
removal of ash from the particles. For high-ash chars, such as 
sewage sludge, it has been demonstrated that the SUCM better 
represents the behavior, because the ash remains attached during 
the whole conversion [248]. The use of sharp-interface reaction 
models greatly simplifies the solution, because the surface where 
the reaction takes place can be directly correlated with x c as indi¬ 
cated in Fig. 18. This is the reason why char reactivity for combus¬ 
tion is usually based on a reacting external surface. A description of 
the internal surface and the pore development during conversion is 
not necessary in any of these cases. 

For first-order kinetics with respect to the gas, the reactivity of 
a single particle according to the SUPM and SUCM has been pre¬ 
sented in classical text-books. For instance for char particles with 
spherical geometry [241]: 

• db /_L fe Ti forSUPM (72) 

Uh m + kj 


r m ,p = 


Pe 


dpOPc 1 

Mn 


dpo (dpo ~ d c ) 1 

2AD as /jd c 1<a 


dpo 

d c 


for SUCM 


(73) 


A is the gravimetric stoichiometric coefficient, defined as A = MM C / 
(MM g v g), and v G is the stoichiometric coefficient of the gas in the 
char-gas reaction, i.e. according to the stoichiometry Carbon + v G 
Gas -► Products. In the SUPM the density p c remains constant 
during conversion, whereas the size d p and the mass transfer 
coefficient h m change with conversion. The evolution of d p and h m 
with x c are known, as indicated in Fig. 18 by the relation of d p (x c ). In 
the SUCM d p keeps constant d p = d p o but the position of the core d c 
(see the law of change in Fig. 18) and the particle density change 
with x c according to Eq. (64). Therefore, r m p can be calculated as 
a function of x c . The corresponding Eqs. (72) and (73) expressed as 
a function of x c , the integrated t-x c expressions, as well these 
relations for other geometries are available [241]. 

Flowever, the reaction order for combustion of biomass and coal 
char at atmospheric pressure is in the interval of 0.5-1 
[6,77,216,249,250]. Analytical expressions for nth order kinetics 
have been obtained here for general nth order kinetics, summa¬ 
rized in Table 11, where the solution of r m p is expressed in the 
general form: 


r m ,p = r m e o (1 - Xc) 1/3 Vp(x c ) (74) 

r m ,eo being the reactivity at t = 0 (x c = 0) evaluated for emulsion 
conditions given in Table 11. Eqs. (72) and (73) can be obtained from 
Eq. (74) as particular cases for n = 1. 

The relatively large particle size and high reactivity of the 
char in an FBG usually make the rate of char combustion 
controlled by external diffusion (Regime III). In this regime, the 
reactivity of a single particle, no matter the order of reaction of 
the kinetics, is 


r m ,p = (for SUPM) 

L ePc0 


(75) 


r m , P = 4^ ( for SUCM ) (76) 

which are particular cases of Eq. (72) or Eq. (73) when the reactivity 
of the char is high compared to the rate of diffusion to the external 
surface (the sum of external and ash diffusion if the ash is kept 
attached, i.e. SUCM). Eqs. (75) and (76) have been expressed in term 
of L e , the equivalent particle diameter, given by the ratio of particle 
external surface and volume (d p /6, d p /4 for spherical and cylindrical 
particles and half-width in a flat particle). Variation of L e with x c is 
given by L e = L e o(l - x c ) 1/3 . 

Owing to the gas-film diffusion control for practical operating 
conditions in FB combustion, models of single char-particles have 
been focused on the solution of the mass transport in the 
boundary layer instead of inside the particle; various gas-film 
models have been developed: single, double and continuous film 


Table 11 

Model for the combustion reactivity of a single char spherical particle in an FBBG (nth order kinetics, surface model (SUPM or SUCM) and isothermal conditions) 

r m , P = r m , e0 (l -Xc)- 1/3 Vxc) ( Eq- 74 )- 



SUPM 

SUCM 

r m,e0 


(6/<aPe)/(Pcodpo) 

Vp 

(1 - Da ch 7jp)" = | 

[(((1 - n)Da ch )'/" + i)" + nDa ch ]-’ 0 < n < 1 

2n[(2n) 1/n - 1 + (1 + 2nDa ch ) 1/n + 1]“" 1< n< 2.7 

Da ch 

~ = 1/3 forShoc const 

Da ch ,eo(l-Xc) s j f =1 ) 6 forShaRe 1/2 

Da ch ,eo(l -*c) 2/3 + Da chJ0 ((l -x c ) 1/3 - (1 -x c ) 2/3 ) 

Dclch.eO 


(k AP r')/(h m 0 A) 

Dclch.iO 

- 

(k A f,r'd p0 )/(2D ash A) 
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models [6,251]. All these models can be represented by a single 
film and a global reaction characterized by a factor 6, 

C + #0 2 —>2(1 - d)CO + (26 - 1)C0 2 (77) 

6 can be obtained as a function of temperature and other param¬ 
eters [252]. Values of 6 in the range of 0.8-0.9 have been used for 
char combustion in FBG, fitting well measurements with lignite 
coal [253] and sewage sludge [231]. In modeling of char combus¬ 
tion in FB combustion, 6 is a key factor [254], but in FBG models it 
plays a secondary role and influences the solution only weakly. This 
is because the final gas composition from the gasifier is determined 
by the water-gas shift reaction and char gasification rather than 
char combustion [111]. This is another great difference between 
char combustion in an FB gasifier and in a combustor. 

When the reaction takes place in a finite zone (and not in a sharp 
interface as assumed in the derivation of Eq. (74)) the treatment 
becomes more difficult. Flowever, such a case is not likely to occur 
during char combustion in FBBG, although it can be handled with 
the method presented below for char gasification. 

In summary, combustion of biomass char in FBBG takes place on 
the external area of the particle, linking directly d p (or d c ) and x c . An 
isothermal SUPM (Case b in Fig. 18) with external diffusion control 
is considered to be a good representation of the process, and then 
r miP can be calculated by Eq. (75). For fine chars with high reactivity 
at high temperature, Regime II can be established and r m p should 
be calculated by Eq. (74). Eqs. (72) and (73) should be used only 
with first order kinetics. 

3.5.5. Evaluation of the gasification reactivity of a single char 
particle 

The reactions of char with CO 2 , H 2 O and H 2 , are much slower 
than with oxygen for the conditions of FBG. The char remains 
a considerable time in the bed (from a few minutes to around an 
hour) to be converted. Then the reactants have time to diffuse 
into the particles, the reactions take place inside the particle to 
a greater extent than during combustion, and the interior surface 
changes significantly (internal area and degree of catalytic effect). 
A model capturing the local carbon conversion, reaction area, and 
gas conditions (concentration and temperature) is, therefore, 
essential. Gasification is most likely to proceed in Regime II, and 
Eq. (74) is not a useful model because the reaction does not occur 
on the external surface only. A formulation of the kinetics 
expressing the volumetric consumption of carbon inside the char 
particle is appropriate. A variety of advanced particle models 
have been published to calculate r m>p during gasification of char 
from coal [237,238,255,256] and from biomass [227]. These 
models have solved the multicomponent mass diffusion of 
species in both the external layer and in the interior of the 
particle, considering non-isothermal effects and that particle 
properties vary with time. The models provide an understanding 
of the process, but they are not used for reactor simulation due to 
the complexity of the calculations. Instead, models of kinetics 
without transport effects are often employed in reactor calcula¬ 
tions [211,257]. 

Here a way to calculate r miP for FBBG is presented, accounting for 
both transport and kinetics effects. The model is simplified, based 
on experimental observations made during normal operation of an 
FBBG, as well as on theoretical aspects learnt from advanced 
particle models. The following simplifications are made: 

a. At usual temperatures, the rate of char hydrogenation (R6 in 
Table 3) is slow in atmospheric gasifiers, and methane forma¬ 
tion can be disregarded. Then, three reactions participate in 
char gasification: char-C0 2 , char-H 2 0, and the water-gas shift 


reaction, the latter being rapid compared to the other reactions 
[238]. 

b. Temperature is nearly uniform in the bed and in the particles, 
and isothermal conditions are assumed [219,237,238]. 

c. The high diffusivity of hydrogen leads to nearly uniform 
concentration of this gas throughout the char particles 
[238,255], whereas this may not be the case with other gases. 

d. The dependence of the char reactivity on the concentrations of 
the reactants CO 2 and H 2 0 and on the temperature of char can 
be represented by nth-order kinetics. It is known that Lang- 
muir-Hinshelwood kinetics is a more general description 
based on surface mechanisms, especially when inhibition by 
the products (CO and H 2 ) must be taken into account [226,258]. 
However, at near-atmospheric pressure and low partial pres¬ 
sures of CO and H 2 experimental results are rather well 
correlated with an order of reaction between 0.4 and 0.7. 
Kinetic parameters based on a model involving nth-order 
kinetics have been surveyed [216,226,258]. Despite wide vari¬ 
ation of the activation energy, the reaction order was found to 
be within the range of 0.4-0.7 for most chars. Assumption of 
a first order reaction can lead to substantial error, and a particle 
model has to handle nth-order kinetics. 

e. Fig. 19 shows the evolution profiles of conversion ofX during char 
particle conversion for (a) rapid and (b) slow reactions. For rapid 
reactions, such as char combustion (Fig. 19a), the conversions X 
and x c differ significantly: the external layers haveX= 1, while X= 
0 in the interior of the particle. This leads to the surface interface 
models shown in Fig. 18. In contrast, for slow reactions, such as 
char gasification with CO 2 and H 2 O, the conversion profiles are 
more similar to those shown in Fig. 19b. In low-temperature 
gasifiers (such as FBBG), the char is mainly converted by CO 2 and 
H 2 O due to the lack of O 2 in most reactor space. An important 
conclusion is that, at any time, X and x c do not differ much, 
simplifying the reaction-diffusion problem in a char particle. 

f. The reactions of char with CO 2 and H 2 0 can be added into one 
single reaction. This is based on the study [228] where the 
reaction rate was found to depend on the concentrations of 
H 2 O and CO 2 in a similar way; the rate of the reaction with H 2 O 
is greater (twice) than with CO 2 [25,219,228,259]. Some 
authors considered the rates to be identical [260]. Others have 
omitted one of the reactions or did not consider the CO 2 + C 
reaction directly [259] because of the large difference in rates 
observed for coal chars. For simulation of an FBG operated with 
wood, the reactivity of the char with H 2 O has been considered 
to be twice that with CO 2 [219]. In any case, the ratio of the two 
reaction rates can be obtained from measurements [261 ] and 
may be assumed constant during conversion. In this way, only 
one reaction is explicitly taken into account [104]. 


Based on assumptions (a) to (f), a simple char particle model can 
be developed. The procedure is to estimate an effectiveness factor 
for the particle 7] p through its interior r][ and exterior r] e counter¬ 
parts, defined in Eq. (68). The detailed derivation of the equations 
and the way to obtain the necessary information from experiments 
has been published [234]. The solution of the isothermal mass 
transfer problem in the boundary layer and within the char parti¬ 
cles under pseudo-steady-state can be written as a function of 7] e 
and rji as: 

Ve = (1 ~ OZch,eV[Ve) n (78) 


Vi = 


(n-l)/2n n 1/2 
7 ' e ua ch ,i 


(79) 
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Fig. 19. Typical local conversion (X) vs. particle radius (R p ) at various times (from t\ to t 5 ) within a char particle during: (a) combustion and (b) gasification. Dotted lines in graph 

(a) represent the position of the core (R c ,ti-Rc,t 5 ) at different times if a surface interface model (surface reaction) is assumed (see cases b and c in Fig. 18). Dotted lines in graph 

(b) represent the particle conversion (x Cjt i to x Cit 5 ). 


For known Da C h,e and Da C h.b Eqs. (78) and (79) provide two 
coupled non-linear equations for r\ e and Once p p is determined 
{Vp = Ve Vi), F mp is estimated as 

r m,p = r m,eo/(*c)(l — *c)Pp(*c) ( 80 ) 

r m ,eo being the reactivity evaluated at initial conversion in the 
emulsion: 

Gn,eO — AnO^APe = ^mOPe (81) 

Da c h,e and Da C h.i are defined in Table 12. Da C h,e, the external Dam- 
kohler number of the particle for char gasification, is the ratio of the 
reaction rate to the external diffusion rate. Da C h.i the internal 
Damkohler number (Thiele modulus squared), is the ratio of the 
reaction rate to the internal diffusion rate. Both Da C h,e and Da C h.i are 
computed for the conditions in the emulsion phase and they 
depend on conversion. Da C h,eo and Da C h,io are the corresponding 
values at the initial conversion. As seen in Table 11, for char gasi¬ 
fication, Da C h,e and Da C h,i are defined with the volumetric kinetic 
constant k v to take into account the change in internal surface of the 
char particle. In combustion, where the reaction occurs only at the 
surface, the kinetics constant is based on the surface, k a. The factors 
A e and X[ in Eqs. (126) and (127) (Table 12) result from the variation 
of the particle’s properties and /< v (volumetric kinetic coefficient), L e 
(equivalent length), h m (mass transfer coefficient) and D e ff (effective 
diffusivity), vary with conversion x c . The change of D e ff with x c is 
given by the empirical equation g(x c ) in Table 12. The change of 
particle size with x c is estimated by a model like Eq. (69) with an 
equivalent length L e , given in Eq. (133), containing the adjustable 
parameter 5.5 is difficult to predict theoretically because it not only 
depends on the mode of chemical conversion of the char but also on 
attrition and secondary fragmentation. Therefore, d needs to be 
obtained experimentally [261]. Eq. (79) is strictly valid for first- 
order kinetics in a slab. However, it can be shown [262] that it is 
a reasonable approximation for any geometry (characterized by an 
equivalent size L e ) and reaction order, n. 

The simplified method is valid for relatively low Da C h,i,, which 
corresponds to a situation like the one depicted in Fig. 19b. The 
precise value of Da C h,i, up to which the approximate model yields 
reasonable results depends on the operating conditions and the 
way in which the intrinsic reactivity varies with x c (that is, on the 
nature of the biomass and the form of preparation of the char). This 
case can be seen as an extension of a UCM, where some pore- 
diffusion effects may exist without being dominant; this case can be 
useful for char gasification in FBG. 


Note the similarity between Eqs. (74) and (80): r m>e o are 
demonstrated to be equal if proper relations between the kinetic 
coefficients are used, k v0 = Pco^mo/<A = Pcok m o together with the 
variation of size and density during conversion for SUPM and 
SUCM, i,e, sharp interface models. The function (1 - x c ) -1 ^ 3 is used 
for char combustion (sharp interface models) whereas f(x c )(l - x c ) 
for gasification (homogeneous model). 

3.5.6. Evaluation of the effective reactivity in a FBG 

The overall reactivity in the bed, r m< b is calculated taking into 
account the mass distribution of conversion of the char particles in 
the bed Pb(*c)> each having the reactivity r m p (x c ), 

r m,b = J r m ,p(Xc)p b (Xc)dXc (82) 

V X c 

Most FBG models assume that r m> b can be approximated by 
hn,p(Xc,b), be. the reactivity evaluated at the average conversion in 
the bed, x c ,b. To assess this approximation, a factor Q is introduced 
[262], measuring the discrepancies between r m) b and r m)P (x c ,b), 

Q = ^’ b . (83) 

r m ,p (x c ,b) 


Table 12 

Relationships and parameters for the calculation of the single char particle model 
given by Eqs. (78) and (79) (all resulting quantities in the table are dimensionless). 


Da ch; e(x c ) = Da cM cPe(Xc) (126) 

Da ch ,i(*c) = Da ch;i0 Ai(Xc) (127) 

Ua c h,e0 ~ (te,0^v,0Pe j (128) 
Da ch , i0 = ((n + l)/2 (l^^o/^ 1 ))/(D eff , 0 A) (129) 

f/(x c )(l -x c ) 1+(3/2)5 (for Shoe const) 

Ae( * c) ~~ |/(x c )(l -x c ) 1+25 (for Shoe Re 1 / 2 ) (130) 

Xi(Xc) = (f(x c )/g(x c ))(l -x c f +25 (131) 

g(x c ) = D eff (Xc)/D eff> o = ( e(x c )/e 0 ) K = [1 + ((1 - e 0 )AoKf (132) 

L e (x c )/L e ,o = (1-Xc) 5 (133) 
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When Q ~ 1, the distribution of conversion has a small impact on 
the average reactivity in the bed, then population balance is not 
necessary, and r m> b = r mi p(x c ,b) as investigated in [262-265]. In 
general, Q depends on/[X) and ^ p (x c ). Since the contribution of char 
combustion to the overall conversion of char is low under FBBG 
conditions, the population balance seems not to be necessary for 
the modeling of a hypothetical char combustion zone with 
a distribution of char particles. This can be easily quantified. For the 
particular case of SUPM (J[x c ) = (1 - x c ) 2/3 ) Q > 0.95 at x c ,b < 0.4 has 
been reported [262]. Therefore, to estimate the char conversion by 
combustion in an FBBG, it is sufficient to assume Q ~ 1 and to 
calculate r m p with Eq. (74). A population balance may be needed to 
evaluate the overall char gasification rate, since most of the char is 
consumed by gasification reactions. The difference between r m b 
and r m>p (x c ,b) has been analyzed by the curves of Q vs. x c ,b from the 
extended random pore model (ERPM) (Table 9) for different values 
of the parameters candp [265], representing a variety of biomass 
chars [220]. The main conclusion is, that to model the gasification 
of char in an FBBG working with an x c ,b, say, in the range of 0.6-0.9, 
a population balance should be included. In FBBGs operating at so 
low temperature that the char conversion is below 0.5, a population 
balance does not seem to be necessary. However, the case of FBBG 
attaining high char conversion is the one wished to be simulated, 
since it yields higher efficiency. Therefore, consideration of the 
population balance is needed for optimization of FBBG. 


3.6. Comminution of solid particles 

Fuel size is reduced by shrinkage during devolatilization, by 
primary fragmentation, secondary and percolative fragmentation 
of char, and fines generation by attrition (see Fig. 20). The 
comminution can differ from one fuel to another, but it is difficult to 
infer attritability from fuel properties, so it has to be characterized 
by experiments [266,267]. The processes to be discussed are visu¬ 
alized in a CFBBG in Fig. 21. 

Thermal stresses or release of volatile gases inside fuel particles 
exerting high internal pressure may break the particles into frag¬ 
ments. This phenomenon, called primary fragmentation, is indi¬ 
cated as Process 1 and 2 in Fig. 20. In addition, owing to the high 
mass loss during devolatilization, the shrinkage of the fuel particles 
may be significant. During the subsequent char convertion in 
Regime I or II, the pores increase in size, weakening the carbon 
bonds inside the char. When a bridge is too weak to withstand the 
hydrodynamic forces on the char, a fragment is formed. This 
process is called secondary fragmentation, visualized as Processes 
3, 4 and 5 in Fig. 20. Sometimes (usually in Regime I), all internal 
bridges may collapse suddenly, giving rise to the special type of 
secondary fragmentation known as percolative fragmentation. 
Experimental evidence [97] states that percolative fragmentation is 
the main mechanism of fines generation during char circulation in 
the freeboard of an FBG, probably a consequence of the highly 
porous char generated from beech. Although this feature has not 
been studied for many types of biomass, it seems to be a distinctive 
feature of biomass char compared to coal char [268,269]. The 
fragments produced by secondary fragmentation are an order of 
magnitude larger than the attrited carbon fines. The fragmented 
char particles may also experience further division into finer 
particles in an FB due to the abrasive action of the bed material. It 
has been shown [267] that the contribution of char conversion of 
fines in the freeboard is up to 70% of the conversion attained in the 
bottom bed at 700 °C, whereas this value decreased to about 10% at 
900 °C. Therefore, char conversion in the freeboard of a BFB should 
be considered in models operating at low-temperature gasification 
with high char concentration suffering attrition. 


A survey of attrition of carbons, mainly coal and char, during FB 
combustion has been presented [266]. Significant differences have 
been observed between biomass and coal and between different 
types of biomasses with respect to attrition and fragmentation 
[268,269]. Primary fragmentation is extensive for tyre-derived fuel, 
whilst attrition by abrasion plays an important role during 
combustion of bituminous coal and biomass. The intrinsic reactivity 
of biomass fuels is so high that extensive afterburning of attrited 
fines overcomes elutriation. The conversion of granulated sludge is 
characterized, in contrast, by the formation of a coherent ash 
skeleton throughout fuel conversion, though primary ash particles 
may undergo extensive attrition beyond burn-off. These features 
warrant high carbon conversion of this type of fuel in FBG. An 
investigation of FB combustion of three biomasses [269] showed 
that the conversion of fines occurred essentially by percolative 
fragmentation, accounting for 25-45% of the fixed carbon 
consumption. Compared to the amount of work published on 
attrition of coal and biomass in FB combustors, very little infor¬ 
mation is available on attrition of biomass in FBG [97]. 

Inclusion of fragmentation and attrition in the population mass- 
balances given in Eq. (36) is rather complex, demanding detailed 
knowledge of the mass-flow rates at different particle sizes, i.e. the 
model of terms r m in Eq. (36). An additional consequence of the 
generation of finer pieces of solids is that they may affect the time- 
temperature history of the reacting solids because of substantial 
overheating of fine particles (which heat up higher during burning due 
to their smaller size) with respect to the average temperature of the bed 
[270]. This feature, in combination with the large alkali content of some 
biomass fuels, may increase the fuel’s propensity to agglomerate [271 ]. 


MOTHER FUEL 
PARTICLE 




Fig. 20. Comminution of fuel and char during conversion in an FB. The main processes 
are identified by numbers and arrows indicate the progress of time: 1,2: Primary 
fragmentation of mother fuel-particle. 3: secondary fragmentation of coarse char. 4 
Conversion and secondary fragmentation of coarse char. 5: Conversion and attrition of 
fine char. 6: Attrition of char and ash. 
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Fig. 21. Particle transformation in a CFBG. 


3.6.1. Modeling of comminution of fuel and char 

Due to the complexity of the process and to the variation of the 
properties of biomass fuels, detailed modeling of comminution in 
FBBG is still a nascent field. Therefore it is out of the scope of this 
review, although a great deal of work has been published for FB 
combustion. Flere, a qualitative description is given of the key 
quantities, showing the essentials of comminution modeling and 
the type of input necessary for first estimates. Thereafter, a simpli¬ 
fied treatment is dealt with, giving rough quantitative expressions 
that could be used in reactor codes. 

Primary fragmentation changes the particle size distribution of 
the char and its average diameter. Therefore, modeling should be 
focused on the determination of these quantities, although few 
models can predict them with sufficient accuracy. The fragmenta¬ 
tion probability is sometimes related to the maximum overpressure 
within a particle, created during rapid heating, as estimated by 
Darcy’s law: 


P max — 


pf x JLP: 

Ppy PV tpy 2 K 


(84) 


where I< is the permeability of the particle, pf and p py the densities 
of the particle and of the volatiles released, and x py the mass frac¬ 
tion of volatile matter in the fuel. p max should be compared with 
a mechanical failure criterion to establish whether breakage of the 
slab occurs or not under the action of internal overpressure. 

It has been experimentally verified that the probability for large 
fuel particles to break up during devolatilization is high, whereas 
small particles do not undergo fragmentation. Theoretical quantifi¬ 
cation of this fact is made in terms of a fragmentation probability Pf 
[266,272], defined as the probability of a particle of certain size df to 
fragment during devolatilization. Complex models have been 
developed to calculate Pf on the basis of internal stress [266]. Simpler 
models of Pf has expressed it as Pf = 1 - exp(-/q tpy), where the 
fragmentation rate constant was kf = 0.11 s -1 . The time at which 
primary fragmentation occurs is not well known. However, calcu¬ 
lations assuming fragmentation, either at the beginning or at the end 
of the devolatilization period, show that the influence is small on the 
distribution of volatiles at the end of the devolatilization process 
[29]. Therefore, its calculation seems to be of secondary concern. In 
fact, primary fragmentation is almost instantaneous, because the 
devolatilization time is much shorter than the time of char conver¬ 
sion, so that the two processes can be considered to occur in series. 


The number and size distribution of the fragments, in contrast, must 
be predicted; they have a major impact on the FBG performance. 
Recent advanced models attempt to quantify these variables 
[185,186] by taking into account the thermal stress caused by the 
release of volatiles. One of these models predicts the possibility of 
fragmentation, timing of fragmentation and its location within the 
wood particle in an FB combustor. This type of model supports 
characterization of fragmentation patterns, but it is too complex to 
be used in reactor codes, and it needs several input parameters. 

During char gasification, secondary fragmentation changes the 
number and size of the char particles. The knowledge on secondary 
fragmentation of char is even more uncertain than that of primary 
fragmentation. Experiments aiming at characterization of fragmen¬ 
tation patterns result in an empirical expression of the dependence 
of the size d C h on conversion x c during fragmentation [267]. Perco- 
lative fragmentation generates fines and is claimed to be a dominant 
mechanism in biomass gasification [267]. Percolation, modeled for 
coal [273] requires definition of a percolation threshold. For coals, 
this threshold generally is at a high degree of conversion (>90%). 
Little is known about the behavior of biomass in this respect. 

Production of fines from coarse particles by abrasion with other 
particles is enhanced by combustion or gasification. The attrition 
rate in an FB is [274,275]: 

= KattAu(85) 
at a ch 

Au = uo - u m f the velocity difference in a BFB and the slip velocity 
Uo - u t in a CFB. /C att is the dimensionless attrition constant, 
determined experimentally for a variety of chars and solids [26] 
and roughly independent of the type of fluidization [275]. Also, 
friability coefficients © m are taken from literature for first estimates 
for various solids in the bed [276] quoted in [24]. For char, sand and 
other materials used in FB various friability coefficients have been 
reported [24,277]. 

A simplified treatment of FB combustion of coal char [278] and 
of biomass char [269] can be extended to FB gasification. Primary 
fragmentation and particle shrinkage, considered to be instanta¬ 
neous, affect the size distribution of char and reduce its average 
diameter (see Figs. 20 and 21). The relationship between the orig¬ 
inal fuel size, df and the average size of the fragments of char after 
devolatilization, d C h,o can be formulated as d C h,o/df ~ (<^/ni ) 1 ^ 3 , 
where cp = pfY C h/Pch is a shrinkage factor, and n\ and Y c h number of 
fragments and yield of char after primary fragmentation [269]. The 
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average diameter of the char in the bed, d C h,b (see Fig. 21), is 
assumed to be the result of two independent processes, one 
accounting for chemical reaction, yielding the fictitious size d c h.i, 
and the other accounting for fragmentation and attrition, yielding 
the fictitious size d C h, 2 - d c h,i is calculated as if chemical reaction 
were the only process reducing the size of the char, so d C h,i ~ tfd C h,o 
[278], a being a factor that depends on the mode of conversion. d C h ,2 
has been shown [268] to be related to d C h,o by d C h ,2 ~ dch.o-tU.m 3 , 
where n 2 , m = (1 +H 2 )/ 2 , with r *2 being a multiplication factor 
determined experimentally [269]. Now, assuming that the relations 
for dch.i and d C h ,2 could be used for the real, coupled case, the 
average char size in the bed, d C h,b, is related to the initial fuel size, df, 
by the approximate relation: 


Table 13 

Parameters for fragmentation modeling and calculation results (after Scala et al. 
[269]). 


Fuel 

Hi 

n 2 

9 

di/do 

dch,o/dr * (p/n,) 1 ' 3 

dch.b/df 

(from Eq. (86)) 

Pine seed shells 

1.6 

1.5 

2.0 

0.72 

0.68 

0.50 

Wood chips 

3.5 

2.2 

2.3 

0.59 

0.50 

0.34 

Olive husk 

1.04 

1.0 

1.3 

0.91 

0.90 

0.72 


providing attrition and elutriation constants for a variety of cata¬ 
lysts. However, so far, they have not been applied in FBG codes. 

3.7. Kinetics of homogeneous reactions 


df V”l n 2,m/ 


( 86 ) 


The change in size caused by generation of fines from attrition was 
neglected in the treatment above. In biomass chars peripheral per- 
colative fragmentation dominates rather than mechanical attrition. 
This leads to a negligible influence from the fines generation during 
conversion of coarse char on the mean diameter of the char particles 
in the bed, and this phenomenon can be treated just as an enhance¬ 
ment of the rate of conversion [269,279]. Hence percolative frag¬ 
mentation only affects the calculation of the total carbon 
consumption rate in the overall carbon mass-balance. The carbon 
consumption-rate can be simply evaluated by increasing the char 
conversion-rate calculated in the absence of fines generation, by 
a factor (1+a) [279,280]. The factor a can be determined by 
measurements under the operating conditions of interest. In fact, this 
approach is based on the assumption that char conversion is confined 
to a region close to the particle surface, which is valid for FB 
combustion, which is usually controlled by boundary layer diffusion. 
However, the assumption is questionable for FBG and should be 
verified for the conditions to be modeled. 

To sum up, for the estimation of the average particle size in the 
bed d c h»b» one has to measure « 2 , (p. o should be estimated 
according to the mode of conversion of the particle by a simple 
solid population balance, assuming no attrition and no outlet 
streams (no overflow/drainage, or elutriation). For combustion of 
char according to the shrinking-core model controlled by gas-film 
diffusion, a ranges between 0.78 and 0.80 [278]. For a char 
conversion model, such as that presented in gasification reactors, a 
can vary more, depending of the reaction order and the effective¬ 
ness factor. It is expected that rq and cp do not change from 
combustion to gasification due to the difficulty of oxygen to 
penetrate the front created by volatiles during devolatilization. In 
contrast, ri 2 , m , can be different under oxidizing conditions due to 
the possible enhancement of fragmentation and attrition by 
oxygen. Table 13 gives experimental values of the main quantities 
defined here for three biomasses [269]. 


3.6.2. Comminution for other solid particles 

For inert material and catalysts, attrition can be characterized by 
abrasion and the description is easier. Eq. (85) can be used with an 
attrition constant for the solid material. In the case of a catalyst that 
decomposes thermally in the bed, such as carbonate rock (dolo¬ 
mite, lime, etc), changes in physical properties have to be taken into 
account during the heating time until it is calcined to CaO or MgO. 
Under standard operation conditions the time of calcination is in 
the order of a minute [44], suggesting that this time is short 
compared to the solids residence time in the bed. Much work 
available from the modeling of sorbents for desulphurization of 
coal in FB combustion units [19,281,282] can be applied in FBBG 
modeling. There are a few measurements in this field [283], 


Combustion and reforming of volatile species may have a great 
impact on the outlet gas composition, carbon conversion and 
gasification efficiency. The homogeneous combustion of volatiles 
determines the behavior in the so-called flaming pyrolysis zone 
[284], a high-temperature zone (particularly in fixed-bed gasifiers) 
where the biomass is rapidly devolatilized and partly oxidized. The 
rates of the homogeneous combustion reactions have a strong 
impact on the behavior of FBG of high-volatile fuels like some low- 
rank coals and biomasses [59,111]. The reforming of volatiles such 
as tar, light hydrocarbons and the WGSR (i.e. the steam reforming of 
CO) determine the final gas composition and the extent of carbon 
conversion. These reactions may be catalyzed to a great extent by 
the sand, char or catalyst in the bed [285]. 

One could imagine that the kinetics of the homogeneous 
combustion and reforming reactions are well known, but this is not 
the case. The reactions between the stable chemical species 
involved in the homogeneous reactions are a complex combination 
of several elementary reactions. In particular, the reactions 
between oxygen and CO, H 2 and hydrocarbons comprise chain 
mechanisms with elementary steps of stable and unstable chemical 
species (for instance, radicals). Most work in the area of combustors 
and gasifiers uses global reactions, i.e. the reaction resulting after 
combination of the elementary reactions. Therefore, in most 
kinetics used in reactor modeling, the concentration exponents are 
not equal to the respective stoichiometric coefficients. In addition, 
some expressions include concentrations of species that do not take 
part explicitly in the stoichiometry of the global reaction, for 
example, the effects of water vapor on the oxidation of CO, of 
catalytic or poisoning species, such as HC1, on some oxidation 
reactions, or of some metals in the ash acting as catalysts over the 
solid-fuel particles, etc. In FBBG, the solids can strongly interfere 
with the rates of reaction. The quenching of radicals in the dense 
phase may determine the concentration of intermediate species, 
and so the observed reaction rate. As a result, the rate of these 
reactions in the bubble and the emulsion can differ significantly. 
This has been evidenced experimentally, for instance, during 
visualization of volatiles combustion in FB combustion, where the 
rate of volatiles oxidation is frozen by radical quenching in the 
dense phase and the combustion of volatiles is only observed 
within the bubbles [286]. Despite such evidence, this is rarely 
addressed in the reactor models. 

There is a great amount of work on the kinetics of homogeneous 
reactions. Some authors have analyzed the difference in the 
kinetics available in the literature, especially for the homogeneous 
oxidation of CO [21,24,287,288]. The numerical expressions of 
selected reactions are presented in Table 14, where the kinetic 
parameters are given for the oxidation of CO, H 2 , CH 4 and the steam 
reforming of CH 4 and CO. There is a great variation between the 
expressions for the same reaction. In Fig. 22 the Arrhenius graph (In 
k vs. 1 IT) for the CO oxidation is represented by various kinetics that 
have been used in models over the years [21,287-292], pointing out 
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the large discrepancies between one set of kinetics and another. 
The kinetics of hydrogen is very fast and some authors have simply 
considered it instantaneous [289] or kinetics parameters have been 
assigned to obtain very high reaction rate [295]. Haslam [296] 
studied the simultaneous combustion of H 2 and CO, showing that 
the ratio of the rate constants for these two reactions is 2.86 
between 900 and 1500 °C (see Table 14). 

The homogeneous oxidation and steam reforming of CH 4 are 
much slower than the oxidation of CO and H 2 (see Table 14). It 
can be concluded that, in absence of catalytic effects, the 
concentration of methane is expected to remain constant after 
the devolatilization and oxidation in an FBBG. This fact has been 
assumed in FBBG models over the years to simplify the gasifi¬ 
cation process, as will be discussed in Section 4.3. Flowever, the 
reforming of CH 4 , as well as the WGSR, as discussed below, are 
known to be catalyzed by solids in an FBG. The effect of coal ash 


Table 14 

Kinetics of the main homogeneous reactions (R in kmol.m -3 s -1 . c in kmol.m -3 in all 
reactions) 


CO + 0.50 2 —»C0 2 

R co = 

Ae -E°/m<f coC t 0: 

i C H 2 0 




a 

P 

7 

E a (kj mol 1 ) 

A 3 


Ref. 

1 

0.25 

0.5 

167 


2.32xl0 12 


[289] 

1 

0.5 

0.5 

126 


1.30xl0 n 


[290] 

1 

0.3 

0.5 

66.9 


4.78x10 s 


[291] 

1 

0.25 

0.5 

289 


1.28xl0 17 


[292] 

1 

0.5 

0.5 

126 


l.OOxlO 10 


[21] 

1 

0.5 

0.5 

126 


3.25xl0 10 


[287] b 

H 2 + 0.50 2 ^H 2 0 

r h 2 = 

A T 6 e- E “/( RT ^cfj 2 

c@ 

c 0 2 




a 

0 

5 

E a (kj mol 

- 1 ) 

A 3 

Ref. 


1 

1 

0 

109 


2.20 xlO 9 

[293:294] c 

1.5 

1 

-1.5 

28.5 


5.16xl0 13 

[24] 

d 

1 

1 

0 

125 


1.08xl0 13 

[231] e 

1 

1 

0 

42 


l.OOxlO 14 

[295] f 

k^/kco 

= 2.86 s 





[296] 

(1) 

CH 4 + 0.50 2 —> CO + 2H 2 


E ^chA 



(2) 

CH 4 + 1.50 2 ->C0 + 2H 2 0 R C h 4 

= A T 6 e~ 



(3) 

CH 4 + 20 2 —>C0 2 

+ 2H 2 0 




Stoichiometry h 

a 

0 <5 

E a (kJmol T ) A 3 


Ref. 

(1) 


0.5 

1.25 0 

126 

4.40 x 

10 11 

[300] 

(2) 


-0.3 

1.3 0 

203 

2.80x 

10 9 

[301] 

(3) 


-0.3 

1.3 0 

203 

l.lOx 

10 9 

[301] 

i 


0.7 

0.8 0 

203 

5.01 x 

10 11 

[289] 

(3) 


1 

1 -1 

130 

5.16x 

10 13 

[24] J 

CH 4 +H 2 O^COt 

3H 2 R C h 4 = Ae -£ “/( RT ) 

c CH 4 c H 2 0 




E a (kj mol -1 ) 


A (m 3 

kmol -1 ! 

s' 1 ) 


Ref. 

125 



u> 

b 

0 

X 

10 s 



[300] 

co + h 2 

O C0 2 ~h 

H 2 r wgsr = Ae e ^ rt \c C o c h 2 o 

- c C0 2 c H 2 / K ) k 



E a (kj mol ’) 


A (m 3 

kmol 3 s 

i" 1 ) 


Ref. 

12.6 



2.78xl0 3 



[302] 


a A in (kmol.m- 3 )" 1 K" 5 s" 1 with m= 1- a - 0 - y. 

b Jensen et al. [287] adapted the kinetics of Howard [290] by modifying A. Des- 


roches-Ducarne et al. [288] adapted Jensen’s equation to account for HC1 effects on 
the observed kinetics. 

c Mitani and Williams [293] is the original reference where the kinetics are only 
reported at one temperature as a function of elementary steps k= (/<i? k 2 )/k 5 . Groppi 
et al. [294] assumed that (/<i fc 2 )//< 5 equals Aexp(-E a /Rr) (ki, k 2 and k 5 follow the 
notation proposed by Mitani and Williams [293]) 
d Vilienskii and Hezmalian [297] is the original source (not verified) 
e Kerinin and Shifrin [298] is the original source (not verified) 
f not measured but assigned, assumed to be instantaneous, based on Bryden and 
Ragland [299] 

g in the range of 900-1500° C 
h See also Table 16 
1 not specified 

j Vilienskii and Hezmalian [297] is the original source (not verified) 
k I<: Equilibrium constant with Eq. (94) [303] 



1000/T (1/K) 

Fig. 22. Arrhenius graph for CO oxidation kinetics from (see Table 14): 1: Hottel et al. 
[291]; 2: Howard et al. [290]; 3: Jensen et al. [287]; 4: Dryer and Glassman [289]; 5: 
Hannes [21]; 6: Yetter et al. [292]. 


on the rate of steam reforming of methane and WGSR has been 
quantified [285]. The impact of solids has been taken into 
account in a few FBG models. Hamel [28,188] used the kinetics 
data determined by Chen et al. [285] for the steam reforming of 
CH 4 and the WGSR to simulate coal and biomass gasification in 
an FBG. Weimer and Clough [59] and Yan et al. [285] considered 
the catalytic effects of char on the rates of these two reactions in 
the gas of the emulsion of coal FBG. The kinetics have to be 
chosen with caution because the composition of the ash and char 
(and so their catalytic activity) depend greatly on the parent fuel 
(especially the amount of iron, calcium and alkali). A factor was 
used in [285] to adjust the catalytic activity depending on the 
char. When a commercial catalyst is added to the bed, the rates 
are typically an order of magnitude higher than the reactions 
over ash and char [285], which has to be taken into account. 

After analyzing models and kinetics from literature, a concern 
with regard to the WGSR arises: is this reaction controlled by 
kinetics or equilibrium? The attainment of WGSR equilibrium is 
questionable, especially in lab-scale FB in the usual temperature 
range of operation (800-900 °C) if no in-bed catalyst is used. In 
these devices, the temperature of the gas in the freeboard is usually 
significantly lower than in the bed. In large-scale systems, however, 
with sufficiently tall freeboard and insulated walls, the equilibrium 
of the WGSR is expected to be reached if the temperature is 
maintained above 800-850 °C. There is no quantitative evidence on 
this issue, though, since most of the FBG tests have been carried out 
in small units with large heat loss or with the air ratio decoupled 
from temperature by using external heating elements. As a result, it 
seems better to consider WGSR to be kinetically limited than to 
assume equilibrium. For this purpose, most modelers have used the 
kinetics presented in Table 14. This issue is discussed in detail 
below within the context of equilibrium and pseudo-equilibrium 
models. 

In summary, it follows that a preliminary screening of the 
various homogeneous kinetics, especially the oxidation of CO and 
H 2 , is a good practice in the modeling of FBBG because the reaction 
rate of these reactions varies widely depending on the choice of 
kinetics. The choice of the WGSR kinetics, in contrast, does not 
seem to be a concern because the same kinetics has been used in 
most publications. The uncertainty, instead, is whether equilibrium 
can be applied. It is expected that the choice of the oxidation 
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reactions of CO and H 2 does not affect much the outlet gas 
composition, because it is dominated by the WGSR. However, the 
choice of reactions may have a strong influence on the char 
conversion predicted by the model. No publication has been found 
that clearly supports these statements. Other homogeneous reac¬ 
tions, such as the (non-catalytic) steam reforming of methane are 
so slow under normal FBBG conditions that the correct choice of 
kinetics seems to play a minor role. The presence of ash, char and 
other catalysts in the bed is known to influence the steam 
reforming of hydrocarbons and CO, and this should be taken into 
account. Homogeneous and heterogeneous reactions involving tar 
species are specifically discussed in the next section. 


3.8. Secondary conversion of tar 

Tar represents a large number of hydrocarbon species, usually 
heavier than benzene, whose properties differ widely among each 
other [304]. Operational factors, such as the ratios of air/oxygen, 
steam/biomass, catalyst/biomass, and design details, such as bed 
and freeboard height, have major effects on the amount and 
composition of the tar. These ratios affect the temperature and gas 
composition (especially oxygen and steam) in various regions of the 
reactor [305,306]. The presence of a catalyst in the bed may also 
affect the quantity and composition of tar [307]. Other design data, 
such as point of introduction of fuel, staging of the gasification 
agent (for instance secondary injection), determine the effective 
contact time of the tar and, thus, its final composition [308]. The 
following text is primarily devoted to secondary tar conversion, i.e. 
conversion of the tar after the pyrolysis vapor has been released 
from a fuel particle following the discussion in Section 3.1. In spite 
of the huge amount of work published on the kinetics of tar reac¬ 
tions under various operation conditions, the knowledge of tar 
formation and conversion in FBBG is still limited compared to other 
aspects surveyed in this work. Therefore, special concern is asso¬ 
ciated with data on the kinetics and the corresponding uncertainty 
in modeling. 

3.8.1. Basis for modeling of the tar process 

Secondary conversion of tar takes place on its way through the 
reactor by thermal cracking, reforming, and partial oxidation (Rll- 
R15 in Table 3). The presence of an in-bed catalyst may have a great 
influence on the cracking and/or reforming reactions, affecting 
conversion and composition. Typical in-bed catalysts are calcined 
limestone and dolomite [309-311], olivine [311-313] and less 
frequently, Ni-based catalyst or catalysts made from a combination 
of the ones mentioned and other metals. Char itself is a catalyst, 
which has lately received attention, because it is cheap and 
generated within the process [314]. The performance of a variety of 
catalysts has been reviewed [315-318]. 

The modeling of tar conversion by secondary reactions 
encounters an additional difficulty compared to light gas 
compounds and char: tar is a mixture of compounds and changes 
its reactivity and chemical composition during conversion. Thus, 
accounting for tar conversion by mass tracking is not enough. This 
difficulty is formally also present in the modeling of char. However, 
char generated at high temperature consists mainly of carbon [215] 
and the conversion can be tracked by its relative mass change. 
Therefore, the approach of using one lump comprising all the tar 
compounds, despite being simple, is too limited in applications that 
aim at identifying the properties of the gas produced. In any case, 
the modeling of secondary tar conversion must be consistent with 
the kinetic data and the yields of primary tar employed as input to 
the modeling, as well as with the sampling and detection methods 
used for determination of tar. The latter can vary widely from one 


publication to another. Standardization of tar sampling and 
measurements has only been introduced a few years ago [304]. 

3.8.2. Tar classification and lumping 

In the first attempt to distinguish tar components [319] the tar 
was split into classes (also called groups, families, or lumps) 
according to its thermal conversion behavior, using temperature 
and residence time as main criteria to establish tar groups. Class 1 
consists of the products of primary pyrolysis, basically cellulose- 
derived products, released already at relatively low temperature 
(500 °C). Compounds measured in practical gasification operation 
are acetol, guaicol and acetic acid [320] and anisole [321 ]. Class 2 is 
phenolics and olefins, which are present in the temperature range 
of 500-1000 °C. Class 3, formed in the temperature range of 650- 
1000 °C, includes alkyl tertiary products (methyl derivatives of 
aromatics, such as toluene and indene). Class 4, formed above 750 
°C, comprises aromatic compounds without substituents, such as 
benzene, naphthalene, anthracene and pyrene. For processes above 
1000 °C, usually naphthalene is the primary component. This 
classification, despite being formally constrained to the experi¬ 
mental conditions of Ref. [319] (fine wood particles and a residence 
time in a gas-phase reactor of around 0.3-0.5 s), resulted in a first 
comprehensive experimental classification of the evolution of tar 
during its conversion. Recent work has refined and extended this 
idea, providing insight into the variation of tar species under 
different operation conditions [305,306,320,322]. 

A second established qualitative classification of tar has been 
made by ECN (Energy Centre of the Netherlands) [322], which 
grouped the individual tar compounds into five classes based on 
the behavior of the tar compounds in the downstream processes 
(mainly water solubility and condensing properties). The treatment 
of ECN has revealed the importance of the tar’s dew point. They 
have shown that the dew point is dominated by the heavier tar 
(Group 5 or polyaromatic hydrocarbons, PAH, with 4 to 7 rings). 
Extensive reviews on these topics are available [307,308,315- 
318,320,323]. 

3.8.3. Scheme of reactions and kinetics using tar lumps and model 
compounds 

The modeling of tar has been focused on making a simplified 
representation of tar formation and conversion. All the kinetic data 
for estimation of reaction rates are global and none of them 
represents elementary steps. Much work has been published to 
obtain practical kinetics of tar formation and secondary decom¬ 
position. This can be sorted up in three ways: by taking a generic 
lump of tar (not a specified compound) or by a tar indicator/model, 
i.e. a specific tar compound that is a quantitatively important 
representative for a class/group of tar compounds. The third way 
assumes a continuous representation of the tar mixture that 
evolves with time. The first approach has been widely applied in 
earlier models. The simplest procedure is to take one lump that 
represents the gravimetric tar, to describe the overall tar concen¬ 
tration [320]. Also the second approach has been widely used. 
Acetol (C 3 H 6 O 2 ) was chosen in [320] to represent the oxygenated 
compounds that constitute the primary tar, released during devo¬ 
latilization. Other lumps representing primary tars are anisole 
(C 7 H 8 0) [321] and phenol (C 6 H 6 0) [324]. Toluene (C 7 H 8 ) has been 
used to describe the behavior of the alkyl tertiary products class 
[325]. Naphthalene (CioH 8 ) has been widely accepted as an indi¬ 
cator compound for PAH. Naphthalene has also been selected as an 
overall model compound, i.e. representative of all tars, because it is 
hard to destroy, giving a conservative estimate of the overall tar 
concentration (usually called gravimetric tar). Phenol is sometimes 
used as model compound for secondary tars, representing the 
thermal behavior of soluble tars [320]. 
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In addition to the selection of one or various tar lumps, either 
specific or generic, the scheme of reaction and the interaction 
between the lumps in the gas atmosphere have to be established. 
The simplest scheme is to assume overall kinetics of formation and 
decomposition of the tar lumps. This approach gives a rough 
guidance about the behavior, but it does not provide sufficient 
information for the most practical targets. To refine this problem, 
tar lumps are assumed to interact in a more or less connected 
scheme of reaction. A common approach is to assume a series 
scheme, such as: primary tar lump -► intermediate lump + gas -> 
secondary lump + gas *-» soot + gas + lump. This has been used in 
[320] (gravimetric tar -> intermediate lump -► naphthalene -> 
soot) providing kinetic constants adjusted by experiments in a two- 
stage process (primary pyrolysis in a fixed bed and secondary 
conversion in a pipe reactor located downstream). The kinetics of 
soot formation from tar was taken from [326]. In [321] the 
following scheme was assumed: gravimetric tar -► naphthalene -> 
gas + soot, taking the kinetics from literature and further intro¬ 
ducing some simplifications. Interaction of one tar lump with 
another is possible, so superimposed reactions (parallel) have been 
considered [324,327,328]. In [327] two lumps represent the 
thermal and catalytic conversion of tar: an “easy-to-destroy” tar 
and a “hard-to-destroy” tar, resulting in four kinetic constants 
obtained by measurements made under specific operating condi¬ 
tions with silica sand and Ni catalyst in a laboratory FB. Later this 
treatment was extended to six lumps [328], yielding eleven kinetic 
constants. Values of these constants were calculated with data from 
a laboratory FB (the first stage: tar generation) and two fixed beds 
in series with a Ni-Based reforming catalyst for secondary conver¬ 
sion. These models provide deeper insight of the real tar conversion 
process, but their use in reactor models is limited. Evidence of this 
difficulty of application is that the authors themselves 
[110,329,330] did not use their own tar model when developing 
a model of a circulating FBBG, but they assumed a simplified 
treatment as discussed below. 

The third approach mentioned regards tar as a continuous 
mixture of several species. A model consisting of two parts was 
proposed [331 ]. In the first part, tar destruction and/or formation is 
calculated, assuming that the reactivity of a given component 
depends on its molecular mass: the higher the molecular mass, the 
more reactive the component. In the second part, the tar 
compounds obtained in the first part are clustered into so-called 
discrete lumps, such as asphaltenes, corresponding to experimen¬ 
tally observed species. A similar approach was developed for 
catalytic cracking in a fixed bed [328]. Flere, results were presented 
from measurements of the evolution of the distribution of the 
molecular mass of the continuous mixture during reaction in 
a catalytic bed. The models for the kinetics of continuous mixtures 
require a detailed molecular characterization of the mixture at 
different times of reaction. This approach is promising as demon¬ 
strated by its successful application in other branches of chemistry, 
but despite this, a considerable amount of work and measurements 
are still necessary for validation in the field of tar conversion. This 
model approach has therefore not been implemented in reactor 
models up to date. 

3.8.4. Modeling of tar conversion in FBBG 

The modeling of tar conversion in published FBBG models 
consists of two steps in series, following the strategy presented in 
Fig. 14b: (Step 1) the tar yield is obtained by a devolatilization 
model, either based on direct experiments or by applying kinetics 
or correlations taken from literature, and (Step 2) the secondary 
conversion is determined by thermal cracking, partial oxidation, 
and reforming. In the secondary tar conversion, two cases are 
distinguished, depending on the presence of external catalysts in 


the bed. When there is no external catalyst, a tar conversion model 
should be based on kinetics obtained in the presence of char and 
inert material at concentrations given by the FB application 
concerned. Also these materials, especially char from biomass, are 
known to have significant catalytic effects on tar reactions 
[314,327]. If the kinetic data in the experiments have been 
obtained in the absence of such materials, the model could 
predict at least the minimum tar conversion. This could be useful 
for conservative estimates [320]. On the other hand, when an 
external catalyst is added to the bed, tar conversion must be 
calculated using the kinetics obtained in the laboratory with the 
catalysts concerned. If the size of the catalyst in the bed is larger 
than that used in the lab, as it is usually the case, a catalytic 
particle model should be used, taking diffusion into account. 
Sometimes, kinetics tests in the lab are intentionally carried out 
to obtain an apparent kinetics for the catalyst size to be used in 
the FB. In such a case, the results from the lab can be used 
directly, but the reliability of scaling up results to other operating 
conditions is limited. In addition, attention has to be paid to 
processes like attrition and elutriation from the bed and 
poisoning of the catalyst. The model should account for these 
processes if they are significant. 

Some well-known FBBG models have not even taken tar 
conversion into account at all [211]. The bulk of existing FBBG 
models employ one generic lump of tar to represent the overall 
conversion [219] taking the kinetics from various sources. Most 
published FBBG models have not considered (at least not explicitly) 
the presence of an external catalyst. Tar is assumed to be converted 
by thermal cracking in most cases. Oxidation is taken into account 
in some work, whereas it is not included in others with the moti¬ 
vation that the oxygen is consumed preferentially by light fuel 
volatiles [32]. Only a few FBBG reactor models include tar cracking, 
partial oxidation and reforming by assuming a variety of tar lumps 
integrated in a simple scheme of reactions [24,69,110,321]. The 
main features of these models are briefly discussed in the following 
paying attention to whether an external catalyst has been used or 
not in the bed. 

3.8.4A. FBBG models without external catalyst in the bed. It has been 
assumed [24,69] that the primary tar generated during devolatili¬ 
zation is converted by thermal cracking (secondary pyrolysis), 
generating light gas and inert (non-reactive) tar. In [69] the kinetics 
of [162] was used for thermal cracking with stoichiometric coeffi¬ 
cients from [332] and the oxidation of tar was treated by the 
kinetics of [299]. In [24] various kinetics are reported for thermal 
conversion, depending on the biomass gasified and the operation 
temperature [162,191,320,333-336], while tar is oxidized according 
to the kinetics of [337]. 

3.8.42. FBBG models with external catalyst in the bed. The kinetics 
of tar cracking for anisole [338] were applied in [321] with reduc¬ 
tion of the activation energy justified by the presence of olivine. In 
[321 ] reforming of naphthalene over olivine was treated with data 
from [311 ] and the stoichiometry of the reaction from [326]. In [110] 
instantaneous cracking of tar was assumed with a yield obtained by 
experiments depending on the biomass used. The oxidation 
kinetics were taken from [289] and/or [339]. Catalytic reforming of 
tar in the presence of calcined dolomite was included, using the 
kinetics of [340]. The tar resulting from oxidation was assumed to 
produce only light gas and steam and the tar from reforming to 
yield a different tar that could further react with secondary air in 
the freeboard with the same kinetics as the primary tar. The 
composition of the two secondary reacting tars was taken from 
[219], showing a dependence of the CLIO content in the tar on 
temperature. 
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Table 15 

Kinetics for thermal cracking of tar compounds. 


Tar definition 

Mkjmol a ) 

A(s ') 

Equipment 

T(°C) 

t(s) 

Reference 

Tar 

108 

4.26E + 06 

FB 

450-600 

0.4-0.7 

[334] 

Tar 

87.6 

1.55E + 05 

- 

- 

- 

[341] 

Vapor 

59 

1.93E + 03 

Pyrolyzer + Cracker 

563-1030 a 

0.29-0.49 

[342] 

Acetol 

99.9 

5.00E + 05 

Pyrolyzer + Cracker 

500-1000 a 

0.4 

[320] 

Gravimetric tar 

76.6 

4.00E + 04 

Pyrolyzer + Cracker 

500-1000 a 

0.4 

[320] 

Tarl 

66.3 

3.08E + 03 

TGA + Cracker 

600-800 a 

0.49-2.12 

[332] 

Tar2 

109 

1.13E + 06 

TGA + Cracker 

600-800 a 

0.49-2.12 

[332] 

Tar 

119 

3.7E + 07 

FB 

700-950 

- 

[219] 


- Unknown or not clearly indicated in the source paper. 
a Temperature in the cracker (secondary converter). 


Besides the more or less questionable simplifications of the 
kinetic scheme and tar lumps assumed in the models, it is evident 
from the above presentation that: (1) the tar kinetics and the 
mechanisms investigated in much of the existing work are still not 
used in FBBG reactor models, where, instead, very simple kinetics 
and reaction schemes are employed, and (2) the key factor of all 
reactor models is the choice of the kinetics. In the following, the 
kinetics of tar applied in FBBG models is discussed. 

3.8.5. Discussion on the kinetics of tar 

Most published kinetics of tar conversion, whether they are 
affected by thermal and catalytic cracking, reforming, or partial 
oxidation, are expressed in the form of a first order law with respect 
to tar, fttar = ~kc tar , where k is the apparent kinetic coefficient (s -1 ), 
assumed to follow an Arrhenius expression. In the following, we 
review the main kinetics applied in published FBBG models (further 
discussed in Section 4). 

3.8.53. Thermal cracking of tar. The kinetics of thermal cracking 
has been taken from very different sources. Table 15 reports some 
of the cracking kinetics employed in the reactor models discussed. 
The table presents experimental equipment, operational range, 
biomass used in the experiments, and, when possible, the residence 
time of the gas. Great differences between the kinetics are evident, 
as plotted in Fig. 23. The practical implication of these differences is 
visualized in Fig. 24, where the conversion of tar vs. temperature is 
determined at a typical residence time of 0.5 s. As seen, the kinetics 
of [219] predicts almost complete conversion at 700 °C, whereas 
the rest of the kinetics give conversions in the range of 30-70%. At 



Fig. 23. Arrhenius plot for various kinetics of thermal cracking of tar (k is in s -1 ). 
Kinetics from Table 15: 1 Liden et al. [334]; 2 Baumlin et al. [342]; 3 Morf (gravimeric 
tar) [320]; 4 Rath and Staudinger (tar 2) [332]; 5 Diebold (1985) [341]; 6 Morf (acetol) 
[320]; 7 Rath and Staudinger (tar "1") [332]; 8 van der Aarsen (1985) [219]. 


800 °C the conversion ranges from 60 to 95% (except for the result 
of [219]). 

3.8.52. Partial oxidation of tar. The sources of kinetics related to 
partial oxidation of tar are not as numerous as those of thermal 
cracking, as seen in Table 16. Many recent FBBG models have 
adopted the kinetics reported in [299], which are based on data 
from [7]. However, the original source leads to [343] from which 
the kinetics have been considerably changed according to the 
authors’ interpretation and simplification. The kinetics of [289] 
which, in fact, was originally obtained for the oxidation of methane 
at high temperature, were used in [110]. In the latter work [110] first 
order with respect to both tar and oxygen was assumed and 
a correction factor was introduced to compensate for the uncer¬ 
tainty. Sometimes oxidation models and kinetics expressions for 
specific hydrocarbon compounds are used. An example related to 
benzene is given in the table for one and two-steps models with the 
kinetics of [301]. Oxidation kinetics for other light hydrocarbons is 
available [301]. 

3.8.53. Catalytic cracking and reforming of tar. Much work pub¬ 
lished on the determination of tar kinetics over catalyst materials 
has been conducted in fixed beds or in other laboratory devices. 
Many of the kinetics determined are effective/apparent/global, so 
they can be applied for the operation conditions used in the tests, 
mainly temperature and spatial time or velocity (in various units, as 
seen in Table 17). The main prospective catalysts for FBBG utiliza¬ 
tion are calcined limestone (calcite), calcined dolomite (magnesi¬ 
te + calcite) and olivine. Other materials, such as gamma-alumina, 
fluidized cracking catalysts or Ni-based catalysts, have been found 
less attractive for FBG, due to the high price of the catalyst, the 
difficulty in catalyst regeneration, and the contamination of the bed 



Fig. 24. Conversion of tar by thermal cracking as a function of temperature using 
various kinetics expressions at a residence time = 0.5 s. Kinetics from (see Table 15): 
1 Liden et al. [334]; 2 Baumlin et al. [342]; 3 Morf (gravimeric tar) [320]; 4 Rath and 
Staudinger (tar 2) [332]; 5 Diebold (1985) [341]; 6 Morf (acetol) [320]; 7 Rath and 
Staudinger (tar 1) [332]; 8 van der Aarsen (1985) [219]. 
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Table 16 

Kinetics of partial oxidation of tar compounds. 


491 


Stoichiometry 

Kinetics equation (R tar ) 

n t 

no 

E a (kj mol ’) 

A 

Reference 

C n H m + 0.5 n0 2 —► nCO + 0.5 mH 2 

Ae Ea / RT Tp 0825 c'£c^ r 

0.5 

1 

164.5 

2.08 x 10 9 (units na) 

[343] 

C n H m + 0.5 n0 2 —► nCO + 0.5 mH 2 

Ae -F.aRT rp n.3 c i1o c n, r 

0.5 

1 

80.2 

2.07 x 10 4 (m 15 kmol -0 - 5 s -1 K 1 Pa" 03 ) 

[7] 

CH^ 522 O 0 .0228 + 0.867 0 2 ^CO + 0.761 H 2 0 

ae -Ea/RT rc no c n, r 

0.5 

1 

80.2 

9.2 x 10 6 (m 15 kmol -0 - 5 s -1 K -1 ) 

[299] 

not specified 

Ae- Ea / RT cS°c^ 

0.7 

0.8 

202 

5 x 10 11 (m 1 - 5 kmol -05 s -1 ) 

[289] 

CH x O y + z0 2 -► (x/2 - y - 2z + 2)CO+ 

(y + 2z-f-l)C0 2 +§H 2 0 

Ae -Ea/RT c 3 o cSr 

1 

1 

201 

1.58 x 10 10 (m 3 kmol -1 s -1 ) 

[ 110 ] 

C 6 H 6 + 4.50 2 —>603 + 3H 2 0 

Ae- Ea / RT c 3 “c ^ H6 

- 0.1 

1.85 

125 

1.35 x 10 9 (m 2 - 25 kmol -0 - 75 s -1 ) 

[301] 

C 6 H 6 + 7.50 2 —>6C0 2 + 3 H 2 0 

Ae- Ea / RT c 3 °c 3 > H6 

- 0.1 

1.85 

125 

9.55 x 10 8 (m 2 - 25 kmol -0 - 75 s -1 ) 

[301] 


ash. Comparisons and kinetics of catalysts are reported in reviews 
[314-318]. In Table 17 some expressions, assuming first order with 
respect to tar, are presented. The table must be used with caution 
because of: (a) the different representations of the space time (s) in 
terms of catalyst volume/mass and volumetric feed flowrate at 
normal/reactor temperature, (b) many values of the kinetic coeffi¬ 
cient were evaluated under mass transfer limitations, and (c) the 
treatment of different tars originating from different gasification 
conditions or model tar components. There are cases (not shown in 
Table 17) where an overall effective kinetic coefficient has been 
determined, including thermal cracking, reforming with catalysts, 
and oxidation by secondary air [339]. 

From this discussion, it seems that these kinetic data are difficult 
to extrapolate to the conditions of an FB, but a detailed comparison 
of different catalysts is out of the scope of this work. A graph, such 
as that presented in Fig. 24, is difficult to present for catalytic 
kinetics, based on the data of Table 17 or other sources. Instead, to 
give a rough idea on the effectiveness of distinct catalysts, experi¬ 
mental findings [314] have been drawn in Fig. 25. The conversion 
measurements comprised two model compounds: phenol and 
naphthalene. The figure shows the ranking of the activities of the 
catalysts for the conversion of naphthalene at 900 °C (a) and for 
phenol at 700 °C (b). At 900 °C the conversion of phenol is domi¬ 
nated by thermal cracking (all catalysts gave 100 wt% phenol 
conversion and more than 98 wt.% of the phenol was already 
thermally cracked), whereas the naphthalene is thermally stable at 
900 °C (only 2% was converted over silica sand). Similar compari¬ 
sons for tar compounds, catalyst material and operating conditions 
can be found in literature [317]. 


3.8.6. Conclusion and recommendations 

Despite the great effort made to understand the mechanisms of 
reactions involving tar, the complexity of the process makes it 
difficult to develop comprehensive models. As a consequence, the 
tar conversion models are still implemented in FBBG models in an 
empirical way. To date, it has not been possible to predict the 
composition of tar in the outlet gas. Only a quantitative estimate of 
overall tar concentration has been achieved reasonably well. The tar 
models applied are of an empirical nature, based on the selection of 
the main reactions assumed to take place and global kinetics 
(experimentally obtained). In practical operation of FBBG the 
conversion of tar with oxygen is limited, because tar competes with 
light gases and char for the oxygen, and the light gases seem to be 
more reactive than tar. When there is no catalyst in the bed, thermal 
cracking partially converts the tar in the reactor. The kinetics 
reported in the literature for thermal cracking vary widely, and their 
selection is critical. When an external catalyst is used, the catalytic 
reaction is usually more rapid than thermal cracking, so the 
prediction of tar in the outlet gas is likely to depend on the choice of 
the catalytic kinetics. When diffusion effects within the catalyst 
particle are rate-controlling, detailed description of the heteroge¬ 
neous model process at a particle level, i.e. a particle model, could 
be critical. The selection of the kinetics for thermal cracking should 
not be essential in this case. In both cases, the kinetics, the type of 
biomass, and the conditions for which the experimental data have 
been obtained, should be carefully analyzed.There are other factors, 
not discussed here, that can be influence tar conversion. For 
instance, the soot formation on char surfaces leads to loss of cata¬ 
lytic char activity (and also of the char reactivity) and has to be 


Table 17 

Kinetics of tar catalytic cracking and reforming for various materials. 


Tar generation conditions 

Catalyst bed (fixed) 


Kinetic parameters 

a 


Reference 

Type 

T(°C) 

E a (1<J mol -1 ) 

A (Nm 3 kg -1 h -1 ) 

k (850 °C) b (Nm 3 kg -1 h -1 ) 

FB with air 

Calcined dolomite 

750-920 

97 

3.20 x 10 5 

9.85 

[344] 

FB with steam 

Calcined dolomite 

782-912 

42 

1.96 x 10 3 

21.81 

[283] 

FB with steam 

Magnecite 

803-882 

42 

1.46 x 10 3 

16.24 

[283] 

FB with steam 

Calcite 

801-880 

42 

1.28 x 10 3 

14.24 

[283] 

FB with air 

Carbonate rocks 

700-1000 

160 

9.24 x 10 7 

3.34 

[317] 

FB with air 

Olivine 

800-900 

114 

8.75 x 10 5 

4.35 

[308] 

FB with air 

BASF Gl-25 S 

750-850 

72 

1.56 x 10 5 

69.83 

[345] 

Steam + oxygen 

BASF Gl-25 S 

785 

58 

4.02 x 10 4 

80.70 

[346] 

FB with air 

Nickel B 

700-1000 

210 

2.16 x 10 10 

3.68 

[317] 

Doped gas with naphthalene 

Char 

700-900 

61 

1.93 x 10 4 

28.12 

[314] 


a In some cases the reported E a and A have been recalculated by averaging the values given in the original reference. In order to calculate A in units (Nm 3 kg -1 h -1 ), in some 
cases the values reported in (m 3 kg 1 h -1 ) in the original references have been converted by the average temperature T given in the third column of the table to refer the 
volume flow rate to normal conditions (273 K). 
b k is calculated as k (T) = A exp(-E a /RT) so that k (850 °C) = A exp(-E a /R(1173)). 
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Fig. 25. (a) Effect of catalytic bed material on naphthalene conversion. T = 900 °C, x = 0.3 s, feed gas composition: 6% v/v C0 2 ,10% v/v H 2 0, and balance N 2 . The marking of the 
bars indicates the initial naphthalene concentration: 40 g/Nm 3 (back and white bars) and 90 g/Nm 3 (black bars), (b) Effect of catalyst bed material on phenol conversion. T = 700 °C, 
x = 0.3 s, feed gas composition: 6% v/v C0 2 ,10% v/v H 2 0, and balance N 2 , initial phenol concentration 8-12 g/Nm 3 . Adapted from El Rub et al. [314]. 


taken into account. Despite there are a few studies, it has not been 
shown the influence on the tar conversion in FBBG. 

The overall conclusion is the same as that for homogeneous 
reactions: in the development and validation of reaction models, it 
is not enough to report the assumptions made and the kinetic 
expression used. All reactor models taking “external” kinetics or 
using kinetics that have been obtained under conditions that may 
differ from those of the FBBG to be modeled, should include 
a sensitivity analysis to elucidate the degree of uncertainty in the tar 
concentration of the outlet gas. This is lacking in all FBBG models 
published up to date. A great deal of work is still needed in this area. 

4. Survey of literature on FBBG models 

In the following, existing models of FBG using the three 
approaches, CFDM, FM and BBM (Table 1), are reviewed, paying 
special attention to FM, as they are the most successful models 
applied up to date. 

4.1. Computational fluid-dynamic (CFD) models 

Over the last decade CFD has been applied to FB. There are 
still, however, relatively few models of this type compared to the 
many models of other classes. Existing work includes models for 
coal in bubbling [42], circulating [31], and spouted bed gasifiers 
[347]. Models have been published for biomass employing CFD 


tools for bubbling FBBG [348-350]. No work has been found 
using CFD to simulate biomass gasification in a CFBG. Entrained- 
flow CFD models of gasification are abundant for coal [351-353] 
because the solids flow is more disperse and this application is 
computationally less expensive. There are also some models for 
biomass conversion in entrained-flow gasifiers, although this is 
a relatively poorly developed technology for biomass [353]. In 
contrast to FB gasification, a great deal of models has been 
published applying CFD to simulate FB boilers burning biomass 
and wastes [23]. Some efforts have also been made to model 
pyrolysis in FB by CFD [354]. A recent review on CFD modeling, 
applied to thermochemical conversion of biofuel, has been pub¬ 
lished [352]. 

The essential distinction between CFDM and other kind of 
models is that the fluid mechanics are dealt with in detail in CFDM. 
The source terms are similar in all models. The momentum equa¬ 
tions are solved for the gas and the solids phases. The gas phase is 
described by a continuum approach, adopting an Eulerian frame¬ 
work and modeled similar to single phase flow with an additional 
term, accounting for the interaction with the solid phase. The 
choice of turbulence model in the gas phase is a key issue. The solid 
phase is described by two distinct approaches: if the solid phase is 
treated as a continuum, an Eulerian framework is applied to 
describe the motion of the solids [41]; if the particles are individ¬ 
ually tracked, the equation of motion of the particles is used. The 
two approaches are named Eulerian-Eulerian (EEM) and Eulerian- 


Table 18 

CFD models for FBBG. 


Reference 

Type of reactor 

Model characteristics 

Fuel 

Simulated experiments 

Remarks 

Sofialidis and Faltsi [348] 

BFB 

Lagrangian for the 
particles in a prescribed 
porous medium 

Eucalyptus and 
miscanthus 

BFB 300 mm ID 

Comparison with outlet 
gas for one test 

Poor agreement 

Space occupied by bubbles 
is prescribed. Bubbles are 
calculated by semi-empirical 
relations such as in FM. 

Solution with FLUENT 

Wang et al. [358] 

BFB 

3D transient EEM 
k-e turbulent model 

Sorghum 

BFB 40 mm ID 

600-800 °C 

No detailed comparison 
made 

Solution with homemade code 

Wang and Yan [350] 

BFB 

3D ELM 

k—£ turbulent model 

Sewage sludge 

Experiments taken 
from literature 

BFB 38 mm ID 

Comparison with tests 
changing \ 

Reasonable agreement 

Solution with FLUENT 

Oevermann et al. [349] 

BFB 

2D EEM and ELM 
k-£ turbulent model 

Beech and pine 
wood 

BFB 95 mm ID 

Comparison with one test 
for each biomass 

Solution with MFIX 

Fletcher et al. [353] 

Entrained flow 

ELM 

k-£ turbulent model 

Sawdust and cotton 
trash 

No comparison 

Only sensitivity analysis made 

Solution with CFX 
























A. Gomez-Barea, B. Leckner / Progress in Energy and Combustion Science 36 (2010) 444-509 


493 


Lagrangian (ELM) models. In the ELM, the discrete element/particle 
method (DEM/DPM) is commonly applied, inspired by molecular 
dynamics. In order to describe particle collisions and to predict the 
frequency of pressure fluctuations, bubble formation, and particle 
segregation, DEM is based on soft or hard sphere simulation [355]. 
Soft sphere simulation involves an empirical coefficient of restitu¬ 
tion and friction, whereas the hard spheres are described by 
empirical spring stiffness and a friction coefficient. EEM, on the 
other hand, is solved by the so-called two-fluid model based on the 
assumption that the gas and particulate phases form two inter¬ 
penetrating continua [40]. Closure relations needed are not simple: 
several equations with semi-empirical parameters have to be 
solved simultaneously. The kinetic theory of granular flow is used 
in the two-fluid model to simulate particle collision for closure. A 
comparative analysis of CFD models for FB has been made [356]. 
Whilst EEM needs to define a continuous solid particle phase for 
each diameter class, ELM handles variable and time dependent 
particle sizes in a natural way by tracking each individual particle 
with its physical properties [349]. 

Simplifications are needed also for CFD solutions, and exper¬ 
imental validation is necessary before using the models with 
confidence [357]. Table 18 presents the CFD models published for 
FBBG. The table indicates the type of model adopted for the 
simulations, the experimental rig used for validation, the fuel 
gasified, and the degree of agreement with experiments. From 
the works included in Table 18 the following conclusions are 
outlined: 

1. Conversion of various biofuels in BFBG has been simulated by 
CFD tools: beech and pine wood [349], sewage sludge [350], 
eucalyptus and miscanthus [348] and sorghum [358]. In all 
cases, validation has been carried out in bench-scale FB with 
reasonable agreement with measurements. However, there is 
no indication of a better prediction than by the FM (discussed 
below). CFDM has not yet been applied to CFB biomass 
gasifiers. 

2. In theory, in ELM the source terms, such as reactions and heat 
and mass transfer at a particle level, can be simulated in a more 
consistent way than in EEM. However, the demand for 
computational time puts ELM at a disadvantage because of the 
large number of particles to be simulated in a high-density bed. 
EEM is computationally less demanding and yields mean 
particle and gas flow-fields as result, which facilitates quanti¬ 
tative decisions for engineering design. For these reasons EEM 
seems to be currently more reliable for FBG simulations. 
Entrained-flow simulation seems to be adequate using ELM 
[353] because the flow is relatively disperse and the compu¬ 
tational cost is less. 

3. No matter the type of CFDM, there is no more precision in the 
modeling of the source terms than in an FM. The main 
advantage of ELM (the tracking each individual fuel particle, 
making it possible to include the changes in physico-chemical 
characteristics of the fuel particle during devolatilization and 
subsequent char conversion) has still not been exploited. 

4. A preliminary comparison of the two methods (EEM vs. ELM), 
applied to a bubbling FB biomass gasifier, has been performed 
[349] but no conclusion is possible from that work because of 
the lack of measurements. 

An interesting compromise between the EEM and ELM is to 
decouple the calculation of source terms from that of the flow field: 
the conversion of the individual particles is not calculated simul¬ 
taneously with the flow solver, but it is parameterized, calculated 
a priory, and stored in a library. During the Euler-Lagrange simu¬ 
lation the source terms are taken from the library. This concept has 


been suggested recently [349], but no details are given or any trial 
applying it. This approach is an interesting way to simulate FBG 
within the ranges of the current computational capability, and it 
should be further explored. 

4.2. Fluidization models (FM) 

4.2.1. Comparison of FM for FBBG 

A selection of FM for simulation of bubbling (a) and circulating 
(b) FBBG published up to date is presented in Tables 19a and b. The 
table is divided into the following parts: Part A informs about the 
degree of sophistication of the models, the hypotheses made by 
modelers, and compares the models with respect to the submodels; 
Part B gives a glance on the FBG systems (size, material and oper¬ 
ating conditions) chosen for validation of the models; and Part C 
provides an overall perception about the ability of the models to 
predict measurements. 

The criteria for selection of models to be included in the table 
are that they should be (1) fluidization models (FM), (2) applied to 
solid biomass fuels, (3) deal with stand-alone FBG, and (4) reported 
in detail. A further desirable condition is that a comparison 
between model results and measurements should be made, i.e. 
experimental validation. However, some CFBBG models in Table 
19b have not been validated. The criteria mentioned exclude 
a number of otherwise relevant models: for liquid fuels such as 
black liquor gasification [367], for indirect steam FBBG in twin bed 
gasifiers [368], BFBG models that either have not been documented 
or validated in sufficient detail [369], FBG models that do not 
belong to FM [103,213,370-372] or those that have been developed 
for coal. Extensive reviews on coal FBG models have been published 
[25-28]. Finally, two models [28,188] and [24,62,145,373-375] have 
not been included in Table 19a, because these models have been 
developed in a more general way and the scope of application is 
wider, so they are discussed separately in more detail. 

After analyzing Table 19a the following remarks can be made: 

1. Most models are one-dimensional and steady state, and the 
fluid-dynamics are based on the two-phase theory of fluidiza¬ 
tion. Some modifications are made in the estimation of the 
diameter and velocity of the bubbles and the fraction of bubbles 
in the bed. The most common assumptions are perfect mixing of 
the solids in the bottom bed and plug flow of gas in the bubbles 
and emulsion, although sometimes the latter is taken as 
perfectly mixed, especially at high fluidization velocity. 

2. The freeboard is not modeled in many BFBG models. When 
treated, it has been assumed homogeneous without any 
distribution of solids. For CFBG, however, the two-dimensional 
structure in the freeboard has been taken into account. 

3. The most frequent assumption is that devolatilization is 
instantaneous. The authors treat the gases from devolatiliza¬ 
tion as an initial condition for further conversion in the bed. 
The composition of volatile species after devolatilization is not 
clearly reported by some authors. In some cases correlations 
are taken from other biomass materials or even from coal. The 
treatment of [219], also employed in [67], is unique in the sense 
that it considers a finite region (whose height is calculated as 
a function of fuel particle size) with a uniform rate of release of 
volatiles. 

4. A majority of modelers have not paid particular attention to 
char conversion. The following features support this statement: 
(1) char reactivity is taken from coal or from other biomasses 
that could be different from the one under analysis. Sometimes 
the char reactivity is obtained from TGA or from other devices 
operated at low heating rate, (2) in models of char particle 
conversion, mass transfer and change in reactivity during 


Table 19a 

FM from literature for modeling of biomass gasification in BFB. 


BFBBG Nikoo [359] Radmanesh 

et al. [69] 

A. Model characteristics 


Type of Reactor model 
Dimensionality 

Bottom bed model 

LM 

SS ID 

Based on modified 
Two-Phase Theory 
with properties 
varying with height 

LM 

SS ID 

- Based on KLM 

- CCBMM for the 
mixing of char 
in emulsion 

Freeboard model 
fuid-dynamics 

Based on Eq. (27) 
with a = 1.8/u 
and poo = 0 

No 

Reactions in 

Freeboard 

Char reactions 
assuming 
perfect mixing 

No 

Thermal balance 

T imposed 

No for reactor/Yes 
for particle 


Devolatilization 

Instantaneous 

Yes (2 models) 

model 

and equilibrium 

Model 1: Tar 
generation model 
from [160,161]. 

Model 2: from their 

own tests. 

Char particle 

No PCM 

No PCM 

conversion 

Reactivity from 

Char-C02 reactivity 

model (PCM) 

coal 

from coal. 

and reactivity 


Langmuir-Hinshelwood 
kinetics for char-H 2 0 
reactivity 

Fragmentation 

No 

No 

and attrition 

Population balance 

No 

No 

Gas-phase 

Equilibrium is 

Oxidation of 

reactions 

assumed 

CFI4, CO, H 2 , and tar 

(kinetics) 

Tar model 

No 

Secondary tar 


cracking from [162,365]. 
Tar oxidation from [299] 


B. Process conditions modeled for comparison with measurements 

Own measurements No (from Sadaka Yes 

(If not, from where) et al., 2003 [147,360,361]) 


Sadaka et al. 
[147,360,361] 


LM 

TM ID 
Divided into 
three zones: 
jet, bubbling 
and slugging. 


No 


No 


For reactor 
in each zone 
and also for 
the particle 

Based on 
CHO balances 
with 3 adjustable 
parameters 
(values NR) 


No 


No 


No 

Equilibrium 
assumed for 
each zone 


Empirical 
cracking 
model from 
[364] 

Yes (FB with a 
dual distributor) 


Fiaschi and 

Bilodeau 

Jiang and 

van den 

Raman 

Michelini [68] 

et al. [212] 

Morey [67] 

Aarsen [219] 

et al. [362] 

LM 

LM 

LM 

LM 

LM 

SS ID 

SS ID 

SS ID 

SS ID 

TM2D 

Based on 

Based on 

From [219] 

Extended 

Based on 

Two-Phase Theory 

Modified 


Two-Phase 

modified Two-Phase 

Reaction only 

Two-Phase 


Theory with 

Theory with 

in the emulsion 

Theory 


key parameters 

properties varying 

phase 



checked by own 
experiments 

with height 

Based on 

Plug flow in an 

Based on 

No 

No 

elutriation 

homogeneous 

Eq. (27) with 



constants 

emulsion 

measured 



and Eq.(27) 


parameter a. 



No 

The same as 

Gas species 

No 

No 


bottom bed 

determined 




with a single 

by WGSR in 




gas phase 

equilibrium 



For the bottom 

For bottom 

Overall. 

T imposed 

No 

bed by lumping 

bed and 

T b is input to 

(adjusted by 


bubble and 

freeboard 

determine Tfb 

airflow rate) 


emulsion 

(compartments) 

and biomass 
feed rate 



Instantaneous. 

Instantaneous 

From [219]. 

Pyrolysis takes 

Relative yield 

NR gas distribution 

(equilibrium 

Species 

place in a finite 

of gas and char from 


assumed) 

distribution 

region determined 

TGA (conducted by 



from own FB 

by fuel particle size. 

authors) Volatile 



test with corncob 

Species 

yields distribution 




distribution 
from own FB tests 

internal report 

PCM from [257]. 

Kinetic model 

From [219]. 

Shrinking model 

No PCM. 


from [363] 


with kinetics and 

Taken from 




physical parameters 
determined in own 

[302] for coal 




measurements in an FB 


Simplified 

model. 

No 

No 

No 

No 

Parameters NR 

No 

No 

No 

No 

No 

NR 

Instantaneous 

From [219] 

Oxidation at the 

Only WGSR 


volatile oxidation 


bottom in a finite 
region. 

WGSR in 

equilibrium 

locally 

kinetics considered 

No 

No 

From [219] 

One lump 

experimentally 

determined 

No 

No (from 

Yes 

Yes 

Yes 

Yes 


3 sources) 


494 A. Gomez-Barea, B. Leckner / Progress in Energy and Combustion Science 36 (2010) 444-509 




Fuel (size diameter 
if reported) 

Pine sawdust Size: 
0.25-0.75 mm 

Beech wood 

Wheat straw 

Wood chips 
Almond shell 

Gass straw 

Corn stalk 

RDF pellets 

Wood 

Mixture of 
wood/plastic 

Corncob 

Beech wood 

Size: 1-3 mm 

Feedlot manure 
(2-40 meshes) 

Biomass feed 
rate (kg/h) 

0.45 - 0.50 

5.5 - 18 

0.6 - 1.5 

NR 

27 -46 

14 -20 

21-33 

6.3 and 13.43 

Bed Temperature (°C) 

700-900 


610-900 

NR 

740-857 

650 and 780 

800 - 885 

596 and 710 

External heating 

Yes 

NR heat supply 

Yes 

NR heat supply 

Yes 

NR heat supply 

NR 

No (insulated) 

No (insulated) 

No (insulated) 

No 

Gasification agent 

Air and steam 

Air 

Air and steam 

Air and oxygen 

Air 

Air 

Air 

Air 

Stoichiometric 
ratio (kg/kg) 

0.19-0.27 

0.13-0.66 

NR 

NR 

0.27-0.33 

0.25-0.45 

NR 

NR 

Steam-to-biomass 
ratio (kg/kg) 

0-3.5 

0 

0.20-0.33 

NR 

0 

0 

0 

0 

Fluidization agent 
temperature 

Air: 60 °C 

Steam: 145 °C 

Ambient 

Air: NR 

Steam: 150 °C 

NR 

NR 

60 °C 

Ambient 

NR 

Fluidization velocity 
(in the bottom 
at bed T) (m/s) 

NR 

0.17-0.38 

0.3-0.45 

NR 

NR 

0.25-0.35 

0.4- 1.2 

0.4- 1.2 

FB diameter (mm) 

40 bed 

60freeb. 

78 bed 

150 freeb. 

NR 

Three beds: 
30/66/150 

300 bed 

460 freeb 

160 bed 

220 freeb 

300 bed 

229 bed 

406 freeb 

FB length (mm) 

1400 

750 bed 

900 freeb. 

NR 

Three beds: 
100/750/500 

2900 

690 bed 

580 freeb 

Bed material zone 
varied from 

200 to 1000 

864 bed 

864 freeb 

Bed material 

Silica sand 

30 g 

0.275 mm 

Silica sand 

0.250 mm 

Alumina sand 

0.380 mm 

Three diameters: 
0.4/0.58/7 mm 

Silica sand 

0.500 mm 

NR 

Dense alumina 

0.325 mm 

Silica sand 

0.55 mm 

45 kg 

Fuel feed In bed Two levels: 

point location at the bottom 1. In bed at 

200 mm over 

the distributor 

2. Top bed 

C. Type of validation made between model and measurements. 

In bed at the bottom 

NR 

In bed at 

290 mm 
over the 
distribution 

In bed at 

80 mm over 
the distributor 

In bed at the bottom 

Top-fed (discharged 
over the bed surface) 

Gas composition 
Profiles/exit 

No/Yes 

Yes/Yes 

No/Yes 

No/Yes 

No/Yes 

No/Yes 

No/Yes 

No/Yes 

Temperature 
Profiles/exit 
or average 

No/Yes 

Yes/Yes 

No/Yes 

No/No 

No/Yes 

No/Yes (only T fr ) 

No/No 

No/No 

Tar content 3 

No 

No 

No 

No 

No 

No 

Yes 

No 

Degree of 
agreement 5 

Reasonable-Poor 

Reasonable 

Good 

Good 

Reasonable 

Good at 780 °C 
Poor at 650 °C 

Good 

Reasonable 

Sensitivity 
analysis of 
model 

parameters c 

Yes 

Yes 

Yes 

Yes 

Yes 

Yes 

Yes 

No 

Sensitivity 
analysis of 
model 

assumptions d 

No 

No 

No 

No 

No 

Yes 

To some extent 

No 


Abbreviation: NR: not reported; LM: learning model; CM: Correlation model; DM: design model; SS: Steady state model; TM: Transient model; NV: not validated 
a Different tar measurement methods have been used. 

b Overall impression by present authors from the analysis made in the original work in terms of gas composition, carbon conversion, gasification efficiency and gas heating value (rank: Very Good, Good, Reasonable, Poor). 
c Study of the effects of the various factors such as moisture, fuel composition, stoichiometric ratio, steam-to-biomass ratio, etc, on the main results such as gas composition, temperature, etc. 
d Sensitivity analysis with respect to the key parameters (assumed) in the model, such as the reaction kinetics used, bubble size, steady state char size, etc. 
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Table 19b 

FM from literature for modeling of biomass gasification in CFBG. 

CFBBG Corella and Sanz Petersen and Werther Liu and Gibbs [232] Jennen et al. [146] 

[110,329,330] [43,231] 

A. Model characteristics 


Type of Reactor model 

LM 

DM 

LM-CM 

LM-CM 

and target 

Dimensionality 

SS ID 

SS ID 

SS ID 

SS ID 

Bottom bed model 

Constant solids porosity 
= 0.77 

Modified TPM with 
some key parameters 
from own 

measurements 

Treated as input from 
[73] 

NR in detail Based on 
two-phase theory of 
fluidization 

Freeboard model 

Constant porosity in 
two zones: 

-Splash = 0.90 
-Dilute = 0.99 

Qualitative description 
of comminution but no 
modeling details 
reported 

Core-annulus with 
some key parameters 
from own 

measurements 

Treated as input from 
[73] 

Based on core-annulus 
NR in detail 

Thermal balance 

Yes. 4 zones are 
defined. Overall heat 
balance in each 

No 

No T assumed as input 
(uniform long the bed.) 

Yes. In each cell 

In the bottom uniform 

T in the bubble and the 
emulsion phase 

In the freeboard 
distinct T for the core 
and annulus 

Devolatilisation model 

Instantaneous (?) 

Gas distribution from 
literature data 

Tar and char chemical 
formula varying with T 
(from [219]) 

Instantaneous. 

Gas distribution from 

own measurements 

N-compund from 
previous model [366] 

Rest of pyrolysis gas 
from [161] 

NR 

Char particle 
conversion 

PM and kinetics from 
[219] 

No 

No 

NR 

Fragmentation and 

No 

No 

No 

No 

attrition 

Population balance 

No 

No 

No 

Yes 

For the bottom bed and 
freeboard (with 
distinction between 
core and annulus) 

Gas-phase reactions 

Most reactions of Table 

Most reactions of Table 

Most reactions of Table 

Most reactions of Table 

(kinetics) 

3 considered (kinetics 
from several sources 
with some ad-hoc 
corrections) 

3 considered (kinetics 
from several sources) 

3 considered (kinetics 
from several sources 
with some ad-hoc 
corrections) 28 
reactions involve N- 
compounds 

3 considered 

NR the sources 

Tar model 

Two lumps reacting 
with O 2 , H 2 0 and by 
thermal cracking. 

Effects of catalyst 
included 

Benzene is taken as tar 
model 

Reaction with 0 2 is 
considered 

One lump reacting with 

0 2 , H 2 0 and by thermal 
cracking. Effects of 
catalyst included by ad- 
hoc parameters 

Reaction with 0 2 , H 2 0 
and by thermal 
cracking. 

Sources NR. 

B. Process conditions modeled 

Own measurements (If 
no, from where) 

No measurements 
reported 

Yes 

No measurements 
reported (only trends 
from lab-scale results to 
assess the 

reasonabeness of model 
results) 

Yes 

Fuel 

Pine wood chips 1-5 

mm 

Pelletised dried sewage 
sludge 

Wood (38% moisture) 

Wood 

Biomass feed rate 

11,800-23,700 

NR 

7200-14,400 

110 

(kg/h) 

Temperature (°C) 

705-926 bed 

805-1090 freeb. 

Up to 800 

750-900 

Distributed along the 
riser from 900 to 950 

External heating 

No 

Yes (NR heat supply) 

No 

NR 

Gasification agent 

Air 

Air 

Air 

Air 

Stoichiometric ratio 

0.20 - 0.45 

0.3 and 0.6 

0.20 - 0.40 

0.25 (estimated) 

Steam-to-biomass ratio 

0 

0 

0 

0 

(kg/kg) 

Fluidization agent 

Air 250 °C 

to bed temperature 

NR 

82 

preheating 

Fluidization velocity (in 

NR 

3.5 and 5 

NR 

NR 

the bottom at bed T) 


(m/s) 
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Table 19b (continued ). 


CFBBG 

Corella and Sanz 
[110,329,330] 

Petersen and Werther 
[43,231] 

Liu and Gibbs [232] 

Jennen et al. [146] 

Reactor diameter (mm) 

Upper part 3.3 x 10 3 

100 

1760 

200 bed 

300 freeboard 

Reactor length (mm) 

Total 14.8 x 10 3 

15,000 

13,500 

8000 

Bed inventory (weight, 
average diameter) 

Silica sand 

Silica sand 0.2 mm 

approx. 

Silica sand 

NR 

Secondary gas injection 

Yes 

0-40 (% of total air) (at 
height 6-10 m) 

No 

Yes 25 % of total air (at 
height 2.5 m) 

NR 

In-bed materials for tar 

dolomite 

No 

Limestone/dolomite 

NR 

reduction 

C. Type of validation made between model and measurements 




Gas composition 

NV 

Yes/Yes 

NV 

No/Yes 

(Profiles/exit) 

Temperature (Profiles/ 

NV 

No (T imposed) 

NV 

Yes/Yes 

exit) 

Tar content a 

NV 

No 

NV 

No 

Degree of agreement 5 

NV 

Reasonable 

NV 

Good (only one run is 
compared) 

Sensitivity analysis of 

Yes 

Yes 

Yes 

No 

model parameters 0 

Sensitivity analysis of 
model assumptions' 3 

No 

No 

Yes. Analysis of NH 3 
emission varying 
selected reaction rates 
by a factor of 10 

No 


Abbreviations: NR: not reported; LM: learning model; CM: Correlation model; DM: design model; SS: Steady state model; TM: Transient model; NV: not validated. 
a Different tar measurement methods have been used. 

b Overall impression by present authors from the analysis made in the original work in terms of gas composition, carbon conversion, gasification efficiency and gas heating 
value (rank: Very Good, Good, Reasonable, Poor). 

c Study of the effects of moisture, fuel composition, stoichiometric ratio, steam-to-biomass ratio, etc, on main results, such as gas composition, temperature. 
d Sensitivity analysis with respect to the key parameters (assumed) in the model, such as the reaction kinetics used, bubble size, steady state char size, etc. 


conversion have not been described, (3) the distribution of 
conversion in the bed has not been taken into account, for 
instance by a population balance as a function of particle size. 
These factors strongly affect the char conversion in FBG, as has 
been discussed in this review. 

5. Reduction of fuel size by fragmentation and attrition of fuel and 
char has only been included in one model [68]. 

6. Tar conversion is usually not modeled at all or modeled as one or 
two lumped species reacting by oxidation, thermal cracking, or 
reforming with H 2 O. The kinetics are taken from literature and, as 
it has been shown in this review, may differ greatly from one 
source to another. This is because the rate of tar conversion 
depends greatly on the kind of biomass, operating conditions, size 
of fuel particles, just to mention a few influencing parameters. 

7. The effects of in-bed catalysts have been modeled by some 
authors [110,232], but the approach has been to use ad-hoc 
correction factors in the reaction kinetics. No comprehensive 
treatment has been applied. This is surprising, because huge 
amounts of measurements are available from FBGs with cata¬ 
lysts under a wide range of conditions. 

8. Most experiments are validated, using the temperature and 
composition of the gas at the outlet stream. The species 
concentration profile along the gasifier has not been validated. 
Validation has been carried out in lab-scale FBs, where the fluid- 
dynamics can differ from full-scale gasifiers. Sometimes fluid- 
dynamic correlations are taken from tests with Group A particles 
(mainly from fluidized cracking catalyst studies) and can differ 
greatly from what is valid for Group B particles, normally 
employed in FB gasifiers. 

9. In general, models predict the main gaseous species at the outlet 
reasonably well, but the validation is supported only by a few 
test runs (sometimes only one). The major disagreement is 
found in the concentrations of CO and FI 2 . Sometimes, all light 


hydrocarbons and tar are lumped into CFI4, which can explain 
the disagreement sometimes found in CFI4. Usually, tar has not 
been modeled, and when it has, the disagreement tends to be 
high. This could also be due to the many different methods for 
measuring the tar content of the gas from biomass gasifiers. 

10. In almost all models a sensitivity analysis is made to study the 
effect of some variables, such as moisture, air ratio, and 
temperature on the gas composition, the gas production rate, 
and the heating value of the gas produced. This type of analysis 
increases the knowledge of the gasification process and is 
useful to explain observations under specific conditions. 

11. In contrast, in many models the validity of the parameters 
assumed during the derivation of the model is not checked. 
There are many adjustable parameters, which are even varied 
from one case to another during the simulation. Some authors 
develop the model in a clear way, but others don’t (for example 
the values employed for some parameters are not given). For 
instance, in [212] three adjustable parameters are introduced in 
the model and calibrated by fitting to four test runs with wood 
chips. Flowever, the effect of the parameters on the results was 
not evaluated by a sensitivity analysis, applying the model to 
other operating conditions. Only a few authors have made 
a sensitivity analysis of the main parameters. For instance in 
[67], the importance of physical and chemical processes was 
checked by a sensitivity analysis of the processes, confirming the 
major importance of the pyrolysis step. A similar conclusion was 
drawn in [219], where it was experimentally verified that the 
fluid-dynamics and the mass transfer rate only influenced the 
results slightly, and consequently, that the chemical kinetics of 
the reactions were decisive for good model predictions. A 
sensitivity analysis was also made in [232] of the chemical 
kinetics network where NH3 was involved. These examples 
show that the sensitivity of the results to variations in 
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parameters could be helpful to identify the ones representing 
the most important processes and the submodels that would 
need major modeling efforts. 

12. Most models are “learning models” [50]. “Development- 
design-models” [50] are more rarely dealt with. Probably this 
type of model has been treated in private reports and is not 
available in the open literature. Only [43,231] could clearly be 
classified as development and design model. This model has 
been used for searching the best conditions for fuel feeding, air 
ratio and other operation variables for gasification of sewage 
sludge in a CFB. Moreover, it has been extended to 3D [43] 
making it possible to analyze the horizontal segregation of 
volatiles at the feed port of large CFBBG and other related issues 
of major importance for the design of industrial units. It is also 
possible that the model of [110] could be used for design 
purposes, but the published details are not sufficient to assess 
this ability. This work qualitatively considers several key 
processes and points out a variety of submodels that should be 
taken into account for proper description. Flowever, it is not 
known if these features were actually incorporated in the 
model. Only the kinetics expressions are discussed in detail. 
Moreover, the model was not validated. Instead, the authors 
made a sensitivity study by analyzing the performance of an 
imaginary large-scale CFBBG under various operating condi¬ 
tions [329]. More recently they have used the model with ad- 
hoc modifications of kinetics for some reactions, studying the 
conditions under which a CFBBG should be operated to 
generate a gas with a tar concentration lower than 2 g/Nm 3 
[330]. Again, the model was used without measurement 
support. Therefore, an assessment of the ability of the model is 
not possible. 

13. A general conclusion is that it is not clear if a more sophisti¬ 
cated model is better because it contains more terms and 
submodels (for example improvement of the fluid dynamics), 
or if it just happened to improve the agreement because the 
pyrolysis was better modeled (for instance, as a result of 
experiments). 


4.2.2. Advanced FM for FBBG 

Two models [28,188] by Hamel and [24,62,145,373-375] by 
Souza-Santos, from now on abbreviated as HM and SSM, seem to be 
the most advanced FM developed up to date. They have been 
applied to a variety of BFBG and CFBG. They contain most of the 
submodels mentioned in the present review, thoroughly docu¬ 
mented in the cited references. Only some details on the validation 
and the main issues for further improvements are commented 
here. 

The SSM forms the basis for a commercial software [376], used 
to simulate a variety of fixed and fluidized bed equipment for coal 
and biomass gasifiers and combustors [24]. It has been used for 
simulation of several biomass gasification systems by SSM and also 
by other researchers [377]. It has been specifically validated by 
comparison with a number of FB biomass gasification systems with 
reasonable success, in particular: (1) the pressurized pilot scale 
BFBG at the Institute of Gas Technology in Illinois, the so-called 
RENUGAS process, using wood [24,373], (2) the BFBG at the 
University of California at Davis for gasification of almond shells 
and walnut pruning [374], (3) the pilot scale CFBBG at University of 
British Columbia for cypress and Hemlock biomasses [375], and (4) 
the pilot scale CFBBG at the State University of Campinas [375]. 

The HM has been validated mainly for coal. To validate the 
model with measurements from biomass FBG the authors have 
used two tests [378] with sawdust in a 500 kWth BFBG at moderate 
pressure (4 bar). 


The main difficulties or weaknesses in the simulation of FBBG 
with these models are the following: 

- The submodels for devolatilization kinetics in both SSM and 
HM are taken from coal. Adaptation to biomass is not clearly 
documented or not made because of lack of data. 

- The devolatilization process in SSM is limited by mass transfer. 
This is inconsistent with measurements in biomass devolati¬ 
lization experiments, which suggest a thermally limited 
process. The HM uses a model for coal drying and devolatili¬ 
zation [176]. The model input for simulation of biomass is 
uncertain. 

- In SSM the freeboard model for CFBG does not consider the 2D 
nature of the flow. Recently [375] the SSM has been compared 
with the measurements made in CFBBG at the Universities of 
British Columbia and Campinas with reasonable agreement, 
but details of the freeboard model compared with the original 
BFBBG model are not presented. 

- The char conversion reactivity and physical parameters 
affecting the gasification of char derived from biomass are not 
clearly reported for any of the simulated systems. 

- In SSM the single char particle model is formulated mathe¬ 
matically in a coherent way, but the influence of the change of 
char reactivity with conversion is not explicitly treated for 
different biomasses, nor is it specifically reported for the 
biomass simulated. The effect of the state of conversion of 
different char particles in the bed seems not to have been taken 
into account in SSM. 

- Some kinetic rates are given [24,28] but they have been 
obtained in dedicated systems and cannot be applied generally. 
In both models secondary tar conversion is not treated in detail, 
and the use of catalyst in the bed is not included. 


4.2.3. Conclusions and recommendations 

Formulation of a model naturally occupies the main attention 
of a modeller. However, validation is a necessary step before 
a model can be safely applied. The selected authors are all aware of 
this and have made efforts in this direction, but nevertheless one 
could desire more, as can be concluded from the information 
given in Table 19. The above items express the opinion that there 
are several incomplete features in the evaluation of the models, 
and, although sensitivity analyses are made, often the formal 
validation has not been sufficiently detailed, and there are still 
uncertainties about the model structure. Furthermore, Table 19a 
demonstrates that, despite the use of impressive laboratory 
installations in some cases, there is no validation against 
commercial-scale equipment. 

Pyrolysis or devolatilization is demonstrated to be a key step, 
affecting greatly the model results. To support a reliable model, 
measurements are required of the gas composition and of the yield 
of pyrolysis at high heating rates with the biomass of interest, if 
such results are not available in literature. Char and tar conversion 
are the processes whose modeling in FBBG is least satisfactory. This 
is surprising, because the tar composition and the relatively poor 
carbon conversion are the two major problems in FBBG. A great 
effort is still needed to improve the tar submodels. The knowledge 
of the chemistry of tar generation and conversion, and of the effects 
of temperature, solids concentration and gas composition in the 
bed on the tar reactions has to be significantly improved. Char- 
conversion chemistry is, in contrast, well known for a large variety 
of chars from biomass and coals. However, published reactor 
models do not deal with this information. Char conversion by 
gasification is one of the main factors determining the performance 
of an FBG, and it should be modeled in a more rigorous way to 
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better know how operating conditions can be optimized to reduce 
the loss of char. 

The SSM and HM seem to be the most advanced FM published 
up to date for simulation. The model structure of both models 
seems to be adequate for simulation of FBBG if proper kinetic data 
are given by the user of the model. In the case of SSM, the 
modeling of CFBBG is still uncertain and further details should be 
reported. The HM seems to be valid for both bubbling and circu¬ 
lating FBG, especially for coal. The HM has only been validated 
once for a biomass in a BFBG. The key items of improvement are 
the kinetics data for pyrolysis and the char and tar conversion 
processes: reliable devolatilization measurements should be 
selected as input to the models and char and tar conversion should 
be revised and expanded. The former is already possible with 
available knowledge by proper consideration of the char gasifi¬ 
cation processes. The simple model of char conversion developed 
in the present review could be applied as a first estimate. The 
development of a more reliable tar conversion submodel needs 
further knowledge and measurements in FBBG. Both SSM and HM 
have only been validated by measurements taken in lab-scale FBG. 
This is a common feature of the rest of the models too, and it is 
due to the lack of measurements in large FBBG. The reliability of 
these models for simulation of large-scale FBGs is therefore as 
much valid as the semi-empirical correlations employed for the 
fluid-dynamics. 

4.3. Black-box models (BBM) 

A set of models is called BBM because the processes inside the 
reactors are not resolved and the models consist of overall mass 
(species) and heat balances over the entire gasification reactor 
supported by assumptions to acquire the knowledge of the material 
distribution in the gasifier. The complexity of BBM and the type of 
assumptions vary widely from one BBM to another depending of 
the aim: from simple heat and mass balances to predict the overall 
performance to the prediction of the main gas and solids compo¬ 
sition. Some models use equilibrium relationships (Equilibrium 
models, EM) or modified equilibrium models complemented by 
empirical correlations obtained from experiments (Pseudo-equi¬ 
librium models, pseudo-EM). Sometimes the gasifier is divided into 
black-box regions where specific processes are assumed to be 
dominant and different models, based on equilibrium or kinetics, 
are applied (Zone models). Other modelers simply use empirical 
correlations fit to experiments in a specific plant (Fitting-data 
models or empirical models). Sometimes, a model can consist of 
combinations of several of the indicated types, so it is difficult to 
classify. In the following we present the fundamental formulation 
of the various types of BBM and the applications to FBBG found in 
literature for each type. 

4.3.1. Overall heat and mass-balance model 

This is the simplest model, conceptually. It aims at predicting 
the overall performance of the gasifier, such as gas yield, heating 
value of the gas and gasification efficiency. The input required is 
readily obtained from a fuel analysis, but some assumptions have to 
be made. The gasification reactor is fed by a fuel quantity Ff,i n (kg/s). 
Only a part of the fuel is actually converted into gas, Ff, because 
some fuel, ? u kg/kg fuel converted, is lost, mostly in the form of non- 
reacted char. Another part of the fuel, kg/kg fuel converted, has to 
be burned to heat the fuel and input gas from the surrounding 
temperature to the gasifier temperature Tb and to compensate for 
heat losses. This can be written as 

Ff, in = Ff(l +? u +?b) (87) 


If subdivided into ashes a, moisture w and combustibles b, the 
three quantities in kg/kg fuel (a + b + w = 1), it can expressed in 
the equivalent form 

Ff,in — Ffd(l +? u +? b )+F f w(l +?u +?b) +Ffb(l +?u + ?b) (88) 

The quantity of gas produced F g consists of: (1) volatiles that 
were not burned (those burned are included in ?&) and gas 
produced by gasification with H 2 O of the char part of the fuel, both 
quantities representing the amount of fuel converted Ffb, (2) the 
fuel moisture w, and (3) the flue gases resulting from the 
combustion of part of the fuel. In summary, this quantity of gas can 
be written as 

F g - Ffb + F fin w + F f b?b^o (89) 

Here, go is the flue gas produced by combustion of a kg of the part of 
the fuel that burns, Fjb^b- The amount of fuel that has to be burned 
to operate the reactor at temperature !&, can be obtained by 
a heat balance over the reactor: 

Fffr?b^u,b “ Ff i n hf (Tb) + Ff i n wH w + 

+ Ffbx c (pgh H2 o(T b )MM H2 o/lV[Mc 
+ (loss to surroundings) (90) 

where the terms on the right-hand side are the heat quantities 
required for: heating of the fuel to bed temperature, fuel (sensible 
and latent), air for combustion Fjbljb&o> steam for gasification, and 
losses from the reactor. The heating value of the fuel H u j is here 
represented by the heating value of the fuel burned H Utb that 
depends on which part of the fuel that actually burns, volatiles or 
char, and this in turn depends on the type of gasifier, as will be 
defined below. The amount of gas, <p g , produced by gasification, is not 
known and has to be treated as a parameter. The corresponding 
heating value, Hc tg , can be roughly estimated from a conventional gas 
composition. The char fraction (assumed to be pure carbon) x c is 
obtained from the fraction of volatiles given by a standard analysis of 
the fuel’s volatiles x v , consequently x c + x v = 1. If there are additional 
input gases for fluidization of the bed they have to be added as well. 
The heating value of the fuel H U f is given by the fuel analysis. 
Assuming that the heating value of char H u>c can be represented by 
that of carbon, the heating value of the volatiles can be expressed 

Hu,v = (H u j/b - XcHu,c) / Xv (91) 

The energy in the producer gas is contained in the volatiles Ffb( 1 
- x c (p g ) and in the gas from gasification of char Fjbx c (p g . This defines 
the heating value of the produced gas 

FgH ug m Ffb(H Ui v(\ — x c (pg ^ + H C gX c (pg^ (92) 

The simple formulation allows other useful quantities to be 
calculated, such as the air ratio X, the amount of air burned compared 
with the stoichiometric air demand for combustion of all fuel, 

A « F f b?bVFf,in^o « ?b/(l + ?U + ?b) (93) 

Before the final calculation, it must be decided what burns and 
where. The two options, indirect (allothermal) or direct (auto- 
thermal) gasifiers are illustrated in Fig. 26. In a direct gasifier, 
Fig. 26a, part of the fuel is burnt directly by oxygen supplied by air. 
In this case, the product gas is diluted by nitrogen. In the indirect 
gasifier, see Fig. 26b, dilusion is avoided since the nitrogen escapes 
with the flue gases from the combustion reactor, whereas the 
product gas leaves the gasification reactor. In the direct gasifier it is 
assumed that the volatiles burn in the first place and char is 
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Fig. 26. Balances over gas generators: (a) Direct (b) Indirect. 


consumed only after depletion of the volatiles. Then H Ui b = H UtV and 
all char that is not gasified is lost, ? u = x c (! - (p g ). In the indirect 
gasifier, bed material is transported between the heat generator 
and the gas generator. In the heat generator only char is burned, 
and the heat generated is transported to the gas generator in the 
form of hot bed material. Hence, H Ut t> = H UiC in Eq. (90) and the third 
term on the right-hand side disappears. Here, the char loss is ? u = 
x c (\ - (p g )-%b- Only if the quantities of char or volatiles are not 
sufficient to satisfy the heat balance alone, a contribution from both 
components will be required. 

Now, the desired quantities F g , H Utg and the gas production 
efficiency rj g = F g H Utg /(bFfi n H u j) can be calculated. The input 
necessary is the fuel analysis and the bed temperature. The amount 
of gas produced by steam and carbon dioxide gasification, cp gas , also 
has to be given. 

Some sample calculations with the model are illustrated in 
Fig. 27, showing a comparison between an autothermal (direct) and 
an allothermal (indirect) arrangement according to Fig. 26 in two 
extreme cases: a dry fuel (w = 0) subject to various degrees of char 
gasification (0 < cp g < 1) or a case without char gasification (<p g = 0) 
but with different moisture contents (0 < w < 1) (above a certain 
moisture content external fuel has to be added, but this is not 
shown). The two diagrams illustrate the higher conversion effi¬ 
ciency and gas heating value of the indirect arrangement. The great 
influence of moisture, resulting in a substantial reduction of both 
efficiency and heating value is also shown. 

The simple modeling has obvious advantages, but there are also 
limitations: the amount of char gasified cp g has to be assumed as an 


input, and the composition of the gas produced is not predicted, but 
the model has to be completed with other methods, such as the 
ones described in the following. 

4.3.2. Equilibrium models (EM) 

EM assume that equilibrium is attained in the outlet streams. 
A reacting system achieves the most stable composition at chemical 
equilibrium when its Gibbs free energy is minimized. Two formu¬ 
lations can be adopted for equilibrium modeling: stoichiometric 
and non-stoichiometric. The stoichiometric formulation requires 
a defined reaction mechanism, incorporating all chemical reactions 
and species concerned. In the non-stoichiometric formulation, no 
particular reaction mechanism is specified, and any species can be 
in the outlet gas, which should be a priori specified. Besides equi¬ 
librium data for the species considered, the only input needed in EM 
is the elemental composition of the fuel, which is readily obtained 
from the ultimate analysis [103]. The equilibrium formulations can 
be homogeneous or heterogeneous, the latter if there are solid 
species in the outlet stream, for instance, solid-phase carbon. 

The non-stoichiometric formulation has been used to simulate 
biomass gasification systems for a large set of gaseous species as 
well as solid, usually carbon and inorganic species from minerals 
entering with biomass ash [103]. However, most EM for biomass 
gasification systems aim at predicting, at maximum, the compo¬ 
sition of the outlet stream, involving the main gaseous species: CO, 
C0 2 , H 2 , H 2 0, CH 4 , 0 2 , N 2 and solid C, assumed to be graphite, and 
process temperature [33]. The bed temperature can be calculated if 
the heat loss is estimated, or, if the bed temperature is imposed, 
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Fig. 27. Gas production efficiency of a gas generator and heating value of exit gas for various moisture contents in the fuel w and zero gasification of char (<p g = 0) in auto- and 
allothermal gas generators. In the same diagram a case of zero moisture content (w = 0) and various degrees of gasification of char (<p g ) is shown. 
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Table 20 

Examples of equilibrium models applied to FBG. 
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Ref. 


T(K) 


Feedstock 


Remarks 


[383] 

1000-1060 

Wood 

[384] 

873-1473 

Various coals 

[385] 

1023-1473 

Biomass 

[386-388] 

n.a. 

Straw 

[370-372] 

n.a. 

Rice husk 

[381] 

1023-1153 

High-value and Pittsburgh seam coal 

[389] 

920-1323 

Biomass: beech chips 

[390] 

1053-1323 

Wood 

[147,360,361] 

1273-1323 

Agricultural waste 

[391] 

1073-1573 

Sewage sludge subbituminous coal 

[103] 

973-1123 

Various biomasses 


BFB. Uses approach to equilibrium 

Model of various types of coal gasifier. Predictions are poor for FB gasifiers 

BFB. Gasification of biomass for methanol synthesis 

BFB 

BFB 

CFB. Kinetically-modified equilibrium model is proposed 

Dual fluidized-bed gasifier. Steam gasification 

BFB. ASPEN PLUS model: Gibbs free energy 

BFB. FB divided into three zones: jetting, bubbling and slugging. 

BFB 

CFB 


the heat loss is then calculated by the model. Reviews and analyses 
[33,103,379-382] have studied the influence of operating variables 
on biomass and coal gasification systems applying EM. The pres¬ 
ence of heavy hydrocarbons or tar can be taken into account 
represented by a compound such as benzene, naphthalene or 
other [382], although this is rarely done in EM. We shall name this 
model with 10 unknowns (CO, CO 2 , H 2 , H 2 O, CH 4 , O 2 , N 2 , solid C, 
tar, and temperature), EM-1. In Table 20 a selection of equilibrium 
models for simulation of FBBG are presented, indicating the 
conditions of application. The discussion below is mainly based on 
these works, emphasizing stand-alone biomass FBG at atmo¬ 
spheric pressure. 

Equilibrium simulations for FBG yield nearly no oxygen, solid 
carbon (above approximately 800 °C) or tar (no matter what 
compound is selected to represent it) [103,382]. The absence of 
oxygen is supported by measurements in FBBG, but the contents of 
tar and char in the gas are far from being null. In addition, gaseous 
N 2 is the most stable nitrogen species, and all nitrogen entering the 
system is usually assumed to be converted into N 2 . It is known that 
some NH 3 as well as some other minor compounds, such as HCN 
and nitrogened tars are formed, originating from the fuel nitrogen; 
The amount of NH 3 and HCN is usually low compared to the N 2 in 
the gas produced, so the composition of the main species in the gas 
produced is not significantly altered by these components. 

These observations allow formulating a simple EM to predict the 
six main gaseous species (CO, CO 2 , H 2 , H 2 0, CH 4 , N 2 ). The adoption 
of a homogeneous and non-stoichiometric equilibrium formulation 
is convenient in this case. The problem is solved by the atomic 
balances for C, H, 0 (N 2 is directly calculated by atomic balances 
without participating in the equilibrium equations) together with, 
for instance, the equations given by the equilibrium of water-gas 
shift reaction (WGSR) and steam reforming of methane: 

Kwgsr = = 0.029exp(4094 /T) (94) 

yH 2 oyco 

Ksrmr = „ y ^ C ° = 6.14 x 10 13 exp(-28116/7) (95) 

ycH 4 yH 2 o 

y being the molar fraction of the i species in the outlet gas. Kwgsr 
and Ksrmr are equilibrium constants. The selection of these two 
reactions has been shown to be useful because they include the key 
five gaseous reactants (CO, CO 2 , H 2 , H 2 0, CH 4 ) and because 
measurements indicate directly the kinetic limitation of these two 
reactions [206]. A heat balance is made over the system to find the 
temperature if the heat loss is estimated. We shall name this model, 
with 7 unknowns (CO, C0 2 , H 2 , H 2 0, CH 4 , N 2 and T), EM-2. 

Equilibrium and kinetic predictions were compared [206] and 
the conclusion is that steam reforming of methane is far from 
equilibrium under the operating conditions of interest for biomass 
gasifiers, and thus, there is a strong kinetic limitation. EM using air 


as gasification agent leads to a gas nearly free of CH 4 at atmospheric 
pressure [103,379,382], so the CH 4 concentration can be considered 
zero in practical application of EM (but it is not zero in the real gas) 
[103,379,382]. Exclusion of CH 4 from the calculations eliminates Eq. 
(95) in the EM, leading a simpler model that we shall call EM-3, 
containing 6 unknowns (CO, C0 2 , H 2 , H 2 0, N 2 and T). 

An even simpler model, called EM-4, is obtained by assuming 
a temperature T. Then, the heat balance is not coupled with the rest 
of the equations, but it separately serves to calculate the heat loss. 
For a given temperature, the solution becomes a single non-linear 
equation. Under the operating conditions of FBG, EM-4 yields about 
the same result of CO, CO 2 , H 2 , H 2 O as EM-1. In conclusion, EM-4 is 
sufficient to give a first estimation of FBBG by EM. Char, tar and CH 4 
are null and T is assumed. To estimate T, EM-3 is applied taking the 
results of EM-1 as a first estimate in the iteration (this makes the 
convergence rapid, and so the solution of EM-3 is achieved with 
a simple data-sheet). 

The question whether the equilibrium of the WGSR is attained 
in FBBG (and other biomass and coal systems) has been the subject 
of several investigations. Experimental investigations in FBBG 
[283,344,382,392] have evaluated the factor /wgsr = K e x P /I<wGSR> 
where Kwgsr is calculated by Eq. (94) and K exp by experimental 
data, JCexp = (yco2yH2/ycoyH2)ex P , yi bein § the measured concentra¬ 
tions of the four gases involved in the WGSR. A comparison 
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Fig. 28. Conversion P rocesses in a gasifier. Basis for P seudo-equilibrium models: 
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between the equilibrium and experimental values of /C exp and 
Kwgsr (or /wgsr) with data taken from different sources [382] 
shows that /wgsr is below unity in most cases, indicating the kinetic 
limitation of WGSR. /wgsr depends mainly on temperature, size of 
reactor (residence time), presence of catalysts, and type of gasifi¬ 
cation agent. An assessment of the effect of equipment has been 
made [30] of the validity of EM applied to real biomass gasification 
units, concluding that chemical equilibrium is a good approach 
when simulating entrained-flow and down-draft fixed-bed 
gasifiers, in the latter case as long as high temperature and gas 
residence time are achieved in the throat of the gasifier. Updraft 
fixed bed, dual FB and stand-alone FB gasifiers have to be modeled 
by revised equilibrium models, i.e. pseudo-equilibrium models, or, 
in some extreme cases, by detailed flow models. 

To sum up, for the proper application of EM, the temperature 
has to be high enough and the residence time larger than the time 
needed to complete the reactions. This does not usually occur in 
FBBG, because of the low temperature, between 750 and 900 °C. EM 
overestimates the yields of H 2 and CO, underestimates that of C0 2 
and predicts an outlet stream free from CH 4 , tars, and char. 
Therefore, EM does not seem to be accurate enough for design of 
FBBG. Despite this, EM is simple and useful for first estimates. The 
simplest EM version discussed (named EM-4) is often enough for 
this aim. To improve this model, pseudo-equilibrium models (or 
more advanced models) have to be applied. 

4.3.3. Pseudo-equilibrium models 

Pseudo-EM aim at making the equilibrium calculations more 
realistic by supporting the EM with empirical relations. Fig. 28 
shows the essential idea behind pseudo-EM. It allows solid carbon, 
methane and tar to be contained in the outlet gas, and the corre¬ 
sponding quantities of carbon and hydrogen are discounted from 
the input fuel. The remaining fuel elements and the gasification 
agent react to attain equilibrium. The outlet gas is then obtained by 



Fig. 29. Outline of a zone model for FBBG: devolatilization of fuel, oxidation of light 
fuel gases, tar and char define the flaming pyrolysis zone (where there is 0 2 ), and 
conversion of the tar, methane and char in the char reduction zone, where there is no 
oxygen. Adapted from Gomez-Barea et al. [394]. 


summing the gas components given by the equilibrium and the 
carbon, methane and tar taken off initially. The underlying reason 
for this approach is that decomposition of CH 4 , tar, and char 
conversion by gasification is kinetically limited, as discussed above. 
This type of pseudo-EM needs as input the concentrations of CH 4 , 
solid carbon and tar in the outlet stream. It is necessary, therefore, 
to estimate these species in the reactor. Usually, these estimates are 
made by experiments in the same plant where the model will be 
applied [103], or they are somehow estimated according to expe¬ 
rience [382]. This fact makes pseudo-EM quite sensitive to such 
estimates, and this type of model is less predictive. 

The simplest pseudo-EM extends EM-4 described above by 
accounting for the methane in the outlet stream (tar and char are 
still assumed zero in the outlet gas). It is assumed that all the 
methane from the initial devolatilization is found in the product 
gas, without being converted in the bed. Empirical yields of 
methane (kg methane/kg of dry fuel) are obtained from devolati¬ 
lization experiments for each biomass or taken from literature 
[382]. This simple pseudo-EM is useful for preliminary predictions 
of the gas composition and often gives reasonably good agreement 
with experimental results. However, the method should only be 
applied if the process temperature is high and/or there is a catalyst 
in the bed; otherwise, the equilibrium of the WGSR is not attained 
and the quantities of char and tar would be significant, making the 
calculation of the gas composition more uncertain. 

A variety of more sophisticated pseudo-EM have been pub¬ 
lished, based on the scheme (or some variant) of Fig. 28, 
[103,382,390,393,394]. Tar has been included as a model 
compound in the gas only in some cases. The essentials of pseudo- 
EM have been summarized [382] and a model was formulated 
introducing three correction parameters: carbon conversion, 
methane conversion and the yield of methane after devolatiliza¬ 
tion. The value of these parameters are influenced by the type of 
gasification agent (steam vs. air-blown), the use of catalysis, type of 
catalyst (natural rocks vs. synthetic), and process temperature 
[382]. It is stated [382] that: (1) carbon conversion ranges from 0.8 
to 0.9; (2) The methane yield from devolatilization is only 
marginally affected by the operating conditions and the value of 8.8 
x 1CT 2 kg/kg dry and ash-free biomass was chosen for wood, based 
on previous experiments with beech wood; (3) The conversion of 
methane through the reactor ( X C h 4 ) can be considered zero for air 
gasification using no synthetic catalyst in the bed. In contrast, Xch 4 
is in the range of 0-1 for steam reforming of methane using metal- 
based catalyst (Ni or similar): Xch 4 = 1/3—2/3, when very active 
reforming catalysts are employed in steam gasification, whereas 
Xch 4 < 1/4 is recommended in air gasification. However, other 
conversions and yields have been reported, depending on the 
nature of fuel, operating mode, design and size of gasifier. There¬ 
fore, the recommendations above [382] should be taken as rough 
guides for first estimates. 

A pseudo-EM was developed [394] employing simple kinetic 
models to estimate the conversion of char, methane and tar, which 
well predicted the gas composition and carbon conversion 
measured in a pilot-scale FBBG. The input to the model came from 
measurements of the kinetics in a lab-scale FBBG for the same 
biomass and char. This kind of model has shown to increase the 
prediction capability compared with the pseudo-EM discussed, but 
dedicated experiments for biomass devolatilization and char gasi¬ 
fication have to be conducted in a laboratory FB to provide the 
necessary data. 

Another approach for correcting EM was proposed [395] where 
the equilibrium of the reactions is evaluated at a lower tempera¬ 
ture, a “quasi-equilibrium temperature”, than the actual process 
temperature. This approach is not, in fact, a pseudo-EM like the 
others discussed above. In a similar way [384] the discrepancies of 
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the equilibrium prediction were attributed to temperature gradi¬ 
ents from the gasification zone to the outlet zone. Therefore, the 
temperature was modified to obtain a reasonable correlation to 
data from semi-commercial and commercial coal gasifiers. For 
operating temperatures in the range of 740-910 °C [393] the 
measured unconverted carbon in the ash, was only compatible with 
equilibrium of the char gasification reactions with H 2 , C0 2 , and 
H 2 0, evaluated at much lower temperatures (450-580 °C). This 
demonstrates that char conversion was extremely kinetically 
limited [393]. 

To sum up, pseudo-EM improves considerably the EM because 
the inclusion of empirical parameters leads to a better agreement 
with experimental data. Elowever, the model looses much of its 
predictive capability. For instance, the corrections developed [103] 
were based on air-factor correlations obtained from a CFB pilot 
plant, and so they are not applicable to other systems. The method 
presented in [382] is useful if the estimation of the parameters 
required is available or can be extracted from past experiences. The 
recommendations given above [382] can be useful as rough 
guidelines. Refinements, such as that in [394], require reliable 
kinetics. In general, pseudo-EM leads to more or less precise esti¬ 
mates of the gas composition but they do not generally predict the 
char and tar contents in the outlet gas. For proper prediction of 
these quantities more advanced models are necessary. 

4.3.4. Zone models 

In a zone model an FBBG is represented by various zones in 
series where dominant processes are treated in each zone. The 
solution of each zone is then made by a variety of methods: from 
equilibrium to kinetic rates, where some process is rate-control¬ 
ling, or simply by assuming empirical relations. An illustrative 
example of zone models in FBBG is shown in Fig. 29 adapted from 
[394]. This model describes the situation in Fig. 6b in a simplified 
case (Da py> v > 1), by distinguishing two zones, characterized by 
the presence or the absence of oxygen. Devolatilization and 
oxidation occur in the flaming pyrolysis zone where oxygen is 
present, whereas char conversion by gasification as well as tar and 
methane conversion take place in the char reduction zone, where 
there is no oxygen. The model is greatly simplified because the 
two zones are assumed to be in series, and the flaming pyrolysis 
zone is very small compared to the char reduction zone, the latter 
occupaying most of the bed. This assumption is made because the 
processes in the flaming pyrolysis zone are rapid compared to 
those in the char reduction zone. The release of volatile gases in 
the flaming pyrolysis zone needs to be predicted for the estima¬ 
tion of the gas produced in the reduction zone, where conversion 
of char, tar and methane takes place. In the char reduction zone 
simple kinetic models are developed for each process, giving the 
performance of the FBG. 

A zone model was developed [213] to simulate the processes in 
air-blown FBGs. Two steps were assumed: the first step calculates 
the concentration of the four species participating, assuming the 
WGSR to be in equilibrium at bed temperature. In the second step, 
a pseudo-homogeneous model was applied for the char reduction 
zone, where only the C0 2 and H 2 0-char gasification reactions were 
assumed to occur. This approach is simple, but the short contact 
time and the relatively low temperature of the pyrolysis stage in an 
FBG make the assumption of the attainment of equilibrium of the 
gas species unrealistic. 

Some of the FM of Table 19 could be considered zone models. In 
particular, devolatilization is assumed to be rapid compared to char 
conversion by gasification in most FM. In [219] a model was applied 
in a finite pyrolysis zone, where the height of the zone was calcu¬ 
lated on the basis of the time of devolatilization and vertical 
dispersion of the fuel. 


5. Summary and conclusions 

Modeling of biomass gasification in fluidized-bed reactors was 
reviewed. The most relevant phenomena considered in modeling of 
FBBG were formulated and discussed in detail, including fluid- 
dynamics and chemical conversion processes. Fields for further 
research have been identified: devolatilization and conversion of 
tar and char are recognized as the processes that require major 
modeling efforts. The knowledge of the chemistry of tar generation 
and conversion has to be significantly improved, as well as the 
effects of temperature, solids concentration and gas composition in 
the bed on the tar reactions. Char conversion is, in contrast, well 
known but, published FBBG models have not dealt with the avail¬ 
able information. Devolatilization and comminution of fuel parti¬ 
cles is still treated in a semi-empirical way and much has to be done 
to develop reliable computational models. 

The various approaches applied for reactor modeling, from black¬ 
box models to computational fluid-dynamic models, were described, 
illustrating their state of development and the usefulness of each 
approach depending of the aim of the model. The fluidization model, 
where the fluid-dynamics of the FB is simplified by semi-empirical 
correlations, is the most common approach up to date, used with 
major success. The survey presented of published mathematical 
reactor models for biomass and waste gasification in FB allows the 
overall conclusion that most of the FBBG models from the simplest to 
the most advanced formulation fit reasonably well the selected 
experiments, despite the various formulations and input data. 
However, there are few measurements available for detailed 
comparison with the models. Validation of models with data from full- 
scale FBBG units is necessary. Much experimental work is required 
before detailed models can be validated with sufficient confidence, to 
make them useful for process optimization and hardware design. Two 
additional issues need the focus of future FBG models: the scale-up of 
results obtained in laboratory FBG to large-scale units, and better 
consideration of the specific characteristics of waste and biomass fuels. 
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